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ABSTRACT 
Industrial waste gas fermentation can pave the way for the de-fossilization of the chemical industry. 

The oil refinery, the pulp and paper and the geothermal power production industries are key sectors 

where carbon dioxide (CO2) and hydrogen sulfide (H2S) are concomitantly emitted. The first can serve 

as a carbon source for commodity chemicals production through fermentation, whereas the second is 

a potential inhibitor of such bioproduction processes, as well as a corrosive agent. To enable efficient 

H2S removal while unlocking the full potential of CO 2, this thesis places electrochemical treatment at 

the core of a three process treatment train, with alkaline gas absorption and H2/CO 2 fermentation 

acting as upstream and downstream processes. 

Absorption in concentrated sodium hydroxide (NaOH, caustic soda) followed by oxidation to 

elemental sulfur (S
0

), through a series of high temperature and high pressure oxidation steps, is 

commonly applied in industry to avoid H2S emissions. Here we propose replacement of the chemical 

oxidation with electrochemical sulfide (HS
Ƅ
) oxidation. Selective absorption of H2S over CO2 in a liquid 

NaOH stream, will allow for maximum CO 2 output, minimum contamination of the CO 2 with H2S, 

while minimizing the consumption of NaOH required for absorption. In Chapter 2, the connection of 

an H2S absorption unit with an electrolysis unit for simultaneous HS
Ƅ
 removal and continuous NaOH 

recovery, was explored. First, a large-scale gas absorption column treating 0.4 kg gas s
-1

 was 

simulated using the Aspen Plus software and next, the resulting liquid stream was effectively downsized 

to examine continuous electrochemical treatment in a lab-scale system. Electrolysis was conducted 

continuously for 10 h at 300 A m
-2

 current density. HS
Ƅ
 was removed with 90% efficiency and with 

4.96 ± 0.11 kWh kg
-1

 S energy investment. Concurrently, a continuous flow of 46 g d
-1

 NaOH was 

obtained as effluent of the cathodic compartment of the electrochemical cell. The system demonstrated 

a continuous, energy efficient recovery of 60% of the initial scrubbing liquid and further large-scale 

application should consider optimization to increase NaOH recovery to 100% and effectively remove 

the S
0

 formed to avoid clogging of the electrochemical reactor.   

The electrochemical reactions conducted in the electrolysis unit take place at the interface between the 

electrode surface and the electrolyte, therefore, maintaining an active electrode (anode) surface area 

is of utmost importance to ensure high operational efficiency. Electrochemical HS
Ƅ
 oxidation often 

suffers from low efficiencies, as the product, S
0

,
 

covers the electroactive sites of the anode acting as 

an insulator and can eventually induce passivation. In Chapter 3, the impact of the anode catalyst 

choice on the catalytic activity towards HS
Ƅ
 oxidation and the robustness against passivation under 

high sulfide concentrations (50 mM Na2S) and high alkalinity (pH>12) was investigated. Six 

commercially available electrode materials were tested: Ir Mixed Metal Oxide (MMO), Ru MMO, 

Pt/IrOx, Pt, PbOx and TiO2/IrTaO 2 coated titanium-based electrodes. The results suggest that Ru MMO 

and Ir MMO are equally active towards HS
Ƅ
 oxidation, but Ir MMO should be considered as the most 

stable electrode as no catalyst loss and only a small increase in potential (< 0.5 V) were observed 
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during the stability tests. Ultimately, it was confirmed that high alkaline, sulfidic and oxidative 

conditions deteriorate the electrocatalyst and a good trade-off between activity, stability and cost was 

proposed as a prerequisite for a future educated selection of the suitable electrocatalyst to treat sulfur 

pollution. 

In Chapter 4, the industrial relevance and the scalability of electrochemical HS
Ƅ
 removal with 

simultaneous NaOH recovery were verified by treating an industrial sulfidic spent caustic stream (SCS) 

for 20 consecutive days at 300 A m
-2

 current density. Operational and energy efficiency were reflected 

through the 38 ± 8 % S removal, the recovery of a 12 wt.% NaOH solution, as well as through the 

low energy investment of 3.7 ± 0.6 kWh per kg sulfur removed and of 6.3 ± 0.4 kWh per kg NaOH  

recovered. The costs for purchasing and transporting NaOH at the industrial site hold the lionõs share 

in the total costs of alkaline gas absorption units. Hence, the on-site NaOH recovery in the proposed 

configuration illustrates a great future potential in decreasing the costs associated with this commodity 

chemical, as well as improves the overall sustainability profile of the total process.  

Understanding the effect of gaseous pollutants, such as H2S, on the microbial communities involved 

in reductive acetogenesis will allow for identification of the extent of gas pre-treatment required prior 

to fermentation. In Chapter 5, the H2S toxicity effect on the aforementioned communities was studied 

in batch experiments, using a mixed homoacetogenic culture that was cultivated under total dissolved 

sulfide (TDS) concentrations between 0 and 5 mM and pH between 5 and 7. Key finding was the 

identification of the sulfide inhibitory concentrations for the homoacetogens, with IC50

rAc

 values 

between 0.86 and 1.36 mM [TDS]. It was found that a [TDS] above 3.33 mM completely inhibits 

acetate production and microbial growth at the tested pH window. Higher tolerance levels were 

exhibited at pH 5, possibly due to higher community robustness developed already due to initial 

cultivation with a pH lower than the physiological pH of the community. Whilst correlations 

highlighting the sulfide impact on key community members could be demonstrated, definitive 

statements on key homoacetogens in these communities could not be made. Ultimately, it is suggested 

here that sulfide and pH combinations will determine the microbiological landscape in a gas fermenter 

performing acetogenesis, as different tolerance levels are exhibited by the bacterial genera constituting 

a mixed microbial community.  

Continuous operation of a process unit is a desired deliverable when commercialization is considered. 

Therefore, in Chapter 6, continuous fermentation hindered by H2S and boosted by electrolytically-

produced H2 was examined. A 10-L scale gas fermenter was operated for a total experimental period 

of 168 days. Three cycles of inhibition (1.3 mM TDS) and recovery were applied, then the fermenter 

was operated at 0.5 mM TDS for 35 days. Upon sulfide addition, methanogenesis and acetogenesis 

were instantly inhibited, whilst upon removal of the inhibitor, methanogenesis presented a 7 days lag-

phase of recovery, compared to acetogenesis that resumed within 48 h. During final operation at 0.5 

mM TDS, the volumetric acetate production rate reached 7.1 ± 1.5 mmol C acetate L
-1

 d
-1

, whereas 

methanogenesis appeared continuously suppressed. Up to 44 ± 16 % of the electrons provided as H2 
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and 52 ± 19 % of the carbon provided as CO 2 were distributed to acetate and 8 ± 4 % of the electrons 

and 7 ± 4 % of the carbon to butyrate, as the second most abundant fermentation product. The 

microbial community was dominated by an unclassified member of the Eggerthellaceae family and 

by the genera Eubacterium and Proteiniphilum. The taxonomic diversity of the community decreased 

and conversely, the phenotypic diversity increased during operation. 

The much preached and expected increase in renewable energy the coming decade will create 

opportunities for electrochemical solutions that are fit for waste treatment. Electrochemical treatment 

has the potential to not only enable bioproduction from fouler industrial gas emissions, but to 

additionally provide the treatment concept with on-site recovery of NaOH and H2, that can be reused 

in the upstream and downstream processes. In the closing chapter of this thesis, the recovery prospects 

of electrochemical sulfide oxidation are discussed and the scene for future applications of the 

proposed treatment train is set, within the general notions of electrification and sustainability. 

 

 

 

 

 

 

 



 

SAMENVATTING 
Gas fermentatie uit industriële afvalstromen kan een belangrijke schakel worden in de chemische 

industrie bij de transitie naar hernieuwbare energie. Olieraffinaderijen, pulp en papier productie en 

het opwekken stroom vanuit geothermische bronnen behoren tot essentiële sectoren waar simultaan 

hoge emissies koolstofdioxide (CO2) en waterstof sulfide (H2S) plaatsvinden. Hierbij kan CO 2 als 

koolstofbron dienen voor productie van basis-chemicaliën middels fermentatie, terwijl H2S corrosief is 

en een mogelijke inhibitor is in biologische productieprocessen. Om H 2S efficiënt te verwijderen en zo 

het volledige potentieel van CO2 in deze gasstromen te benutten, staat een elektrochemische 

behandeling centraal in deze thesis. De volledige behandeling bestaat verder uit een upstream 

alkalische gas absorptie en downstream een H2/CO 2 fermentatie. 

Doorgaans wordt in de industrie emissie van H2S vermeden door absorptie in geconcentreerd natrium 

hydroxide (NaOH) gevolgd door een reeks oxidatiestappen tot elementair zwavel (S
0

) onder hoge 

temperatuur en druk. In dit onderzoek wordt de chemische oxidatie vervangen door een 

elektrochemische sulfide (HS
Ƅ
) oxidatie. Een selectieve absorptie van H2S ten opzichte van CO2 beperkt 

het gebruik van de NaOH oplossing terwijl het een maximale CO 2 output garandeert met een 

minimum aan H 2S verontreiniging. In Hoofdstuk 2 wordt onderzocht hoe de H2S absorptie gekoppeld 

kan worden met een elektrolyse cel voor de simultane verwijdering van HS
-

 gas en productie van 

NaOH. Hiervoor werd eerst een simulatie van een volwaardige absorptiekolom die 0.4 kg gas s
-1

 

behandelt uitgevoerd in Aspen Plus software. Vervolgens werd de elektrochemische behandeling 

getest op kleinere schaal in een laboratorium opstelling. De elektrolyse verliep voor 10 uur bij een 

stroomdichtheid van 300 A m
-2

 waarbij HS
Ƅ
 voor 90 % verwijderd met behulp van 4.96 ± 0.11 kWh 

kg S
-1

 elektrische energie. Tegelijk werd een constante stroom van 46 g d
-1

 NaOH gemaakt als effluent 

van de kathode van de elektrochemische cel. Het systeem toonde aan dat op een efficiënte wijze tot 

60 % van de initiële was-oplossing herwonnen kan worden. Verdere optimalisaties kunnen de 

hergebruikte fractie van NaOH doen toenemen tot 100 % en dienen ervoor te zorgen dat de 

gevormde S
0

 efficiënt verwijdert wordt om verstopping in de reactor te vermijden. 

De elektrochemische reacties vinden plaats op de interfase tussen het elektrode oppervlak en de 

elektrolytoplossing. Daarom is het behoud van een actief oppervlak op de elektrode (anode) van 

cruciaal belang om een hoge efficiëntie te garanderen. De elektrochemische HS
Ƅ
 oxidatie verloopt 

soms bij erg lage efficiënties doordat S
0

 een isolerende laag vormt op de anode, wat finaal leidt tot 

passivatie van het materiaal. In Hoofdstuk 3 wordt het effect van het anode oppervlak nagegaan op 

de katalytische conversie van HS
Ƅ
. De robuustheid ten opzichte van de passivatie wordt onderzocht 

bij hoge sulfide concentraties (50 mM Na2S) en hoge alkaliniteit (pH > 12). Zes commerciële 

elektrodes werden getest: Ir Mix Metaal Oxide (MMO), Ru MMO, Pt/IrOx, Pt, PbOx en TiO2/IrTaO 2 

gecoat titanium elektrodes. Resultaten tonen aan dat Ru MMO en Ir MMO en gelijkaardige activiteit 

hebben in HS- oxidatie, maar dat Ir MMO beschouwd wordt als het meest stabiel gezien er geen 
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verlies van elektrodemateriaal optrad en slechts een geringe toename in potentiaal (< 0.5 V) werd 

geobserveerd doorheen de stabiliteitstesten. Uiteindelijk daalde alsnog de activiteit van de 

elektrokatalysator onder invloed van de sterk alkalische, oxidatieve condities in aanwezigheid van 

sulfides. Selectie van een geschikte elektrokatalystor voor zwavel decontaminatie dient dan ook 

rekening te houden met een overwogen afweging tussen de activiteit, stabiliteit en kost ervan. 

In Hoofdstuk 4 wordt de industriële relevantie en schaalbaarheid van elektrochemische HS
Ƅ
 

verwijdering met simultane NaOH terugwinning nagegaan door een echte corrosieve afvalstroom 

met sulfides te behandelen voor 20 opeenvolgende dagen bij 300 300 A m
-2

 stroomdichtheid. Zwavel 

kon worden verwijderd tot 38 ± 8 % bij een energieconsumptie van 3.7 ± 0.6 kWh per kg S en NaOH 

kon gerecupereerd worden in een 12 wt.% oplossing bij een energieconsumptie van 6.3 ± 0.4 kWh 

per kg NaOH. Het leeuwendeel van de kosten voor alkalische gas absorptie omvat de aankoop en 

transport van NaOH naar de industriële site. Daarom kan de on-site productie van NaOH in de 

voorgestelde configuratie een groot perspectief bieden om de totale kosten die gerelateerd zijn aan 

deze basis grondstof te verminderen en tegelijk bij te dragen aan een verduurzaming van het gehele 

proces. 

Het beter begrijpen van de invloed van contaminanten zoals H2S in de gasstroom op de microbiële 

gemeenschappen die betrokken zijn in reductieve acetogenese laat toe om de vereiste eigenschappen 

en dus de behandeling van de gasstromen beter te identificeren. In Hoofdstuk 5 wordt de toxiciteit 

van H2S op de genoemde microbiële gemeenschappen getest door middel van batch experimenten 

en een homoacetogene cultuur gekweekt onder totale opgeloste zwavelconcentraties (TDS) tussen 0 

en 5 mM en tussen pH 5 en 7. Als belangrijkste resultaat geldt, voor de eerste keer, de identificatie 

van de limiterende sulfide concentraties met IC50

rAc

 waarden tussen 0.86 en 1.36 mM. Bij TDS groter 

dan 3.33 mM treedt volledige inhibitie van acetaatproductie en stopt de microbiële groei, binnen het 

geteste pH gebied. Hogere tolerantie vond plaats bij pH 5, mogelijk doordat de microbiële 

gemeenschap reeds een grotere robuustheid vertoonde door de kweek bij niet-fysiologische condities. 

Correlatie tussen de sulfide concentratie en de belangrijkste microbiële species onderstreept de impact 

van TDS, hoewel geen definitieve uitspraak over de homoacetogenen in de gemeenschap kon gedaan 

worden. Finaal wordt geponeerd dat de combinatie van de sulfide concentratie en de pH het 

microbiëel landschap bepalen in gas fermentatie voor acetaatproductie vermits elk bacterieel species 

een verschillende tolerantie bezit. 

Commerciële exploitatie van eenheidsprocessen is gebaat bij een continue operatie. Daarom werd in 

Hoofdstuk 6 de continue CO2-fermentatie onder invloed van H2S onzuiverheden en ondersteund door 

elektrolytisch geproduceerd H2 gas onderzocht. Een 10-L gas fermentor werd gedurende 168 dagen 

bediend in 3 opeenvolgende cycli met toevoeging en verwijdering van (1.3 mM TDS), vooraleer 

gedurende 35 dagen 0.5 mM TDS toegediend werd. Door de aanwezigheid van sulfide werd de 

methanogenese en acetogenese verstoord. Bij het wegnemen van de sulfide inhibitie, vertoonde het 

herstel van methanogenese een vertraging van 7 dagen vergeleken met acetogenese dat binnen 48 
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uur werd hervat. Onder de finale condities (0.5 mM TDS) bereikte de acetaat productie 7.1 ± 1.5 

mmol Cacetate L
-1

 d
-1

, terwijl de methanogenese constant onderdrukt werd. Tot 44 ± 16 % van de 

toegediende elektronen als H2 en 52 ± 19 % van de koolstof als CO 2 werden omgevormd tot acetaat 

en 8 ± 4 % van de elektronen en 7 ± 4 % van de CO 2 tot butyraat, als tweede meest voorkomende 

fermentatieproduct. De microbiële gemeenschap werd gedomineerd door een ongeclassificeerde 

Eggerthellaceae, Eubacterium en Proteiniphilum. De taxonomische diversiteit van de gemeenschap 

daalde terwijl de fenotypische diversiteit toe nam gedurende de werking van de reactor. 

De geanticipeerde toename in hernieuwbare energie komend decennium plaatst elektrochemische 

oplossingen in de schijnwerper die in staat zijn om afvalstromen te behandelen. Elektrochemische 

technologie heeft niet enkel het potentieel voor bioproductie vanuit rest-emissies uit de industrie, maar 

biedt bovendien ook een concept om NaOH en H2 ter plaatse te genereren, die vervolgens ingezet 

kunnen worden in de verschillende onderdelen van het proces. In het laatste Hoofdstuk van deze 

thesis worden de herwinningsmogelijkheden van elektrochemische sulfide oxidatie toegelicht. 

Daarnaast wordt een beeld geschetst voor toekomstige toepassingen van de voorgestelde 

behandelingstrein binnen de algemene concepten van elektrificatie en duurzaamheid. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

ʃɳʄɹɽɶʌɶ 
H ȁȆȌȇŬŰŬȈȏŰȆȇǾ ȉŮŰŬŰȍȌɸǾ (ȃȖȉȒůȄ) ŬǽȍȆȒȊ ȍȖɸȒȊ ŰȄȎ ȁȆȌȉȄȐŬȊǿŬȎ ȉɸȌȍŮǿ ȊŬ ůȏȉȁǼȈȈŮȆ ůŰȄȊ 

ŬɸŮȋŬȍŰȄŰȌɸȌǿȄůȄ ŰȄȎ ȐȄȉȆȇǾȎ ȁȆȌȉȄȐŬȊǿŬȎ Ŭɸȕ ŰŬ ȌȍȏȇŰǼ ȇŬȖůȆȉŬ. Ǫ ɸŮŰȍŮȈŬȆȌȁȆȌȉȄȐŬȊǿŬ, Ȅ 

ȁȆȌȉȄȐŬȊǿŬ ȐŬȍŰȌɸȌȈŰȌȖ ȇŬȆ ȐŬȍŰȆȌȖ ȇŬȅȗȎ ȇŬȆ Ȅ ɸŬȍŬȂȒȂǾ ŮȊǽȍȂŮȆŬȎ Ŭɸȕ ȂŮȒȅŮȍȉȆȇǽȎ ɸȄȂǽȎ, 

ŬɸȌŰŮȈȌȖȊ ȇȖȍȆȌȏȎ ɸŬȍŬȂȒȂȌȖȎ ŮȇɸȌȉɸȗȊ ŭȆȌȋŮȆŭǿȌȏ ŰȌȏ ǼȊȅȍŬȇŬ (CO2) ȇŬȆ ȏŭȍȕȅŮȆȌȏ (H2S). ǵȌ 

ɸȍȗŰȌ ȉɸȌȍŮǿ ȊŬ ŬɸȌŰŮȈǽůŮȆ ɸȄȂǾ ǼȊȅȍŬȇŬ ȂȆŬ ŰȄȊ ɸŬȍŬȂȒȂǾ ȐȄȉȆȇȗȊ ɸȍȗŰȒȊ ȏȈȗȊ, ŮȊȗ ŰȌ 

ŭŮȖŰŮȍȌ ȉɸȌȍŮǿ ȊŬ ŬȊŬȐŬȆŰǿůŮȆ ŰȄ ȁȆȌɸŬȍŬȂȒȂǾ ȈȕȂȒ ŰȄȎ ŰȌȋȆȇȕŰȄŰǼȎ ŰȌȏ ȇŬȅȗȎ ȇŬȆ ŰȄȎ ŭȍǼůȄȎ 

ŰȌȏ ȒȎ ŭȆŬȁȍȒŰȆȇȌȖ ɸŬȍǼȂȌȊŰŬ. ũȆŬ ȊŬ ŮɸȆŰŮȏȐȅŮǿ ɸȈǾȍȄȎ ŬɸȌȉǼȇȍȏȊůȄ ŰȌȏ H2S ȉŮ ɸŬȍǼȈȈȄȈȄ  

ȌȈȆȇǾ ŮȇȉŮŰǼȈȈŮȏůȄ ŰȌȏ CO2, Ȅ ɸŬȍȌȖůŬ ŭȆɸȈȒȉŬŰȆȇǾ ŮȍȂŬůǿŬ ŰȌɸȌȅŮŰŮǿ ŰȄȊ ȄȈŮȇŰȍȌȐȄȉȆȇǾ 

ŮɸŮȋŮȍȂŬůǿŬ ůŰȌ ȇǽȊŰȍȌ ȉȆŬȎ ŬȈȈȄȈȌȏȐǿŬȎ ŭȆŮȍȂŬůȆȗȊ, ůȏȊŭǽȌȊŰŬȎ ǽŰůȆ ŰȄȊ ŬɸȌȍȍȕűȄůȄ ŬŮȍǿȒȊ ůŮ 

ŬȈȇŬȈȆȇȕ ŭȆǼȈȏȉŬ ȉŮ ŰȄ ȃȖȉȒůȄ ȏŭȍȌȂȕȊȌȏ ȇŬȆ ŭȆȌȋŮȆŭǿȌȏ ŰȌȏ ǼȊȅȍŬȇŬ (H2/ CO2), ȒȎ ŬȊǼȊŰȄ ȇŬȆ 

ȇŬŰǼȊŰȄ ŭȆŮȍȂŬůǿŮȎ. 

Ǫ ŬɸȌȍȍȕűȄůȄ ŬŮȍǿȒȊ ůŮ ŬȈȇŬȈȆȇȕ ŭȆǼȈȏȉŬ (NaOH, ȇŬȏůŰȆȇǾ ůȕŭŬ) ȇŬȆ ȇŬŰȕɸȆȊ, Ȅ ȌȋŮǿŭȒůȄ ɸȍȌȎ 

ɸŬȍŬȂȒȂǾ ůŰȌȆȐŮȆŬȇȌȖ ȅŮǿȌȏ (S0), ȉǽůȒ ȉȆŬȎ ůŮȆȍǼȎ ůŰŬŭǿȒȊ ȌȋŮǿŭȒůȄȎ ůŮ ȏȑȄȈǾ ȅŮȍȉȌȇȍŬůǿŬ ȇŬȆ 

ɸǿŮůȄ, ŮǿȊŬȆ Ȅ ȇŬŰŮȋȌȐǾȊ ȉǽȅȌŭȌȎ ɸȌȏ ŮűŬȍȉȕȃŮŰŬȆ ůŰȄ ȁȆȌȉȄȐŬȊǿŬ ȂȆŬ ŰȄȊ ŬɸȌűȏȂǾ ŮȇɸȌȉɸȗȊ H2S. 

ǴŰȌ ɸŬȍȌȖůŬ ŮȍȂŬůǿŬ ɸȍȌŰŮǿȊŮŰŬȆ Ȅ ŬȊŰȆȇŬŰǼůŰŬůȄ ŰȄȎ ȐȄȉȆȇǾȎ ȌȋŮǿŭȒůȄȎ ȉŮ ȄȈŮȇŰȍȌȐȄȉȆȇǾ 

ȌȋŮǿŭȒůȄ ŰȌȏ ȏŭȍȕȅŮȆȌȏ (HSʈ). Ǫ ŮɸȆȈŮȇŰȆȇǾ ŬɸȌȍȍȕűȄůȄ ŰȌȏ H2S ǽȊŬȊŰȆ ŰȌȏ CO2 ůŮ ǽȊŬ ŬȈȇŬȈȆȇȕ 

ŭȆǼȈȏȉŬ, ŬȊŬȉǽȊŮŰŬȆ ȊŬ ȌŭȄȂǾůŮȆ ůŰȄ ȉǽȂȆůŰȄ ŮȇȉŮŰǼȈȈŮȏůȄ ŰȌȏ CO2, ȇŬȅȗȎ ȇŬȆ ůŰȄȊ 

ŮȈŬȐȆůŰȌɸȌǿȄůȄ ŰȄȎ ŮɸȆȉȕȈȏȊůȄȎ ŰȌȏ CO2 Ŭɸȕ H2S ȇŬȆ ŰȄȎ ȇŬŰŬȊǼȈȒůȄȎ ŰȌȏ NaOH, ŬȊŬȂȇŬǿȌȏ ȂȆŬ 

ŰȌ ŬȍȐȆȇȕ ůŰǼŭȆȌ ŰȄȎ ŬɸȌȍȍȕűȄůȄȎ. ǴŰȌ ǬŮűǼȈŬȆȌ 2, ŭȆŮȍŮȏȊǼŰŬȆ Ȅ ůȖȊŭŮůȄ ȉȆŬȎ ȉȌȊǼŭŬȎ 

ŬɸȌȍȍȕűȄůȄȎ H2S ȉŮ ȉȆŬ ȉȌȊǼŭŬ ȄȈŮȇŰȕȈȏůȄȎ ȂȆŬ ŰŬȏŰȕȐȍȌȊȄ ŬɸȌȉǼȇȍȏȊůȄ HSʈ ȇŬȆ ŬȊǼȇŰȄůȄ 

NaOH. 

ǲȍȗŰŬ, ȉȆŬ ůŰǾȈȄ ŬɸȌȍȍȕűȄůȄȎ ŬŮȍǿȌȏ ȂȆŬ ŮɸŮȋŮȍȂŬůǿŬ 0,4 kg ŬŮȍǿȌȏ s-1 ɸȍȌůȌȉȌȆȗȅȄȇŮ 

ȐȍȄůȆȉȌɸȌȆȗȊŰŬȎ ŰȌ ȈȌȂȆůȉȆȇȕ Aspen Plus ȇŬȆ ůŰȄ ůȏȊǽȐŮȆŬ ŮȋŮŰǼůŰȄȇŮ Ȅ ŭȏȊŬŰȕŰȄŰŬ 

ȄȈŮȇŰȍȌȐȄȉȆȇǾȎ ŮɸŮȋŮȍȂŬůǿŬȎ ŰȌȏ ɸȍȌȇȖɸŰȌȊŰȌȎ ŭȆŬȈȖȉŬŰȌȎ ůŮ ǽȊŬ ůȖůŰȄȉŬ ŮȍȂŬůŰȄȍȆŬȇǾȎ 

ȇȈǿȉŬȇŬȎ. Ǫ ȄȈŮȇŰȍȕȈȏůȄ ŭȆŮȋǾȐȅȄ ůȏȊŮȐȕȉŮȊŬ ȂȆŬ 10 ȗȍŮȎ ůŮ ɸȏȇȊȕŰȄŰŬ ȍŮȖȉŬŰȌȎ 300 ǥ m-2. ǵȌ 

HSʈ ŬɸȌȉŬȇȍȖȊȅȄȇŮ ŬɸȌŰŮȈŮůȉŬŰȆȇǼ ȉŮ ŬɸȕŭȌůȄ 90% ȇŬȆ ȉŮ 4,96 Ñ 0,11 kWh kg-1 S ŮȊŮȍȂŮȆŬȇǾ 

ŮɸǽȊŭȏůȄ. ǵŬȏŰȕȐȍȌȊŬ, ŮɸȆŰŮȖȐȅȄȇŮ ŬȊǼȇŰȄůȄ ŮȊȕȎ ŭȆŬȈȖȉŬŰȌȎ ȍȌǾȎ 46 g d-1 NaǱǪ. ǵȌ ůȖůŰȄȉŬ 

ŮɸǽŭŮȆȋŮ ůȏȊŮȐǾ, ŮȊŮȍȂŮȆŬȇǼ ŬɸȌŭȌŰȆȇǾ ŬȊǼȇŰȄůȄ ŰȌȏ 60% ŰȌȏ ŬȍȐȆȇȌȖ ŭȆŬȈȖȉŬŰȌȎ ɸȍȌȎ 

ŬɸȌȍȍȕűȄůȄ. ũȆŬ ȉȆŬ ŮɸȆŰȏȐǾ ȉŮȈȈȌȊŰȆȇǾ ŮűŬȍȉȌȂǾ ȉŮȂǼȈȄȎ ȇȈǿȉŬȇŬȎ ȅŬ ɸȍǽɸŮȆ ȊŬ ŮȋŮŰŬůŰŮǿ 

ȁŮȈŰȆůŰȌɸȌǿȄůȄ ȂȆŬ ŬȖȋȄůȄ ŰȄȎ ŬȊǼȇŰȄůȄȎ ŰȌȏ NaOH ůŰȌ 100% ȇŬȆ ȂȆŬ ŰȄȊ ŬɸȌŰŮȈŮůȉŬŰȆȇǾ 

ŬɸȌȉǼȇȍȏȊůȄ ŰȌ ůȐȄȉŬŰȆȃȕȉŮȊȌȏ S0, ǽŰůȆ ȗůŰŮ ȊŬ ŬɸȌűŮȏȐȅŮǿ Ȅ ɸŬȍŮȉɸȕŭȆůȄ ŰȄȎ ŬȊŬȇȏȇȈȌűȌȍǿŬȎ 

ŰȌȏ ȄȈŮȇŰȍȌȐȄȉȆȇȌȖ ŬȊŰȆŭȍŬůŰǾȍŬ. 

ǱȆ ȄȈŮȇŰȍȌȐȄȉȆȇǽȎ ŬȊŰȆŭȍǼůŮȆȎ ɸȌȏ ɸȍŬȂȉŬŰȌɸȌȆȌȖȊŰŬȆ ůŰȄ ȉȌȊǼŭŬ ȄȈŮȇŰȍȕȈȏůȄȎ ȈŬȉȁǼȊȌȏȊ 

ȐȗȍŬ ůŰȄ ŭȆŮɸŬűǾ ȉŮŰŬȋȖ ŰȄȎ ŮɸȆűǼȊŮȆŬȎ ŰȌȏ ȄȈŮȇŰȍȌŭǿȌȏ ȇŬȆ ŰȌȏ ȄȈŮȇŰȍȌȈȖŰȄ, ŮɸȌȉǽȊȒȎ, Ȅ 

ŭȆŬŰǾȍȄůȄ ȉȆŬȎ ŮȊŮȍȂȌȖ ŮɸȆűǼȊŮȆŬȎ ȄȈŮȇŰȍȌŭǿȌȏ (ŰȄȎ ŬȊȕŭȌȏ) ŮǿȊŬȆ ȖȑȆůŰȄȎ ůȄȉŬůǿŬȎ ȂȆŬ ȊŬ 

ŮȋŬůűŬȈȆůŰŮǿ ȏȑȄȈǾ ȈŮȆŰȌȏȍȂȆȇǾ ŬɸȕŭȌůȄ. Ǫ ȄȈŮȇŰȍȌȐȄȉȆȇǾ ȌȋŮǿŭȒůȄ ŰȌȏ HSʈ ůȏȐȊǼ ȏɸȌűǽȍŮȆ 

Ŭɸȕ ȐŬȉȄȈǾ ŬɸȕŭȌůȄ, ȇŬȅȗȎ ŰȌ S0 ŮǿȊŬȆ ȉȌȊȒŰȆȇȕ ȇŬȆ ȉɸȌȍŮǿ ȊŬ ȇŬȈȖȑŮȆ ŰȆȎ ŮȊŮȍȂǽȎ ȅǽůŮȆȎ ŰȄȎ 
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ŬȊȕŭȌȏ, ɸȍȌȇŬȈȗȊŰŬȎ ŰŮȈȆȇǼ ɸŬȅȄŰȆȇȌɸȌǿȄůȄ. ǴŰȌ ǬŮűǼȈŬȆȌ 3, ŭȆŮȍŮȏȊǾȅȄȇŮ Ȍ ŬȊŰǿȇŰȏɸȌȎ ŰȄȎ 

ŮɸȆȈȌȂǾȎ ȇŬŰŬȈȖŰȄ ŬȊȕŭȌȏ ůŰȄȊ ȄȈŮȇŰȍȌȇŬŰŬȈȏŰȆȇǾ ŭȍŬůŰȆȇȕŰȄŰŬ ɸȍȌȎ ŰȄȊ ȌȋŮǿŭȒůȄ ŰȌȏ HSʈ ȇŬȆ 

Ȅ ŬȊȅŮȇŰȆȇȕŰȄŰŬ ǽȊŬȊŰȆ ɸŬȅȄŰȆȇȌɸȌǿȄůȄȎ ȏɸȕ ȏȑȄȈǽȎ ůȏȂȇŮȊŰȍȗůŮȆȎ HSʈ (50 mM Na2S ) ȇŬȆ ȏȑȄȈǾ 

ŬȈȇŬȈȆȇȕŰȄŰŬ (pH > 12). ǞȋȆ ŭȆŬűȌȍŮŰȆȇǼ ȄȈŮȇŰȍȕŭȆŬ ȉŮ ȉǽŰŬȈȈȌ ȁǼůȄȎ ŰȌ ŰȆŰǼȊȆȌ (Ti) 

ŭȌȇȆȉǼůŰȄȇŬȊ: Ir Mixed Metal Oxide (MMO), Ru MMO, Pt/IrOx, Pt, PbOx ȇŬȆ TiO2/IrTaO 2. ǵŬ 

ŬɸȌŰŮȈǽůȉŬŰŬ ŭŮǿȐȊȌȏȊ ȕŰȆ ŰŬ Ru MMO ȇŬȆ Ir MMO ŮǿȊŬȆ ŮȋǿůȌȏ ŮȊŮȍȂǼ ůŰȄȊ ȌȋŮǿŭȒůȄ ŰȌȏ HSʈ, 

ŬȈȈǼ ŰȌ Ir MMO ɸȍǽɸŮȆ ȊŬ ȅŮȒȍȄȅŮǿ ȒȎ ŰȌ ɸȆȌ ůŰŬȅŮȍȕ ȄȈŮȇŰȍȕŭȆȌ ȇŬȅȗȎ ŭŮȊ ɸŬȍŬŰȄȍǾȅȄȇŮ 

ŬɸȗȈŮȆŬ ȇŬŰŬȈȖŰȄ ȇŬȆ ȉȕȊȌ ȉȆȇȍǾ ŬȖȋȄůȄ ŰȌȏ ŭȏȊŬȉȆȇȌȖ (<0,5 V) ȇŬŰǼ ŰȄ ŭȆǼȍȇŮȆŬ ŰȒȊ ŭȌȇȆȉȗȊ 

ůŰŬȅŮȍȕŰȄŰŬȎ. ǴȏȉɸŮȍŬůȉŬŰȆȇǼ, ŮɸȆȁŮȁŬȆȗȅȄȇŮ ȕŰȆ ȌȆ ȏȑȄȈǽȎ ŬȈȇŬȈȆȇǽȎ, ȅŮȆȆȇǽȎ ȇŬȆ ȌȋŮȆŭȒŰȆȇǽȎ 

ůȏȊȅǾȇŮȎ ŮɸȆŭŮȆȊȗȊȌȏȊ ŰȌȊ ȄȈŮȇŰȍȌȇŬŰŬȈȖŰȄ ȇŬȆ ɸȍȌȔɸȕȅŮůȄ ȂȆŬ ȂȆŬ ȉȆŬ ȉŮȈȈȌȊŰȆȇǾ ŮɸȆȈȌȂǾ ŰȌȏ 

ȇŬŰǼȈȈȄȈȌȏ ȄȈŮȇŰȍȌȇŬŰŬȈȖŰȄ ȂȆŬ ŰȄȊ ŬȊŰȆȉŮŰȗɸȆůȄ ŰȄȎ ȍȖɸŬȊůȄȎ Ŭɸȕ ȅŮǿȌ, ȅŬ ɸȍǽɸŮȆ ȊŬ ŮǿȊŬȆ ȉȆŬ 

ůȒůŰǾ ŬȊŰŬȈȈŬȂǾ ȉŮŰŬȋȖ ȄȈŮȇŰȍȌȇŬŰŬȈȏŰȆȇǾȎ ŭȍŬůŰȆȇȕŰȄŰŬȎ , ůŰŬȅŮȍȕŰȄŰŬȎ ȇŬȆ ȇȕůŰȌȏȎ. 

ǴŰȌ ǬŮűǼȈŬȆȌ 4, ŮȋŮŰǼůŰȄȇŮ Ȅ ŮɸŮȇŰŬůȆȉȕŰȄŰŬ ůŮ ȁȆȌȉȄȐŬȊȆȇǾ ǽȇŰŬůȄ ŰȄȎ ȄȈŮȇŰȍȌȐȄȉȆȇǾȎ 

ŬɸȌȉǼȇȍȏȊůȄȎ HSʈ ȉŮ ŰŬȏŰȕȐȍȌȊȄ ŬȊǼȇŰȄůȄ NaOH, ȉǽůȒ ŰȄȎ ŮɸŮȋŮȍȂŬůǿŬȎ ŮȊȕȎ ȁȆȌȉȄȐŬȊȆȇȌȖ 

ŬɸȌȁȈǾŰȌȏ ȋȌŭŮȏȉǽȊȄȎ ȇŬȏůŰȆȇǾȎ ȉŮ ȅŮȆȌȖȐŬ ůȏůŰŬŰȆȇǼ (SCS) ȂȆŬ 20 ůȏȊŮȐȕȉŮȊŮȎ ȄȉǽȍŮȎ ůŮ 

ɸȏȇȊȕŰȄŰŬ ȍŮȖȉŬŰȌȎ 300 A m-2. Ǫ ȈŮȆŰȌȏȍȂȆȇǾ ŬɸȕŭȌůȄ ȇŬȆ Ȅ ŮȊŮȍȂŮȆŬȇǾ ŬɸȕŭȌůȄ 

ŬȊŰȆȇŬŰȌɸŰȍǿůŰȄȇŬȊ ȉǽůȒ ŰȄȎ ŬűŬǿȍŮůȄȎ 38 Ñ 8% S ȇŬȆ ŰȄȎ ŬȊǼȇŰȄůȄȎ ŮȊȕȎ ȇŬȅŬȍȌȖ ŭȆŬȈȖȉŬŰȌȎ 

NaOH 12% ȇ.ȁ, ȇŬȅȗȎ ȇŬȆ ŰȄȎ ȐŬȉȄȈǾȎ ŮȊŮȍȂŮȆŬȇǾȎ ŮɸǽȊŭȏůȄȎ ŰȄȎ ŰǼȋȄȎ ŰȒȊ 3,7 ± 0,6 kWh ŬȊǼ kg 

ȅŮǿȌ ɸȌȏ ŬɸȌȉŬȇȍȖȊȅȄȇŮ ȇŬȆ  6,3 ± 0,4 kWh ŬȊǼ ȇȆȈȕ NaOH ɸȌȏ ŬȊŬȇŰǾȅȄȇŮ. ǵȌ ȇȕůŰȌȎ ŬȂȌȍǼȎ 

ȇŬȆ ȉŮŰŬűȌȍǼȎ NaOH ůŰȄ ȁȆȌȉȄȐŬȊȆȇǾ ɸŮȍȆȌȐǾ ȇŬŰǽȐŮȆ ŰȄ ȉŮȍǿŭŬ ŰȌȏ ȈǽȌȊŰȌȎ ůŰȌ ůȏȊȌȈȆȇȕ ȇȕůŰȌȎ 

ŰȒȊ ȉȌȊǼŭȒȊ ŬɸȌȍȍȕűȄůȄȎ ŬŮȍǿȒȊ. ǹȎ Ůȇ ŰȌȖŰȌȏ, Ȅ ŮɸȆŰȕɸȆŬ ŬȊǼȇŰȄůȄ NaOH Ŭɸȕ ŰȄȊ 

ɸȍȌŰŮȆȊȕȉŮȊȄ ŭȆŮȍȂŬůǿŬ ǽȐŮȆ ȉŮȂǼȈȌ ŮȊŭȆŬűǽȍȌȊ ȂȆŬ ŰȄ ȉŮǿȒůȄ ŰȌȏ ȇȕůŰȌȏȎ ɸȌȏ ůȐŮŰǿȃŮŰŬȆ ȉŮ ŬȏŰȕ 

ŰȌ ȐȄȉȆȇȕ ɸȍȌȓȕȊ, ȇŬȅȗȎ ŮɸǿůȄȎ ȇŬȆ ȁŮȈŰȆȗȊŮȆ ŰȌ ůȏȊȌȈȆȇȕ ɸȍȌűǿȈ ȁȆȒůȆȉȕŰȄŰŬȎ ŰȄȎ ůȏȊȌȈȆȇǾȎ 

ŭȆŬŭȆȇŬůǿŬȎ. 

Ǫ ȇŬŰŬȊȕȄůȄ ŰȄȎ ŮɸǿŭȍŬůȄȎ ŰȒȊ ŬŮȍǿȒȊ ȍȖɸȒȊ, ȕɸȒȎ ŰȌ H2S ůŰȆȎ ȉȆȇȍȌȁȆŬȇǽȎ ȇȌȆȊȕŰȄŰŮȎ ɸȌȏ 

ŮȉɸȈǽȇȌȊŰŬȆ ůŰȄȊ ŬȊŬȂȒȂȆȇǾ ȌȋȆȇȌȂǽȊŮůȄ ȅŬ ȁȌȄȅǾůŮȆ ůŰȌ ȊŬ ŰŮȅȌȖȊ ůŬűǾ ȕȍȆŬ ůŰȆȎ ŬȊǼȂȇŮȎ 

ɸȍȌŮɸŮȋŮȍȂŬůǿŬȎ ŰȒȊ ŬŮȍǿȒȊ ȍȖɸȒȊ, ɸȍȆȊ ŰŬ ŰŮȈŮȏŰŬǿŬ ȌŭȄȂȄȅȌȖȊ ɸȍȌȎ ȃȖȉȒůȄ. ǴŰȌ ǬŮűǼȈŬȆȌ 5, 

Ȅ ŮɸǿŭȍŬůȄ ŰȄȎ ŰȌȋȆȇȕŰȄŰŬȎ ŰȌȏ H2S ůŰȆȎ ɸȍȌŬȊŬűŮȍȅŮǿůŮȎ ȇȌȆȊȕŰȄŰŮȎ ȉŮȈŮŰǾȅȄȇŮ 

ȐȍȄůȆȉȌɸȌȆȗȊŰŬȎ ȉȆŬ ȉȆȇŰǾ ȌȋȆȇȌȂŮȊǾ ȉȆȇȍȌȁȆŬȇǾ ȇŬȈȈȆǽȍȂŮȆŬ ɸȌȏ ȇŬȈȈȆŮȍȂǾȅȄȇŮ ȏɸȕ ȌȈȆȇǽȎ 

ůȏȂȇŮȊŰȍȗůŮȆȎ ŭȆŬȈȏȉǽȊȌȏ ȏŭȍȕȅŮȆȌȏ (TDS) ȉŮŰŬȋȖ 0 ȇŬȆ 5 mM ȇŬȆ pH ȉŮŰŬȋȖ 5 ȇŬȆ 7. ǦŬůȆȇȕ 

ŮȖȍȄȉŬ ŬȏŰȌȖ ŰȌȏ ȇŮűŬȈŬǿȌȏ Ȅ ŬɸȌŰŮȈŮǿ Ȅ ŮȖȍŮůȄ ŰȒȊ ůȏȂȇŮȊŰȍȗůŮȒȊ ȏŭȍȕȅŮȆȌȏ ɸȌȏ ŬȊŬȐŬȆŰǿȃȌȏȊ 

ŰȄ ȉȆȇȍȌȁȆŬȇǾ ŬȊǼɸŰȏȋȄ ȇŬȆ ŰȄ ȁȆȌɸŬȍŬȂȒȂǾ,  ȉŮ ŰȆȉǽȎ IC50

rAc ȉŮŰŬȋȖ 0,86 ȇŬȆ 1,36 mM [TDS]. 

ǧȆŬɸȆůŰȗȅȄȇŮ ȕŰȆ ȉȆŬ ůȏȂȇǽȊŰȍȒůȄ [TDS] ǼȊȒ ŰȒȊ 3,33 mM ŬȊŬůŰǽȈȈŮȆ ɸȈǾȍȒȎ ŰȄȊ ɸŬȍŬȂȒȂǾ 

ȌȋȆȇȌȖ ȌȋǽȌȎ ȇŬȆ ŰȄ ȉȆȇȍȌȁȆŬȇǾ ŬȊǼɸŰȏȋȄ, ůŰŬ ɸȈŬǿůȆŬ ŰȌȏ ŮȋŮŰŬȃȕȉŮȊȌȏ pH. ǶȑȄȈȕŰŮȍŬ ŮɸǿɸŮŭŬ 

ŬȊȌȐǾȎ ɸŬȍȌȏůȆǼůŰȄȇŬȊ ůŰȌ pH 5, ɸȆȅŬȊȗȎ ȈȕȂȒ ŰȄȎ ȉŮȂŬȈȖŰŮȍȄȎ ŬȊŰȌȐǾȎ ŰȄȎ ȇȌȆȊȕŰȄŰŬȎ ɸȌȏ 

ŬȊŬɸŰȖȐȅȄȇŮ ǾŭȄ ůŮ ɸȍȌȂŮȊǽůŰŮȍȄ ȇŬȈȈȆǽȍȂŮȆŬ ůŮ pH ȐŬȉȄȈȕŰŮȍȌ ŰȌȏ űȏůȆȌȈȌȂȆȇȌȖ. ǨȊȗ ȅŬ 

ȉɸȌȍȌȖůŬȊ ȊŬ ŬɸȌŭŮȆȐȅȌȖȊ ůȏůȐŮŰȆůȉȌǿ ɸȌȏ ȊŬ ŮɸȆůȄȉŬǿȊȌȏȊ ŰȄȊ ŮɸǿŭȍŬůȄ ŰȌȏ ȏŭȍȕȅŮȆȌȏ ůŰŬ 

ȁŬůȆȇǼ ȉǽȈȄ ŰȄȎ ȇȌȆȊȕŰȄŰŬȎ, ŭŮȊ ȇŬŰǽůŰȄ ŭȏȊŬŰȕ ǽȊŬ ŬɸȕȈȏŰȌ ůȏȉɸǽȍŬůȉŬ ȂȆŬ ŬȏŰȕ ŰȌ ůȏůȐŮŰȆůȉȕ. 

ǵŮȈȆȇǼ, ɸȍȌŰŮǿȊŮŰŬȆ Ůŭȗ ȕŰȆ Ȍ ůȏȊŭȏŬůȉȕȎ ȏŭȍȕȅŮȆȌȏ ȇŬȆ pH ŬȊŬȉǽȊŮŰŬȆ ȊŬ ȇŬȅȌȍǿůŮȆ ŰȌ 
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ȉȆȇȍȌȁȆȌȈȌȂȆȇȕ ŰȌɸǿȌ ůŰȄ ŭȆŮȍȂŬůǿŬ ȃȖȉȒůȄȎ ŬŮȍǿȒȊ ȂȆŬ ȌȋȆȇȌȂǽȊŮůȄ, ȇŬȅȗȎ ŭȆŬűȌȍŮŰȆȇǼ ŮɸǿɸŮŭŬ 

ŬȊȌȐǾȎ ɸŬȍȌȏůȆǼȃȌȊŰŬȆ Ŭɸȕ ŰŬ ȁŬȇŰȄȍȆŬȇǼ ȂǽȊȄ ɸȌȏ ŬɸȌŰǽȈŮůŬȊ Ůŭȗ ŰȄ ȉȆȇŰǾ ȉȆȇȍȌȁȆŬȇǾ 

ȇȌȆȊȕŰȄŰŬ. 

Ǫ ůȏȊŮȐǾȎ ȈŮȆŰȌȏȍȂǿŬ ȉȆŬȎ ȉȌȊǼŭŬȎ ŮɸŮȋŮȍȂŬůǿŬȎ ŮǿȊŬȆ ŰȌ ŮɸȆȅȏȉȄŰȕ ɸŬȍŬŭȌŰǽȌ ȕŰŬȊ ŮȋŮŰǼȃŮŰŬȆ Ȅ 

ŮȉɸȌȍŮȏȉŬŰȌɸȌǿȄůȄ ŰȄȎ ɸȍȌŰŮȆȊȕȉŮȊȄȎ ŮɸŮȋŮȍȂŬůǿŬȎ. ǨɸȌȉǽȊȒȎ, ůŰȌ ǬŮűǼȈŬȆȌ 6, ŮȋŮŰǼůŰȄȇŮ Ȅ 

ůȏȊŮȐǾȎ ȃȖȉȒůȄ, ŬȊŬȐŬȆŰȆůȉǽȊȄ Ŭɸȕ  H2S ȇŬȆ ŮȊȆůȐȏȉǽȊȄ Ŭɸȕ ȄȈŮȇŰȍȌȈȏŰȆȇǼ ɸŬȍŬȂȕȉŮȊȌ Ǫ2, ůŮ 

ǽȊŬȊ ŬȊŰȆŭȍŬůŰǾȍŬ ȃȖȉȒůȄȎ ŬŮȍǿȒȊ ȇȈǿȉŬȇŬȎ 10-L ȂȆŬ ůȏȊȌȈȆȇǾ ɸŮȆȍŬȉŬŰȆȇǾ ɸŮȍǿȌŭȌ 168 ȄȉŮȍȗȊ. 

ǨűŬȍȉȕůŰȄȇŬȊ ŰȍŮȆȎ ȇȖȇȈȌȆ ŬȊŬůŰȌȈǾȎ (1,3 mM TDS) ȇŬȆ ȉȆȇȍȌȁȆŬȇǾȎ ŬȊǼȇŰȄůȄȎ, ȇŬȆ ůŰȄ ůȏȊǽȐŮȆŬ 

Ȍ ŬȊŰȆŭȍŬůŰǾȍŬȎ ȈŮȆŰȌȖȍȂȄůŮ ůŰŬ 0,5 mM TDS ȂȆŬ 35 ȄȉǽȍŮȎ. ǬŬŰǼ ŰȄȊ ɸȍȌůȅǾȇȄ ȏŭȍȕȅŮȆȌȏ, Ȅ 

ȉŮȅŬȊȌȂǽȊŮůȄ ȇŬȆ Ȅ ȌȋȆȇȌȂǽȊŮůȄ ŬȊŬůŰǼȈȅȄȇŬȊ ǼȉŮůŬ, ŮȊȗ ȇŬŰǼ ŰȄȊ ŬɸȌȉǼȇȍȏȊůȄ ŰȌȏ ŬȊŬůŰȌȈǽŬ, 

Ȅ ȉŮȅŬȊȌȂǽȊŮůȄ ɸŬȍȌȏůǿŬůŮ ȉȆŬ űǼůȄ ȏůŰǽȍȄůȄȎ 5 ȄȉŮȍȗȊ ŰȄȎ ŬȊǼȇŰȄůȄȎ, ůŮ ůȖȂȇȍȆůȄ ȉŮ ŰȄȊ 

ȌȋȆȇȌȂǽȊŮůȄ ɸȌȏ ŬȊŬȇŰǾȅȄȇŮ ŮȊŰȕȎ 48 ȒȍȗȊ. ǬŬŰǼ ŰȄ ŭȆǼȍȇŮȆŬ ŰȄȎ ŰŮȈȆȇǾȎ ȈŮȆŰȌȏȍȂǿŬȎ ůŰŬ 0,5 mM 

TDS, Ȍ ȍȏȅȉȕȎ ɸŬȍŬȂȒȂǾȎ ȌȋȆȇȌȖ ȌȋǽȌȎ ǽűŰŬůŮ ŰŬ 7,1 Ñ 1,5 mmol CȌȋȆȇȌȖ L-1 d-1, ŮȊȗ Ȅ ȉŮȅŬȊȌȂǽȊŮůȄ 

ǾŰŬȊ ůȏȊŮȐȗȎ ȇŬŰŬůŰŬȈȉǽȊȄ. ǮǽȐȍȆ 44 Ñ 16% ŰȒȊ ȄȈŮȇŰȍȌȊǿȒȊ ɸȌȏ ɸŬȍǽȐȌȊŰŬȊ ȒȎ H2 ȇŬȆ 52 Ñ 

19% ŰȌȏ ǼȊȅȍŬȇŬ ɸȌȏ ɸŬȍǽȐȌȊŰŬȊ ȒȎ CO2 ȐȍȄůȆȉȌɸȌȆǾȅȄȇŬȊ ȂȆŬ ŰȄ ȁȆȌɸŬȍŬȂȒȂǾ ȌȋȆȇȌȖ ȌȋǽȌȎ, 

ŮȊȗ 8 Ñ 4% ŰȒȊ ȄȈŮȇŰȍȌȊǿȒȊ ȇŬȆ 7 Ñ 4% ŰȌȏ ǼȊȅȍŬȇŬ ȂȆŬ ŰȄȊ ɸŬȍŬȂȒȂǾ ȁȌȏŰȏȍȆȇȌȖ, ȒȎ ŰȌ ŭŮȖŰŮȍȌ 

ȇŬŰǼ ůŮȆȍǼ ɸȍȌȓȕȊ ȃȖȉȒůȄȎ. ǴŰȄ ȉȆȇȍȌȁȆŬȇǾ ȇȌȆȊȕŰȄŰŬ ȇȏȍȆǼȍȐȄůŮ ǽȊŬ ȉȄ ŰŬȋȆȊȌȉȄȉǽȊȌ ȉǽȈȌȎ ŰȄȎ 

ȌȆȇȌȂǽȊŮȆŬȎ Eggerthellaceae, ȇŬȅȗȎ ȇŬȆ ŰŬ ȁŬȇŰȄȍȆŬȇǼ ȂǽȊȄ Eubacterium  ȇŬȆ Proteiniphilum . Ǫ 

ŰŬȋȆȊȌȉȆȇǾ ɸȌȆȇȆȈȌȉȌȍűǿŬ ŰȄȎ ȇȌȆȊȕŰȄŰŬȎ ȉŮȆȗȅȄȇŮ ȇŬȆ ŬȊŰȆůŰȍȕűȒȎ, Ȅ űŬȆȊȌŰȏɸȆȇǾ 

ɸȌȆȇȆȈȌȉȌȍűǿŬ ŬȏȋǾȅȄȇŮ ȇŬŰǼ ŰȄ ŭȆǼȍȇŮȆŬ ŰȄȎ ȈŮȆŰȌȏȍȂǿŬȎ. 

Ǫ ɸȌȈȏůȏȃȄŰȄȉǽȊȄ ȇŬȆ ŬȊŬȉŮȊȕȉŮȊȄ ŬȖȋȄůȄ ŰȄȎ ɸŬȍŬȂȒȂǾȎ ŬȊŬȊŮȗůȆȉȄȎ ŮȊǽȍȂŮȆŬȎ ŰȄȊ ŮɸȕȉŮȊȄ 

ŭŮȇŬŮŰǿŬ ŬȊŬȉǽȊŮŰŬȆ ȊŬ űǽȍŮȆ ŰȄȊ ȄȈŮȇŰȍȌȐȄȉȆȇǾ ŮɸŮȋŮȍȂŬůǿŬ ŬɸȌȁȈǾŰȒȊ ůŰȌ ɸȍȌůȇǾȊȆȌ. Ǫ 

ȄȈŮȇŰȍȌȐȄȉȆȇǾ ŮɸŮȋŮȍȂŬůǿŬ ǽȐŮȆ ŰȄ ŭȏȊŬŰȕŰȄŰŬ ȕȐȆ ȉȕȊȌ ȊŬ ŮɸȆŰȍǽȑŮȆ ŰȄ ȁȆȌɸŬȍŬȂȒȂǾ Ŭɸȕ 

ȁȆȌȉȄȐŬȊȆȇǽȎ ŮȇɸȌȉɸǽȎ ŬŮȍǿȒȊ ȍȖɸȒȊ, ŬȈȈǼ ȇŬȆ ȊŬ ůȏȉȁǼȈȈŮȆ ŮɸȆɸȍȕůȅŮŰŬ ůŰȄȊ ŮɸȆŰȕɸȆŬ ŬȊǼȇŰȄůȄ 

NaOH ȇŬȆ H2, ŰŬ ȌɸȌǿŬ ȉɸȌȍȌȖȊ ȊŬ ŮɸŬȊŬȐȍȄůȆȉȌɸȌȆȄȅȌȖȊ ůŰȆȎ ŭȆŬŭȆȇŬůǿŮȎ ŮɸŮȋŮȍȂŬůǿŬȎ ŬȊǼȊŰȄ 

ȇŬȆ ȇŬŰǼȊŰȄ ŰȄȎ ȄȈŮȇŰȍȌȐȄȉȆȇǾȎ. ǴŰȌ ŰŮȈŮȏŰŬǿȌ ȇŮűǼȈŬȆȌ ŬȏŰǾȎ ŰȄȎ ŭȆŬŰȍȆȁǾȎ, ůȏȃȄŰȌȖȊŰŬȆ ȌȆ 

ɸȍȌȌɸŰȆȇǽȎ ŬȊǼȇŰȄůȄȎ ɸȌȏ ȉɸȌȍŮǿ ȊŬ ɸȍȌůűǽȍŮȆ Ȅ ȄȈŮȇŰȍȌȐȄȉȆȇǾ ȌȋŮǿŭȒůȄ ŰȌȏ ȏŭȍȕȅŮȆȌȏ ȇŬȆ 

ůŰǾȊŮŰŬȆ Ȅ ůȇȄȊǾ ȂȆŬ ȉŮȈȈȌȊŰȆȇǽȎ ŮűŬȍȉȌȂǽȎ ŰȄȎ ɸȍȌŰŮȆȊȕȉŮȊȄȎ ŬȈȈȄȈȌȏȐǿŬȎ ŭȆŮȍȂŬůȆȗȊ, ůŰȌ 

ȂŮȊȆȇȕŰŮȍȌ ɸȈŬǿůȆȌ ŰȒȊ ŮȊȊȌȆȗȊ ŰȄȎ ȄȈŮȇŰȍȌŭȕŰȄůȄȎ ȇŬȆ ŰȄȎ ŬŮȆűȌȍǿŬȎ. 
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1.1  Waste gas emissions and valorisation opportunities      

Anthropogenic global greenhouse gas (GHG) emissions, directly linked to climate change, rose 

sharply after the industrial revolution and keep increasing, reaching an annual average of 57.4 Gt 

CO2eq in 2019, with Europe being responsible for ~9% (EEA 2020) and Belgium ~0.3% (EEA 2020; 

Olivier and J.A.H.W 2020) . Although CO 2 is a gas emitted largely by industrial activities, it is rarely 

emitted as pure CO2 but rather accompanied by other polluting gases. These gaseous pollutants, 

however not always GHG and thus not contributing to climate change, still pose an environmental 

hazard. An example is hydrogen sulfide gas (H2S), known for its toxicity to humans already at ppm 

levels.  

H2S is a gas naturally produced in the full gamut of anoxic and anaerobic environments, as sulfate 

(SO4

2Ƅ
) reducing bacteria, respondible for its production, are ubiquitous in the natural environment. 

However, industrial intensification and the use of petrochemical feedstocks for industrial activities has 

led to additional anthropogenic H 2S emissions. Natural H2S emissions reach 4.4 Mt yearly, with 

geothermal activities holding the lionõs share of them (Rubright et al. 2017), while additionally 3 Mt 

H2S are emitted from industrial point sources (Ausma and De Kok 2019). Mainly natural gas plants, 

petrochemical refineries,  geothermal power production and pulp and paper industries are 

responsible for anthropogenic H2S emissions and secondarily sewage treatment plants and biogas 

installations (Habeeb et al. 2018; Pikaar et al. 2015; Rubright et al. 2017) . H2S has a short residence 

time in atmosphere (15 days), as it gets rapidly oxidized to sulfur dioxide (SO2) and further to sulfuric 

acid (H2SO4) by hydroxyl radicals (Steudel 2020), ultimately resulting in acid rain or precipitation. The 

latter concerns a human activities induced environmental phenomenon that was prominent in the 

1970s and already disappeared since the 90s in Europe and the US, owing to stronger environmental 

regulations  (Rafferty 2020; Weiss 2012). Therefore in rural areas, H2S concentrations are ranging 

between 0.02 and 0.3 nl L
ĭ1

. However, in proximity to volcanic areas or areas of intensified industrial 

activity, atmospheric H2S concentrations may even exceed 0.1 ˃ l L
ĭ1

 (Ausma and De Kok 2019; 

Burstyn et al. 2007) 

Aside from their polluting nature, both CO 2 and H2S present potential for valuable products recovery. 

More stringent environmental regulations call for their removal, but the current gas abatement 

methods, among them the alkali scrubbers, require high expenditure and are often missing the 

opportunity for recovery of valuable constituents (Georgiadis et al. 2020; Huertas et al. 20 20; 

Rodríguez et al. 2014). To fully capitalise on carbon, H2S needs to be efficiently removed from waste 

gas streams, to render them safe for the living organisms employed for bioproduction or avoid fouling 

of catalysts. Electrochemical treatment could aid unlocking of this potential through gas clean-up, 

recovery of potentially valuable chemicals, as well as, in certain applications, electrical power 

generation (Feng et al. 2016; M. Sun et al. 2016). It is a highly modular technology, easily adjustable 

to different waste sources and needs. Additionally, electrochemical treatment comes through as a 
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green process compared to conventional chemical treatment. The latter lies within the main principle 

of electrochemistry, which is that the driving force for chemical reactions essential for pollutants 

removal and products recovery, is an electron flux commonly generated by an external power source 

(Bockris 1972; Feng et al. 2016). Electrons are commonly considered as a clean reagent, particularly 

when they are sourced from renewable electricity, hence electrochemical treatment can be considered 

as potentially more sustainable than conventional chemical treatment (Katsounaros et al. 2014; 

Radjenovic and Sedlak 2015).  

In parallel, gas fermentations have gained substantial ground the last decade, as they offer a reroute 

of chemical industry gas exhaust to production of new chemicals. An example is the production of 

ethanol from industrial CO/CO 2 off-gases, already demonstrated in large scale by Lanzatech 

(Handler et al. 2016; Liew et al. 2016) . Hydrogen gas (H2) is a common byproduct of electrolysis 

applied for waste removal or chlorine production, resulting from the water reduction reaction 

performed at the cathode of the electrochemical cell. Thus naturally, electrolysis can boost gas 

fermentations for carbon valorisation, by providing the required electron donor in the form of H 2. 

To unravel the full sustainability potential of electrochemical interlinked with gas fermentation 

techonologies and manage to provide a sound economic argument, renewable electricity in 

abundance is rudimental. Despite the fact that the global COVID-19 pandemic restrictions resulted in 

an energy demand decrease which has principally hurt the biofuels sector, a close to 7% growth in 

renewable electricity was recorded for 2020 (IEA 2020). Renewable electricity resilience has been 

proven throughout 2020, where after a decrease in production in the first semester, compared to 

2019, recovered, scoring an additional 200 GW installed capacity, an almost double capacity 

addition since 2013. Ultimately, the global installed renewable electricity from solar PV and wind is 

projected to reach 2400 GW by 2025, ov ertaking coal and natural gas as the primary electricity 

production sources (IEA 2020).  

This thesis explores an integrated system for the production of essential chemicals in electrochemical 

and microbial reactors, to initiate new production processes driven by industrial off-gases rather than 

fossil resources. This work centers around sulfide (H2S) as the compound of interest, presenting a 

challenge for both electrochemistry and fermentations, due to its intrinsic corrosive and toxic 

properties. 

 

1.2  Sulfur, the burning element           

Sulfur constitutes the tenth most abundant element in nature, found mainly in sulfur-containing 

mineral deposits and, by only 0.07 wt%, in the Earthõs crust. It was already known and used in most 

of the ancient civilisations where its combustion fumes were used as antiparacitics. The practice of 

burning sulfur gave to the element its greek name, óɗŮɑoô (theio; etymology: ɗŮŮɘɞɜ: arizing from the 
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verb to fume) (ɰʱˊʲˇʴ˂ʹˌ 2014) as well as its name in the Bible, brimstone (Lide 2004). It is an 

essential element of life, being present in amino acids, (poly-)peptides, enzyme cofactors, sulfolipids 

and carbohydrates, essentially representing 2g per kg of the human body (Dahl 2020; Steudel 2020). 

Sulfur has an average atomic weight of 32.066. It comes with a high chemistry complexity, as a result 

of the variety in oxidation states that is found and the vast array of chains and rings that sulfur in the 

zero oxidation state forms, through the catenation process (Lide 2004). The most commonly reported, 

and thermodynamically most stable at ambient conditions, form of elemental sulfur (S
0

) is the 

orthorhombic -hS8. Upon dissolution in alkaline sulfide solutions, sulfur forms a series of homoatomic 

polysulfide dianions (Sn

2ĭ

, n = 2 ð 9) of variable chain lengths (Steudel and Chivers 2019; Teder 

1971). The size of the polysulfides obtained will be dictated by the alkalinity and the total sulfur 

concentration. Polysulfides are dominating higher pH regions (pH>6), as lower than neutral pH favors 

the formation of H2S and S
0

 precipitation (Steudel 2020).  

Hydrogen sulfide (H2S) is the most reduced form of sulfur whereas sulfate (SO4
2Ƅ

) is the most oxidized 

form. Both compounds, along with several sulfur oxyanions and organosulfur compounds, are 

common contaminants in gaseous and aqueous waste streams such as sour gases, sewage and 

industrial wastewaters. Sulfur pollution treatment today comprises a wide range of biological 

(Alcántara et al. 2004; Buisman et al. 1989, 199 9; Janssen et al. 2009; Lens et al. 1998) and 

physicochemical (Pikaar et al. 2015; L. Zhang et al. 2008)  processes. The selection of treatment 

strategies will depend upon the targeted pollutant, the total sulfur concentration, the pH range and 

the presence of additional contaminants, e.g. organic compounds or trace metals. The present thesis 

centers around sulfide (H2S/HS
Ƅ
).  

Sulfide in its gaseous form (H2S(g)) is a colorless, heavier than air (1.19 specific gravity at 15 °), 

corrosive and poisonous gas (more on its toxic properties on paragraph 1.2.2). It is also highly 

flammable (260 °C ignition temperature) and when at concentrations between 4 and 44 vol%, H2S 

forms exposive mixtures with atmospheric air (Rubright et al. 2017; Steudel 2020). At room 

temperature and standard pressure the solubility of H2S in water is 0.40 g/100 g H 2O (0.12 M) and 

decreases with increasing temperature. It is a weak acid and deprotonates in aqueous solutions, with 

the deprotonation extent depending on the pH and according to the following H2S dissociation 

reactions: 

 

ὌὛ  Ὄὕ ᵮ Ὄὕ  ὌὛ             K1 = 10
Ƅ7 

               (20°C)                      

ὌὛ  Ὄὕ ᵮ Ὄὕ  Ὓ              K2 = 10
Ƅ14 

to 10
Ƅ17 

  (20°C)                      

 

The dissociation constants K1 and K2 will depend on the salt concentration and the ionic strength of 
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the aqueous solution (Hartle and Pluth 2016; Steudel 2020). It should be mentioned here that 

although values between 10
ĭ14

 and 10
ĭ17

 have consistently been reported in literature for the second 

dissociation constant (K2), an average value of 10
ĭ16

 would practically mean that sulfide ions S
2ĭ

 do 

not exist in solutions of pH Ò 12. Based on also spectroscopic data, May and coworkers have recently 

ruled out the presence of SǢ2ĭ in aqueous solutions in general, suggesting that it should be abolished 

by chemical literature, in favour of clarity  (May et al. 2018). As it is concluded from the acid 

dissociation constants, at pH 7 the molar ratio of H2S over HS
Ƅ
 will be 1 and therefore, in most of the 

wastewater streams that an environmental engineer will be called to treat, sulfide will be present as a 

mix of H2S/HS
Ƅ
. 

Sulfide (H2S/HS
Ƅ
) in this thesis is of interest for both of the two main technologies combined: 

electrochemistry and gas fermentation. Therefore in the two following paragraphs, first, the toxic 

properties of sulfide are outlined and second, the electrochemical properties of sulfur compounds. 

The first is fundamental to understant how sulfide will affect a biological process, in this case the gas 

fermentation, in terms of energy input and efficiency. In the same way, the second, is fundamental to 

understand the energetic aspects of the electrochemical cell used for sulfide pollution treatment and 

likewise, how the operational conditions selected will affect the energy revenue and the efficiency of 

the treatment.   

 

1.2.1  Sulfide induces toxicity to prokaryotic and eukaryotic organisms    

A foul, rotten-egg smell is the hallmark of hydrogen sulfide gas (H2S(g)) at ambient levels (< 1 ppm), 

where it can easily get picked up by the human nose, however the sense of smell is lost already at 

100 ppm (Guidotti 2010) . In higher concentrations H2S becomes highly toxic, scoring only second 

after carbon monoxide in inhalation deaths (Jingjing Jiang et al. 2016; Rubright et al. 2017) . Several 

inhalation deaths at occupational settings such as natural gas extraction wells, sewage piping networks 

and while handling manure in farming or anaerobic digesters are attributed to H 2S and therefore the 

maximum allowed concentration in working places has been set to 10 ppm for an 8-hour long 

exposure (NIOSH 2011; Shutske et al. 2017). Upon inhalation H 2S irritates the olfactory tract and 

subsequently the pulmonary function, with the symptoms experienced ranging from eye and lung 

irritation at 20 ppm to acute death at 700 ppm or higher (Hartle and Pluth 2016). Inhibitory 

intracellular concentrations between 0.1 and 1 ppm have been reported and the mechanism of 

inhibition includes sulfide binding and inhibition of cytochrome C oxidase in the complex IV of the 

mitochondrial electron trasport chain, ultimately inhibiting ATP synthesis. Detoxification mechanisms 

reported so far include oxidation in the liver, methylation and mitochondrial sulfide oxidation (Jingjing 

Jiang et al. 2016; Rubright et al. 2017) .  

Sulfide inhibition of biological processes is an ever-occuring nuisance for reactor engineers, as 
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concluded by studies on its toxicity properties and reactor engineering approaches for its alleviation, 

from the early 80s till today (Isa et al. 1986; Yuan et al. 2020) . It has been extensively studied in 

anaerobic digesters, where usually a mixed anaerobic microbial community, containing SO4

2ĭ

 

reducers and methanogenic archaea, is present, with the two communities often competing for H2 as 

an energy source (Y. Chen et al. 2008). The methods for sulfide inhibition alleviaton in anaerobic 

digesters range from simply applying operational conditions that will not allow SO4

2ĭ

 reducers to 

thrive over other hydrogenotrophs, to more sophisticated approaches, such as addition of catalytic 

materials to supress SO4

2ĭ

 reduction (Yin et al. 2020) or to aid H 2S removal (Choudhury and Lansing 

2020; T. Wang et al. 2018) .  

Sulfide toxicity has been reported for both mammalian and bacterial cells, and the mechanisms of 

toxicity may range from a general inhibition of respiratory activity (Chen et al., 2008; Bouillaud and 

Blachier, 2011), DNA damage and protein denaturation (Wu et al., 2015) to inhibition of specific 

activities, unique for specific organisms. Sulfide impairs a number of specific metabolic activities such 

as anammox, denitrification and SO4

2ĭ

 reduction, by decreasing the heme c content (Jin et al., 2013), 

by inhibiting the N2O reductase activity (Pan et al., 2013) and by inhibiting the sulfur reductase activity 

of cytochrome c3 (Reis et al., 1992), respectively. In the case of homoacetogenic bacteria little is 

known and the information provided includes either studies on CO-utilizing acetogens, usually 

employed in synthesis gas conversion (Vega et al., 1990; Grethlein et al., 1992), or homoacetogens 

as part of a general anaerobic community active during anaerobic digestion (Colleran et al., 1998; 

OõFlaherty et al., 1998b; Dar et al., 2008). Whatever the mechanism of inhibition, it is generally 

reported that pollutants contained in gaseous emissions, are expected to hinder bioproduction and 

the extent of inhibition will be dicated by the operational conditions applied as well as the microbial 

communities employed in the process. 

 

1.2.2  The electrochemical properties of sulfur compounds      

Extensive research on electrochemical equilibria and electrochemical oxidative and reductive 

processes of sulfur species took place in the last 40 years, mainly because of the complexity of the 

sulfur chemistry (Levillain et al. 2006). Considerable inconsistency exists in the sulfur literature 

regarding the final products of sulfide oxidation and S
0

 reduction, respectively, due to a lack of suitable 

analytical techniques to study many of the different sulfur forms in existence (Levillain et al. 2006). The 

well discussed complexity of sulfur chemistry is a result of the many oxidation states that the sulfur 

atoms present, ranging from Ƅ2 to +6. The most common sulfur compounds found in electrochemical 

sulfur pollution treatment systems are presented in Table 1.1, with their respective oxidation numbers.  

In order to study and predict the thermodynamic stability area of aqueous and solid sulfur compounds, 

one can use the Pourbaix diagrams. The Pourbaix diagrams, or potential (Eh)-pH equilibrium 
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diagrams, allow to study which redox species are predominant at thermodynamic equilibrium, 

expressed as functions of the pH and the redox potential of the solution (Pourbaix 1966). These, 

however, only describe the situation under equilibrium conditions, the ultimate understanding and 

prediction of electrochemical reactions requires the knowledge of kinetics and of the actual 

concentrations in solution as well (Bouroushian 2010).  

 

Table 1.1 ð Sulfur compounds considered in electrochemical sulfur pollution treatment systems with 

their respective oxidation numbers (Pourbaix 1966) 

Compound name Formula Oxidation number 

Hydrogen sulfide H2S ĭ 2 

Bisulfide (or hydrogen sulfide ion) HS
ĭ

 ĭ 2 

Elemental sulfur S
0

 0 

Polysulfides Sn

2ĭ

 ĭ 1 to ĭ 0.40 

Thiosulfate S2O3

2ĭ

 + 2  

Sulfite SO3

2ĭ

 + 4  

Sulfate SO4

2ĭ

 + 6  

 

 

Only H2S, HS
ĭ

, S
0

, HSO4

ĭ

 and SO4

2ĭ

 will be found in solution in equilibrium (Dutta et al. 2010; 

Pourbaix 1966). Thiosulfate (S2O3

2ĭ

), sulfite (SO3

2ĭ

), dithionate (S2O4

2ĭ

) and polythionates (Sn(SO3)2

2ĭ

) 

are excluded from the potential-pH diagram for aqueous sulfur compounds (Figure 1.1) as they are 

thermodynamically unstable and tend to decompose in aqueous solutions (Pourbaix 1966). Zero-

valent sulfur is stable in the presence of water and acid solutions (pH<6), but unstable in alkaline 

regions (pH>6), where it disproportionates to HS
ĭ

, polysulfides and SO4

2ĭ

. Sulfate is stable in the 

presence of water and aqueous solutions at all pH values and the same applies for sulfide (Pourbaix 

1966). Table 1.2, overviews the most common reversible electrochemical reactions taking place in 

electrochemical cells treating sulfur containing electrolytes. 
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Figure 1.1 ð Potential (Eh)/pH diagram for the system sulfur-water, including predominance regions at 

equilibrium for H2O, O 2, H2, S
0

, H2S, HS
ĭ

, HSO4

ĭ

 and SO4

2ĭ

 at standard temperature (0 °C) and 

pressure (1 atm) (STP) and [S] = 1 M, produced based on (Dutta et al. 2010; Pourbaix 1966) . Potentials 

are expressed with respect to the Standard Hydrogen Electrode (SHE), which corresponds to the 

standard potential of the H
+

/H 2 couple, i.e. the corresponding equilibrium potential between the redox 

couple and an inert electrode for all reagent activities equal to 1 (pH 0 and 1 atm partial pressure of 

H2). 

 

Table 1.2 ð Standard redox potentials (E
0

, pH 0) and apparent standard redox potentials at pH 7 (E
0

app) 

of the most common sulfur involving half-reactions (Bouroushian 2010; Dutta et al. 2010; Levillain et 

al. 2006; Mao et al. 1991; Pourbaix 1966)  

Half-Reaction E
0

 (V vs. SHE, at 25 
o

C) E
0

app (V vs. SHE, at 

25 
o

C and pH=7)  

nS(s) + 2eĭ Ÿ Sn
2ĭ

, 4 Ò  n Ò 5 ĭ 0.340 to ĭ 0.315 ĭ 0.340 to ĭ 0.315 
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S(s) + H
+

 + 2e
ĭ

 Ÿ HS
ĭ

  ĭ 0.065  ĭ 0.272  

Sn
2ĭ

+ nH
+

 + (2n -2)e
ĭ

 Ÿ nHS
ĭ

, 2 Ò n Ò 5 + 0.007 to + 0.298  ĭ 0.251 to ĭ 0.116 

S(s) + 2H
+

 + 2e
ĭ

 Ÿ H2S(aq)  + 0.142  ĭ 0.272  

S2O3

2ĭ

+ 8H
+

 + 8e
ĭ

 Ÿ 2HS
ĭ

 + 3H 2O  + 0.200  ĭ 0.214  

SO4

2ĭ

+ 9H
+

 + 8e
ĭ

 Ÿ HS
ĭ

 + 4H 2O  + 0.252  ĭ 0.214  

SO4

2ĭ

+ 8H
+

 + 6e
ĭ

 Ÿ S(s) + 4H2O  + 0.357  ĭ 0.194  

 

Having already presented the chemical and electrochemical properties of sulfide, it becomes clear 

that many waste gases, however excellent candidates might be for bioproduction, they might bring 

along toxicity to the microbial communities employed for their valorisation. Below, the process 

potential for waste carbon valorisation will be overviewed (paragraph 1.3) and further on, proposals 

on how to do that in an efficient and sustainable way, by electrochemistry will be outlined (paragraph 

1.4).  

 

1.3  Carbon valorisation via gas fermentation        

This thesis explores the contribution of electrochemical technologies for the advancement of the 

emerging field of gas fermentation. The latter focusses on steering the human society from a carbon 

emitting, to a carbon recycling one and principally, away from a fossil-based carbon production 

processes. In that scenario, carbon originally consumed to fuel industrial and agricultural activities, is 

prevented from emission to the atmosphere and is instead used to produce chemical building blocks 

via a biological process. The emerging field of waste gas fermentations is one of the paths to realize 

that aspiration. Gas fermentations employ anaerobic, acetogenic bacterial single strains or 

communities, where CO2 emitted from point industrial sources can be fixed to produce chemical 

building blocks, including a wide array of acids and alcohols (Ragsdale and Pierce 2008). Applying 

the suitable upgrading or downstream processes, these can be transformed to commodity chemicals 

fit to specific purity levels required by the chemical industry (Figure 1.2).  
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Figure 1.2 ð Simplified reductive acetyl-CoA (Wood-Ljungdahl) pathway for CO2 fixation into organic 

products and b) Upgrading and downstream processing routes for the production of commodity 

chemicals from the organic products (adapted from (Prévoteau et al. 2020))  

 

1.3.1  Acetogens, the workforce of gas fermentations       

Drake and colleagues in their book chapter in 2013 have pointed out the systematic inconsistency in 

the definition of acetogens in the literature. Therefore, the definition of an acetogen, given by them, 

is presented here, in order to clarify the group of microorganisms that this thesis focuses on:  

òAcetogen: An anaerobe that can use the acetyl-CoA pathway as a (1) mechanism for the reductive 

synthesis of acetyl-CoA from CO2, (2) terminal-electron-accepting, energy-conserving process, and (3) 

mechanism for the fixation (assimilation) of CO2 in the synthesis of cell carbon.ó (Drake et al. 2013). 

An acetogen needs to abide by all three cell processes in order to live up to the name. In literature, 

often also the term òhomoacetogenò is used, which simply refers to the production of acetate as the 

single product of CO2 reduction. This is mainly a result of bacterial cultivation under certain conditions, 

for example, usually when H2/CO 2 are provided as energy and carbon sources to the cultivation 

system (Drake et al. 2013; Müller 2019) . Acetogenic bacteria conduct linear CO2 fixation, using 

hydrogen (H2) as electron donor by exploiting the Wood-Ljungdahl pathway (WLP), thereby coupling 

CO2 fixation with ATP synthesis (Drake et al. 2008; Müller 2019) . They conserve energy by reducing 

two moles of CO2 first to one mol of acetyl coenzyme A (acetyl-CoA) and then to acetate (Figure 1.3), 

at the expense of the reaction:   
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ςὅὕ  τὌ ᵮ ὅὌὅὕὕ  Ὄ Ὄὕ                                                ȹG
0

 = Ƅ55.8 KJ mol
Ƅ1

                   

 

When physiological conditions, usually applied in bioreactors, are considered (pH = 7) a higher 

energetic gain is expected, with ȹG
0

õ = Ƅ95.6 KJ mol
Ƅ1

 (Philips 2020). This pathway holds the highest 

theoretical thermodynamic efficiency among the carbon fixation pathways, as it links endergonic 

reactions with non-ATP consuming exergonic reactions, thus avoiding most of the ATP-consuming 

reactions (Heffernan et al. 2020; Prévoteau et al. 2020). This becomes possible by the coupling 

mechanism known as electron bifurcation where 2 electrons arising from the same electron donor are 

split to two different electron acceptors, higher and lower than the electron donor energetically, 

respectively (Figure 1.3). This ultimately requires 0.27 ATP energy investment, which is the lowest 

among the coupling mechanisms (ATP hydrolysis requires 1ATP and reverse electron transport 0.58 

ATP) and allows for bacterial growth even in thermodynamically unfavourable conditions (Buckel and 

Thauer 2018; Müller et al. 2018) . 

 

 

Figure 1.3 ð Detailed Wood-Ljungdahl pathway for acetogenesis as carried out by Acetobacterium 

woodii, showcasing electron bifurcation. (CODH/ACS: carbon monoxide dehydrogenase/acetyl-CoA 

synthase,  CoFeSP: corrinoidðiron-sulfur protein, Fd: ferredoxin, HDCR: hydrogen-dependent carbon 

dioxide reductase, THF: tetrahydrofolate) (from (Müller et al. 2018) ) 

 

Moorella thermoacetica, initially named Clostridium themoaceticum when isolated in 1942, has been 
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studied as the model acetogen, after the temporary loss of isolates of Clostridium aceticum (Drake et 

al. 2013) . That was the first bacterium to produce acetate from H2/CO 2, isolated by Wieringa in 1939 

(Wieringa 1939). Next in isolation sequence was Acetobacterium woodii and up to date, 100 different 

acetogenic species have been isolated. A list of all the 100 acetogenic species is given in the 

òAcetogenic Prokaryotesõõ book chapter by Drake and colleagues, along with a detailed description 

of the WLP (Drake et al. 2013) as well as in the gas fermentation review paper of Liew et al. (Liew et 

al. 2016) . Although most acetogens are classified within the Firmicutes phylum, various acetogenic 

species have been classified as Spirochaetes, -ɻProteobacteria and Acidobacteria (Ragsdale and 

Pierce 2008). Recently, even Actinobacteria harbouring the WLP have been discovered (Merino et al. 

2020). Acetogens are ubiquitous in anoxic environments, thereby contributing to the production of 

10% of a total 10
13

 kg acetic acid produced yearly in terrestrial habitats and they are also responsible 

for the annual production of 10
10

 kg acetic acid in the human colon (Drake et al. 2013). They constitute 

a phylogenetically versatile group of bacteria that thrive in both acidic and alkaline pH environments 

(Drake et al. 2008)  with a growth optimum between pH 5.5 (Grimalt-Alemany et al. 2018) and neutral 

(Ayudthaya et al. 2018; Braun and Gottschalk 1982; Grimalt -Alemany et al. 2018).  

 

1.3.2  Continuous H2/CO 2 acetogenesis with biomass retention     

The first and most extensively studied applications of gas fermentations were batch operated reactor 

studies (Demler and Weuster-Botz 2011) as a means to fundamentally understand acetogenesis and 

the metabolic pathways involved. However, recently the focus has shifted towards continuous 

operation which allows for maintaining an active culture for longer times, decreasing in this way 

potential operational costs invested for microbial regrowth in the case of batch operation (Richter et 

al. 2013) . Additionally, lab -studies on continuous gas fermentation are seen as a way to provide 

steady-state operational performance data but also to provide a more realistic approach of the 

technology, heading towards commercialization. Gas, and specifically syngas, fermentation have 

been studied thoroughly for ethanol production, due to the importance of ethanol as a fuel. Acetate 

however, is another industrially significant commodity chemical, with global size market expected to 

reach almost 12 million tonnes by 2026, that is used in the food and paint industry, but is also a 

precursor for the production of butyric acid and ethanol (Expert Market Research 2020). Most 

commonly, pure cultures of Clostridium, Acetobacterium or Moorella species (Kantzow et al. 2015; 

Steger et al. 2017; Riegler et al. 2019) have been studied so far for continuous acetate production, 

as they allow for a more defined product spectrum. Nevertheless, mixed culture fermentations are 

gaining momentum as they are applicable to a wider range of substrates, owing to microbial diversity. 

Additional advantages of mixed microbial communities compared with single strain fermentation 

within the industrial biotechnology scope include the avoidance of sterilization processes and intensive 

control of the process and therefore the lower operational cost (Agler et al. 2011; Kleerebezem and 
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van Loosdrecht 2007), as well as process robustness.  

One challenge that continuous fermentations have to tackle, is the low growth rates of acetogens, thus 

possible wash-out of the microbial community from the bioreactor and subsequently loss of the 

productivity. In particular, maximum growth rates (˃ max) between 0.024 and 0.195 h
Ƅ1

 have been 

reported for H2 consuming acetogens. In an attempt to maintain high biomass density in the 

fermentation reactor and thereby sustain a higher activity, reactors with different approaches for cell 

retention have been engineered (recent work see Table 1.3). The volumetric acetate production rate 

is the parameter used to evaluate activity performance of a continuous gas fermenter. The highest 

productivity achieved so far for acetate is 147 g L
Ƅ1

 d
Ƅ1

, by Kantzow and colleagues, which is also by 

far the highest achieved in H2/C O2 acetogenic bioproduction in general. 

 

Table 1.3 ð Continuous H2/CO 2 acetate production in bioreactors with cell retention 

Microbial 

community 

Cell retention method Gas mixture
[1]

 Volumetric 

production rate 

(gacetate L
Ƅ1

 d
Ƅ1

) 

Reference 

Clostridium 

aceticum 

Packed-bed and trickle-

bed 

CO2:H2:N2 

(3:12:10)  

19.9  (Riegler et al. 

2019) 

Mixed anaerobic 

community 

Submerged hollow fiber 

membrane 

H2:CO 2 

(60:40) 

10.5  (Y. Q. Wang 

et al. 2017)  

Acetobacterium 

woodii 

Submerged linen cylinder H2:CO 2 

(80:20) 

1.21 (Steger et al. 

2017) 

Acetobacterium 

woodii 

Submerged 

microfiltration unit  

H2:CO 2:N2 

(60:25:15)  

147 (Kantzow et 

al. 2015)  

Mixed anaerobic 

community 

Hollow fiber membrane 

biofilm reactor 

H2:CO 2 

(60:40) 

0.4 (F. Zhang et 

al. 2013)  

Mixed anaerobic 

community 

Hollow fiber connected in 

the liquid recirculation 

line 

H2:CO 2 

(70:30) 

0.7
[2]

 This work, 

Chapter 6 

[1] All gas mixtures are synthetic, clean gas mixtures 

[2] Maximum reported during uninhibited, devoid of H 2S, fermentation 

 

A few full-scale gas fermentation applications have been realized in the last decade and some of the 
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most successful of them, commissioned by LanzaTech, are based on the fermentation of steel mill off-

gases for the production of ethanol (Handler et al. 2016; Liew et al. 2016) . Nevertheless, financial 

competitiveness has still not been proven, as the majority of scaled-up demonstrations of gas 

fermentations have suspended their operations in 2016 (Heijstra et al. 2017), even though 

biotechnological approaches for carbon utilization are more sustainable compared to intensive 

chemical routes. Even if in some cases waste gas fermentations are boosted by electrolytically 

produced H2, a theoretically green chemical, however most of this H2 is still produced by natural gas, 

thus counteracting the sustainability argument. On the other hand, the increase in affordable 

renewable electricity distributed to electrolysis has the potential to render waste gas fermentations a 

competitive and sustainable route for bioproduction. Additionally, electrolysis does not only serve as 

the H2 producer, but can also aid upstream desulfurization and recover relevant to the processes 

commodity chemicals, thus the overall process gains in circularity and sustainability. This could 

potentially be achieved with electrochemical desulfurization of the industrial off-gasses.  

 

1.4  Electrochemical sulfur conversions: adding circularity and sustainability credits to 

desulfurization 

Desulfurization of H2S containing waste gases, when H2S is not flared or stripped with N2, proceeds 

via a series of absorption and oxidation steps. Absorption is commonly conducted via alkanolamine, 

ammonia or alkaline salts solutions. When NaOH is the alkaline salt solution employed, the liquid 

product arising from the absorption process is commonly referred to as spent caustic stream (SCS), or 

more specifically sulfidic SCS (Hawari et al. 2015) . Further processing of SCS is conducted via 

physicochemical, thermal and biological processes, or a combination of those when needed, in order 

to meet the locally applied environmental regulations. The most commonly applied chemical 

approaches include neutralization, wet air oxidation (WAO) and the Claus process. The first case, 

although simple, involving just a drop in pH and taking advantage of the H2S dissociation properties, 

is unsustainable as the H2S previously absorbed is just released back in the atmosphere. The latter 

two include a series of treatment steps conducted at temperatures and pressures well above the 

ambient values. In particular the Claus process, majorly applied in sour and natural gas 

desulfurization, requires the use of expensive catalysts, such as alumina and titania, that reportedly 

get rapidly deactivated, thereby increasing the overall costs of the process (Carlos and Clayton B. 

Maugans 2000; Eow 2002; Kohl and Nielsen 1997) .  

Evidently, the majority of the physicochemical approaches applied so far are chemical and energy 

intensive. In an effort to reduce the costs, while offering an environmentally more benign approach, 

biological approaches involving sulfide oxidizing bacteria (SOB) have been developed (L. Zhang et 

al. 2008) . Biological desulfurization is conducted under ambient temperature and pressure and the 
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microbial community conducted the required reactions, is readily available and costless. However, a 

source of organic carbon, as well as a relevant electron acceptor, O2 or NO 3

Ƅ
 according to the 

microbial community conducting sulfide oxidation, is required to sustain biological activity, hence, 

desulfurization. Usually the industrial SCS do not contain NO3

Ƅ
 and the organic compounds that come 

along are complex organic molecules, difficult to be degraded. Therefore the addition of these 

compounds will add to the total operational costs of the unit (Khanongnuch et al. 2019; L. Zhang et 

al. 2008) . Additionally, the increased pH of the SCS (pH>12) as well as the increased H2S content (2 

ð 3 wt%) (Hawari et al. 2015) , hinder biological treatment, if the latter is applied without pre-treatment 

steps or after extensive dilution steps that will ensure biocompatibility.  

Electrochemical technologies rely on electrical energy as the driver for the reactions needed for 

pollutant removal and product recovery, rather than on chemicals, which makes them more 

sustainable, in particular when renewable energy can be locally sourced. The ability to easily control 

the parameters (current or voltage) controlling the performance of the cell with a virtually non-limited 

electron source is considerably advantageous when compared to the safety, environmental and 

logistic issues generally accompanying chemical-intensive processes. The versatility of electrochemistry 

has now led to many different approaches to treat sulfur-containing streams, ranging from, direct or 

indirect, abiotic electro-oxidation or electro-reduction of the sulfur compounds, electrodialysis, 

electrocoagulation and electroflotation to microbial fuel cells and microbial electrolysis cells. 

Electrochemical treatment centers around the electrochemical cell, which is principally a reactor, 

connected to an external electron source, where the electro-oxidation and electro-reduction reactions 

that are used in physicochemical waste treatment are realized. In the paragraphs that follow, the 

fundamentals of electrochemical treatment (1.4.1), followed by an overview of the electrochemical 

sulfide oxidation concept (1.4.2) and electrochemical sulfide treatment studies (1.4.3) will be outlined.  

 

1.4.1  The basics of electrochemical treatment 

Electrochemical treatment lies in the interface between engineering and electrochemistry, therefore, 

both the fundamental concepts of electrochemical reactions and the reactor configuration need to be 

studied thoroughly and designed carefully, in order to achieve optimal operation. The latter translates 

into optimal pollutant removal efficiencies or products recovery with in parallel cost minimization. Key 

aspects that need to be considered when assessing electrochemical processes are: i) the design of the 

electrochemical cell or electrochemical reactor, ii) the thermodynamics of the electrochemical 

reactions possibly involved iii) the electron transfer kinetics at the electrode/electrolyte interface, iv) 

certain losses taking place in an electrochemical cell and v) the performance of the processes such as 

current efficiency and electric power investment.  
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1.4.1.1  The electrochemical cell ð facilitating the electrochemical reactions 

The core of electrochemical treatment is the electrochemical reactor, or simply the electrochemical 

cell. An electrochemical cell is usually comprised of: 1) two electrodes: an anode and a cathode on 

which oxidation and reduction reactions are conducted, respectively; 2) one or several electrolytes, 

which are conductive solutions containing the chemical reagents taking part in the reactions as well 

as supporting (i.e. non-electroactive) ions allowing sufficient conductivity; 3) one or several solid 

separators, which are typically ion-exchange membranes which can be permselective or not, 

depending on the desired process (Figure 1.4).  

The electrodes are connected to a power supply or potentiostat/galvanostat through an electrical 

circuit, that enables electron flow from the anode to the cathode. The electron flow translates into a 

current (I), however, in electrochemical engineering applications the current density (j) is most 

commonly reported, which is the current applied per surface area (A) (usually the projected or 

geometric surface area) of the electrode. Simultaneously, an ion flow takes place in the electrolyte, 

where anions migrate towards the anode and cations towards the cathode to ensure charge balance 

in the overall system. The ion-exchange membrane allows for selective passage of negatively (anion-

exchange membrane) or positively (cation-exchange membrane) charged ions. Using a membrane 

results in the formation of two electrolyte chambers (Juyuan Jiang et al. 2012). This separation 

provides specific process advantages, such as product recovery in the separate electrolyte chambers, 

pH gradient, and separation of toxic products in the case of bioelectrochemical systems. 

A third electrode with a well-defined equilibrium potential is placed close to the electrode of interest 

(anode or cathode) in the electrochemical cell, in order to allow for continuous monitoring of the 

absolute potential, developed under varying experimental conditions. This electrode is known as 

reference electrode. The reference electrode is an electrode that is immersed in a defined electrolyte 

(and maintains a constant potential during the experimental period (Smith and Stevenson 2007). A 

number of different reference electrodes exist and the most commonly used in environmental 

electrochemistry are the Silver/Silver Chloride (Ag/AgCl / 3 M KCl/NaCl) and the Standard Calomel 

Electrode (SCE / Saturated KCl) with potentials at + 0.209 and + 0.241 vs. SHE, respectively, at 25 

°C. In this work all potentials are reported as SHE unless stated otherwise (e.g. in Chapter 2 they are 

reported in SCE). 
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Figure 1.4 ð Schematic drawing of a two-compartment electrochemical cell controlled with an external 

power source (electrolytic cell) that enables electron flow from the anode to the cathode. The two 

electrodes, anode and cathode, are separated with an ion exchange membrane (IEM), that allows for 

(selective) passage of positively or negatively charged ions. An oxidation reaction occurs at the anode 

(positively charged electrode) and a reduction reaction occurs at the cathode (negatively charged 

electrode). 

Electrochemical cells are divided in galvanic and electrolytic cells. The cell is considered as galvanic 

when the overall cell reaction (i.e. considering both anodic and cathodic reactions as a single redox 

process) is thermodynamically favourable (ɲG < 0), allowing for spontaneous reactions to occur on 

both electrodes and possibly for generation of electricity, if the cell is not under short circuit (i.e. 

inducing a non-zero voltage). The anode of a galvanic cell is the negative electrode, whereas the 

cathode is positive. Conversely, an electrolytic cell requires the addition of external electric power to 

drive a non-spontaneous reaction (ɲG Ó 0), i.e. to translate electric energy into chemical energy 

(Ciobanu et al. 2007; Pourbaix 1966) . The corresponding electrode polarity, due to the external 

power, is opposite to the galvanic cell, with a positive anode and a negative cathode. 

 

1.4.1.2  Thermodynamics of electrochemical reactions and the electrode potential 

Electrochemical reactions differ from homogeneous chemical reactions because they occur at the 

interface between the electrodes and their respective electrolyte, stressing the dramatic impact of 

electrode surface area and mass transfer parameters on the overall rate of reactions. An 

electrochemical reaction can be seen as a òdelocalizedó redox reaction, physically separating the two 

half-reactions that are the oxidation (at the anode/electrolyte interface) and the reduction (at the 

cathode/electrolyte interface) (Pourbaix 1966). As such, electrochemical studies generally focus on 

those half-reactions separately, considering they are specific, amongst others, to the redox couple(s) 

involved, the electrode material and the nature of the electrolyte.  
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In electrochemistry, the basic form of the Nernst equation characterizes the equilibrium for an 

electrochemical reaction involving an inert electrode and a single dissolved redox couple O/R (where 

O represents the oxidized form and R the reduced form of the redox couple). The Nernst equation 

links the electrode potential with the ratio of the interfacial concentration of the oxidized and reduced 

forms of the redox couple when the system is at equilibrium (Allen J. Bard and Faulkner 2001). For 

an electrochemical reaction involving a single redox couple O/R (without a proton coupled to the 

electron transfer): 

ὕ ὲὩ ᵮὙ 

the Nernst equation is: 

 

Ὁ  Ὁ  ὰὲ Ὁ ǰ ὰὲ                                                                                                                        (1.1) 

where E is the electrode potential (V), E
0

 is the standard potential of the considered redox couple (V), 

E
0´

 is the formal potential, R is the universal gas constant (8.314 J mol
-1

 K
-1

), T is the temperature (K), 

F is the Faraday constant (96,485 C mol
-1

), n is the number of electrons (dimensionless) involved in 

the reaction, Oh and Rh are the activities (dimensionless) and CO and CR are the interfacial 

concentrations (mol L
-1

) of, respectively, the oxidized and reduced form of the considered redox couple. 

Whereas E
0

 is a thermodynamic constant for a specific redox couple at a specific T, E
0´

 varies with the 

activity coefficients of the redox compounds, and therefore with their concentration as well as the ionic 

strength of the medium (Allen J. Bard and Faulkner 2001). The IUPAC (International Union of Pure 

and Applied Chemistry) convention hereby used, considers a positive electrode potential as the one 

favouring oxidation reactions (low energy electrons on electrode surface) and a negative electrode 

potential as the one favouring reductions (high energy electrons on electrode surface). It is often 

assumed that the redox compounds are at sufficiently low concentrations, thus the latter are considered 

to be equal to the activities, and the Nernst equation is commonly used with the standard potential 

and the concentrations (Ciobanu et al. 2007) . 

When wastewater is considered as an electrolyte in electrochemical treatment, it is expected that the 

pH will vary substantially from one case to another. To calculate the electrode potential E at different 

operational pH values, one can write an electrochemical reaction to include proton exchange coupled 

to electron transfer:  

ὥὃ ὧὌὕ  ὲὩ ᵮὦὄ άὌ  

where A is the acid form and B the alkaline form of a compound. E can then be calculated based on 

the Nernst equation taking into account the influence of the pH: 
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Ὁ Ὁ
Ȣ

ὴὌ  
Ȣ
 ὰέὫ                                                                                                          (1.2) 

with E and E
0

 in V (Pourbaix 1966). This is a useful and fast tool to calculate the expected theoretical 

electrode potential in an electrochemical reactor, operated at pH Í 0.  

The free energy change of the overall electrochemical reaction conducted in the cell is related to the 

cell voltage (electrode potential difference) according to: 

 

ῳὋ ὲὊὉ                                                                                                                                                                 (1.3) 

where ɲGr

0

 is the standard Gibbs free energy of the overall cell reaction (J mol
-1

) (Ciobanu et al. 2007; 

Christos Comninellis and Chen 2010). 

 

1.4.1.3  Overpotential and ohmic resistance 

The relationship between current density and electrode potential is essential to define an 

electrochemical system (see Chapters 3 and 4). For a specific combination of electrode and redox 

couple, the reaction rate depends upon mass transfer to the electrode, kinetic variables and surface 

effects (Allen J. Bard and Faulkner 2001). Assuming all the electrons exchanged at the electrode 

interface are dedicated to a single electrochemical reaction, the relationship between the surface 

reaction rate (v) and the electric current (I) is described by Faradayõs law of electrolysis: 

 

ὺ                                                                                                                      (1.4) 

where v is given in mol s
-1

 m
-2

. 

When current is applied in an electrochemical cell, previously at equilibrium, both anode and cathode 

potentials are shifted from their equilibrium value. This shift in the electrode potential results in what 

is called overpotential (́ ), which is the difference between an electrode potential under a current 

density j and its equilibrium potential (j = 0):  

 

– Ὁ Ὁ Ȣ Ὁ Ὁ                                                                                                (1.5) 

where E(j) is the potential that the electrode acquires upon application of a specific current density (j). 

Reaction overpotentials are, therefore, a loss with respect to the thermodynamic potential and should 

be minimized in absolute value when possible. The overpotential at a specific current density depends 

on a series of different parameters, including the nature of the redox reaction and the reagents and 
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products concentration, the mass transfer parameters between the bulk electrolyte and the electrode 

interface, the nature of the electrode material, the electrolyte composition and the temperature.  

An electrochemical cell necessarily exhibits an internal ohmic resistance (Rint) which is the sum of ionic 

resistances (electrolytes and ion exchange membrane(s) and electronic resistances (solid electrode, 

external circuit and the contact resistance from their respective connections). Consequently, a current 

flowing through the electrochemical cell causes an additional energy loss with a corresponding ohmic 

drop which increases the voltage of an electrolysis cell, or decreases the voltage of an electrochemical 

power source (fuel cell) (Allen J. Bard and Faulkner 2001). This ohmic drop (in Ý) is the product of 

the applied current and the internal resistance of the cell: 

 

Ohmic drop = I Ὑ                                                                                                            (1.6) 

The magnitude of the ohmic drop is particularly important since it can substantially impact the voltage 

and, therefore, the energy efficiency of the system. An internal resistance that is too high can 

considerably impede the development of an electrochemical process (Prévoteau et al. 2020). In 

reactions where a solid product is formed, for example in electrochemical sulfide oxidation with S
0

 

formation, the solid particles can insulate the active electrode surface area (see paragraph 1.4.2) or 

precipitate on the ion-exchange membrane, the electrochemical cell can suffer from a rapid increase 

in internal resistance (see Chapter 3). It is therefore important to quantify internal resistances, for 

example via the current interrupt method (Allen J. Bard and Faulkner 2001). Since the ionic resistance 

often represents a substantial fraction of Rint, the latter can be decreased by i) decreasing the distance 

between the anode and the cathode, ii) using more conductive membranes or iii) using more 

conductive electrolytes. In the latter lies the advantage of spent caustic streams (SCS), in contrast to 

domestic wastewater, when they act as electrolytes in electrochemical wastewater treatment (see 

paragraph 1.4.2 and Chapter 4). Whereas higher current densities allow for higher removal rates, 

they necessarily increase the ohmic drop proportionally (assuming Rint is invariant within the range of 

current considered).  

The ohmic drop is also an important concept to consider when studying electrochemical reactions on 

a single electrode, i.e. when focusing on a half-cell of the electrochemical setup. The applied, or 

recorded, potential (Erec) of the working electrode will include an ohmic drop contribution that is 

proportional to the uncompensated resistance Ru present between the working electrode and the 

reference electrode (due to the electrolyte present between them). Thus, the recorded potential can be 

corrected to obtain the real working electrode potential (Ereal): 

 

Ὁ Ὁ Ὥ Ὑ                                                                                                                                                    (1.7) 
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where the current follows the aforementioned convention, i.e. positive for an anode (Ereal Ò Erec) and 

negative for a cathode (Ereal Ó Erec). It is recommended to limit the amplitude of Ru by positioning the 

tip of a reference electrode in close vicinity to the working electrode, as long as the mass transfer 

properties from and towards the electrode surface are not substantially impacted. 

 

1.4.1.4  Efficiencies of the electrochemical process 

The efficiency of an electrochemical process is based on the efficiency with which charge is transported 

through the electrochemical cell and is facilitating the electrochemical reactions. This is described by 

Faradayõs law, that relates the amount of electrochemical reactions conducted at an electrode to an 

amount of charges exchanged through the electrochemical cell (Allen J. Bard and Faulkner 2001). 

Based on Faradayõs law of electrolysis, the coulombic efficiency (also called òfaradaic efficiencyó or 

òcurrent efficiencyó) can be defined as the ratio of output charges of interest to the input charges. For 

electrolysis, it corresponds to the amount of charge actually involved in the electrochemical reaction(s) 

of interest divided by the amount of charges that actually crossed the electrolysis cell:  

 

ὅὉ Ϸ  
᷿  

                                                                                                                                                       (1.8) 

where CE (%) is the coulombic efficiency, ɲm is the change in the number of moles (mol) of the redox 

compound of interest during the electrolysis time dt (s) and I is the applied current (1 A = 1 C s
-1

) .  

In the same way, in an electrochemical cell the energy efficiency is used to describe the energy output 

of the system compared to the energy input. The energy efficiency of the process will highly depend 

on the internal resistance of the cell, as explained in section 4.1.3, as the higher the losses in the 

electrochemical cell, the lower the energy efficiency of the process will be. The energy efficiency simply 

describes how much of the energy input, in an electrolysis cell for example, ends up in the desired 

reaction, rather than side reactions or ohmic losses in the system. The energy efficiency will thus be 

the product of the voltage and current efficiencies:  

 

ὉὉ  ὅὉ                                                                                                                      (1.9) 

Where Eeq is the cell voltage at equilibrium and Ecell the cell voltage obtained under operation at a 

specific current density (Klans Jüttner 2007). 

The operational performance of the electrochemical cells is usually evaluated based on the removal 

rate (with respect to an electrode surface or a reactor volume), the removal efficiency or product 

recovery as well as on the power consumption by an electrolysis cell or the power output of a fuel cell. 
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As in electrochemical processes the addition of chemicals is limited to the minimum and the only 

actual input is the energy inpput, the energy efficiency of the process will determine the cost efficiency 

of the process. In both cases, the power input/output is given by a combination of Jouleõs law with 

Ohmõs law (Allen J. Bard and Faulkner 2001; Logan et al. 2006): 

 

ὖ Ὅ Ὁ                                                                                                                                                                  (1.10) 

where P is the power (W) and Ecell is the cell voltage (V). The operational costs of electrochemical 

treatment are directly related to the power consumption of the electrochemical cell. It is, therefore, of 

utmost importance to minimize this power consumption. In an electrolysis cell, this can be done by 

reducing the cell voltage, by decreasing the distance between the two electrodes, or by increasing the 

electrolyte conductivity, among other measures. 

 

1.4.2  Electrochemical sulfide oxidation  

Sulfide oxidation to S
0

 readily occurs at a low potential (Eeq = ĭ0.419 at pH 12, Table 1.2), possibly 

allowing for low operational voltages i.e. energetically attractive processes. In addition, most of the 

waste streams that contain high concentrations of sulfide, excluding domestic wastewater, come with 

a high conductivity, which promotes them as ideal candidates for electrochemical processing. These 

are probably two of the reasons that electrochemical treatment for hydrogen sulfide removal was 

introduced as an application of environmental technology, already in the early 80s (Nozaki 1982; 

Winnick et al. 1984). Studies on the effect of sulfide oxidation on different electrode materials, and 

vice versa, initiated the field of direct electrochemical desulfurization around 50 years ago (Hamilton 

and Woods 1983; Ramasubramanian 1975) . The interest in this application for sulfide pollution 

treatment was boosted by the fact that electrochemical treatment allows for on-site recovery of sulfur 

compounds (e.g. S
0

 and H2SO4), or electrolysis side-products (H2 gas, caustic soda (NaOH) (Dutta et 

al. 2008; Rabaey et al. 2006; Vaiopoulou et al. 2016) , ultimately resulting in the minimization of the 

operational costs (Chatzisymeon et al. 2013; Pikaar et al. 2015; Rankin et al. 2010). 

Electrochemical sulfide treatment comprises a combination of oxidation processes that can be direct 

(i.e. at the electrode/electrolyte interface) and indirect (homogeneous redox process in solution). In 

the first case, the sulfide is electro-oxidized at the electrode surface. In the second case, the oxidation 

proceeds through anodic production of oxidative intermediates such as oxygen or chlorine which can 

further oxidize sulfide in solution (Bockris 1972; Feng et al. 2016; Pikaar et al. 2011a) . The electrode 

material holds a crucial role in selecting for direct or indirect oxidation. Among the first materials 

tested for sulfide oxidation where carbon based electrodes, due to their high selectivity for direct sulfide 

oxidation towards S
0

 and their low cost (Anani et al. 1990; Ateya et al. 2005) . On the downside, S
0
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particles are insulating and can cover the electroactive sites of the anode, ultimately inducing 

passivation (A. Chen and Miller 2004; Feng et al. 2016; Miller and Chen 2006) . Therefore, later, 

studies with metallic electrodes emerged, in an attempt to tackle this hindrance of oxidation and thus 

of the overall process efficiency, by favouring indirect sulfide oxidation (Feng et al. 2016). Indirect 

oxidation enables maintaining a higher current density, as the mass transfer of sulfide to the anode 

surface may be diffusion-limited even under well-mixed conditions. However, O2 and Cl2 are 

generated at higher potentials compared to sulfide oxidation, resulting ultimately in a higher cell 

voltage and thus a lower energy efficiency. In addition, indirect oxidation can result in the formation 

of halogenated toxic byproducts, that can limit the application of this method for treatment of complex 

wastewaters. Extensive discussion has been conducted so far in literature on whether indirect or direct 

sulfide oxidation should be promoted (Pikaar et al. 2015), without however considering the fact that 

both processes can be simultaneously taking place in a galvanostatically operated cell, under a wide 

range of potentials (Table 1.2). Striking a balance between long-term, unpassivated operation and 

high sulfur recovery efficiency is still a challenge, as the distribution of the final sulfide oxidation 

products will depend upon a diverse set of parameters, such as the nature of the electrode and the 

electric input (current density or potential), the sulfide concentration, the convection and thus the 

reaction configuration, the pH and composition of the anolyte (S. Song et al. 2008; Vaiopoulou et al. 

2016). 

 

1.4.3  Electrochemical treatment of sulfide containing waste streams 

Electrochemical sulfide treatment has been tested in a large spectrum of synthetic, and in some cases, 

real wastewater, however full-scale applications have not been yet applied, mainly due to the 

complexity that sulfur generation and precipitation brings along in the electrochemical cell operation. 

Lab-scale electrochemical desulfurization systems have been tested for a wide range of liquid waste 

streams, including tannery wastewater (Rajalo and Petrovskaya 1996; Szpyrkowicz et al. 2005), pulp 

and paper processed water and alkaline sulfidic streams (K. Kim and Han 2014; Vaiopoulou et al. 

2016; Longyao Wang et al. 2015) , geothermal brines (Ateya et al. 2003; Ateya and Al-Kharafi 2002; 

El-Sherif et al. 2010; Rankin et al. 2010), domestic wastewater (Pikaar et al. 2011a, 2011b, 2012)  

and mixed liquor of anaerobic digesters (H. Lin et al. 2016). The deterioration of the anode material 

as a result of sulfide oxidation is a common phenomenon reported in desulfurization studies (Al-

Kharafi et al. 2010; Behm and Simonsson 1999; Miller and Chen 2006) . Therefore, extensive 

research has been dedicated to selecting electrode materials that would exhibit both electrocatalytic 

activity towards sulfide oxidation (low overpotential), and high stability (Table 1.4).  
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Table 1.4 ð Electrochemical sulfide removal performance when treating sulfur contaminated wastewaters, with different anode materials 

Cell configuration Anode material Electrolyte (T / pH 

electrolysis) 

Applied current density 

or potential / EAN (vs 

SHE) 

Reference 

Undivided polarization cell Graphite disk Synthetic geothermal brines 

(25 °C / 12)  

ĭ0.8 to +1.4 V  Ateya et al. 2003 

Undivided glass cell Ti/RhOxðTiO2, Ti/PdOð

Co3O4, Ti/PbO2, Ti/PtðIr 

Tannery wastewater (n.a. / 

~8)  

200 to 400  A m
-2

 Szpyrkowicz et al. 

2005
 

Pyrex beaker and glass cell Boron Doped Diamond 

(BDD) 

Synthetic sour brines (n.a. / 

~13)  

160 to 1300 A m
-2

 Waterston et al. 

2007
 

Two chamber (separated by CEM) Carbon fibre brush Synthetic (21 °C / 7)  11.9 A m
-2

 Dutta et al. 2009 b
 

Pyrex beaker Ti4O7 (Ebonex®) Synthetic sour brines (n.a. / 

~13)  

100 A m
-2

 El-Sherif et al. 2010 

Undivided polarization cell Polycrystalline Pt Synthetic (25 °C / 9 ð 12) ĭ0.95 to +0.80 V Al-Kharafi et al. 

2010  

Two chamber (separated by CEM) Ta/Ir, Ru/Ir, Pt/Ir , PbO2 

and SnO2 coated Ti 

Domestic wastewater (~25 

°C / 7.5)  

100 A m
-2

 Pikaar et al. 2011b 

Two chamber (separated by 

microporous membrane) 

Ti/RuO2 Synthetic alkaline medium 

(20 °C / 13)  

250 A m
-2

 Wang et al. 2015
 

Two chamber (separated by CEM) Ta/Ir coated Ti Synthetic alkaline spent 

caustic streams (SCS) (25 °C 

100 to 300 A m
-2

 Vaiopoulou et al. 

2016
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/ 14)  

Rotating cylinder reactor (separated 

by CEM*) 

Pb coated Cu Synthetic alkaline medium 

(80 °C / 10)  

ĭ0.6 to +1.0 V  Fornés and Bisang 

2017
 

Undivided glass cell GF-MnxO y Real sewage (24 °C / 8.2) +0.4 V  (Sergienko and 

Radjenovic 2020)
 

Two chamber (separated by CEM) Ir MMO SCS produced in chemical 

industry (25 °C / >12)  

300 A m
-2

 This work, Chapter 4
 

CEM: Cation Exchange Membrane 
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Extensive research has been dedicated to the electrochemical treatment of alkaline sulfidic streams 

(SCS). Main reasons are their remarkably high sulfide content (0.5 ð 4 wt% sulfide-S) and the fact that 

the current treatment methods are financially and environmentally (paragraphs 1.1 and 1.4) 

problematic, both of which are a hurdle for petrochemical refineries, the chemical manufacturing and 

the pulp and paper industry (Alnaizy 2008; Pokhrel and Viraraghavan 2004). Due to the high sulfidic 

content and the highly alkaline nature (pH > 13) of these streams, biological treatment is hindered, 

while the currently employed chemical methods require extreme operational conditions (125 < T < 

320 °C and 0.5 < P < 20 MPa), such as f or wet oxidation (Hawari et al. 2015; Zermeño -Montante 

et al. 2011) . Moreover, the key component, caustic soda, is not recovered with the conventional 

methods. Instead, electrochemical treatment performs efficiently at ambient conditions, allows for 

recovery of chemicals and is highly adjustable to variable operational conditions (Chaplin 2019) . At 

last, an additional motivation for the electrochemical treatment of industrial streams is their typically 

high conductivity (600-800 mS cm
-1

) (Chapter 4), that makes them an attractive electrolyte, as it 

reduces the ohmic losses in the electrolysis cell and thus decreases the overall power input required 

to drive the process (Ateya et al. 2003). 

 

1.5  Objectives and outline of the thesis 

Pollutants are inherent to waste streams and a study of their nature, their effects on process efficiency 

and the financial success of waste valorisation applications is a prerequisite for future large-scale 

applications. This thesis centers around H2S as the compound of interest, since its corrosive and toxic 

properties negatively affect the two technologies of interest here, electrochemical technology and gas 

fermentation. The objective of this thesis is to examine how electrochemical treatment can offer a 

sophisticated and potentially sustainable solution, not only for gas clean-up, but also for simultaneous 

recovery of chemicals, useful in upstream and downstream processing (Figure 1.5). That was studied 

by coupling two reactor concepts: 1) an electrochemical cell for simultaneous sulfide (HS
Ƅ
) oxidation 

and sodium hydroxide (NaOH) and hydrogen gas (H2) recovery and 2) a gas fermenter for carbon 

dioxide (CO2) conversion to organic acids with H2 gas serving as electron donor. 

In Chapter 2 the continuous absorption of an H2S loaded gas stream in a NaOH liquid stream via a 

gas absorption column was simulated aiming to establish the operational limits for maximum H2S 

absorption with minimum NaOH consumption. Next, the simulated liquid stream output, product of 

the gas absorption process, was treated in a lab-scale electrochemical system for continuous H2S 

removal as S
0

 with simultaneous recovery of NaOH. Ultimately, the aim was to suggest a gas 

absorption/electrochemical treatment train for continuous gas clean-up and chemicals production 

while limiting operational interference to the minimum. Chapter 3 covers the study of certain 

limitations that electrochemical sulfide removal faces and focuses on the deterioration of the 
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electrochemical equipment due to the formation of S
0

 during the process, but also due to the corrosive 

properties of sulfide (H2S/HS
Ƅ
). The electrode lifetime is especially limited by the accumulation of S

0

 

and the aggressive nature of H2S/HS
Ƅ
, therefore, six commercially available electrode materials (Ir 

Mixed Metal Oxide (MMO), Ru MMO, Pt/IrOx, Pt, PbOx and TiO2/IrTaO 2 coated titanium-based 

electrodes) were tested for the impact of the electrocatalyst on sulfide removal and final product of 

sulfide oxidation, during the electrochemical treatment process. The stability of the electrocatalyst 

under high sulfide concentrations (50 mM Na2S) and high alkalinity (pH>12) were also determined. 

In Chapter 4, the knowledge gained in the lab tests for electrochemical H2S removal and NaOH 

recovery were verified using an industrial stream, to prove the industrial relevance and the scalability 

of the process. The electrochemical treatment of SCS from a chemical manufacturing industry was 

studied in an electrolysis cell, where anodic HS
Ƅ
 removal and cathodic NaOH, devoid of sulfide, 

recovery took place simultaneously as a function of the applied current density. The techno-economic 

viability of the process was proven, based on the low energy requirements for NaOH recovery and 

the avoidance of H2O2 otherwise used for sulfide oxidation. 

In order to determine relevant pretreatment approaches for industrial off-gasses containing H2S that 

allow for biological valorisation, the second section of this thesis focuses on determining the limits of 

bacteria exposed to H2S containing gasses. In Chapter 5, the limits of the H2S toxicity to bacterial 

cultures relevant for chemical building blocks production through gas fermentation were studied. The 

toxicity limits were tested in batch experiments using a mixed homoacetogenic culture studied under 

total dissolved sulfide concentrations ([TDS]) between 0 and 5 mM and pH between 5 and 7. The 

extent of inhibition was evaluated based on acetate production rates and microbial growth, while 

community composition transitions as a stress response were also examined. Chapter 6 extends the 

investigation of the H2S toxicity effects to a larger scale. A 10 L fermenter comprised of a robust 

acetogenic community was continuously sparged with a H2/CO 2 gas stream and continuously 

produced acetic acid as the main metabolic product. Additionally, the study of long-term vs transient 

toxicity effects on the recovery of bioproduction and bacterial recovery time was studied as well as the 

differentiation of bacterial and archaeal response to the applied H2S stress. Finally, a sustainable 

approach for electron donor supply in CO 2 fermenters was highlighted in this study, by electrolytically 

produced H2 using an on-site, membrane divided, electrochemical cell. Chapter 7 discusses the 

perspectives of the electrochemical technologies fit for gas clean-up and bioproduction, within the 

general concept of electrification and sustainability.  
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Figure 1.5 ð General outline of this thesis, linking the six chapters and demonstrating the integration 

of the three processes for waste gas valorisation with electrochemical treatment as the main process 
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Eleftheria Ntagia and Korneel Rabaey. Electrochemical scrubbing liquid (NaOH) regeneration from 

scrubber derived sulfidic spent caustic streams (SCS) (Manuscript in preparation) 

 



 

Abstract 

The production of power with e.g. geothermal power plants can lead to the production of CO2 and 

H2S containing gas streams at million ton level. Both compounds have a negative environmental 

impact if emitted, but simultaneously represent a great interest for recovery. Commonly applied gas 

absorption in concentrated sodium hydroxide (NaOH) solutions entail high operational costs while 

lacking the opportunity for resource recovery. In this study, a combination of Aspen Plus V11 software 

simulation and lab-scale electrochemical treatment was studied to suggest a system for continuous 

gas absorption with simultaneous gas clean-up and NaOH regeneration which in principle should 

harvest the energy comprised in the H2S via production of H2, and to minimize the input of chemicals. 

The gas exhaust of a geothermal power plant was used as model stream, containing 48.5% v/v CO2 

and 25.5% v/v H2S. The simulation results provided a scrubbing solution with 48 g H2S d
-1

 and 23 g 

CO2 d
-1

 mass flow (0.5 M NaHS + 0.16 M NaHCO 3) directed for electrochemical treatment. A 90% 

H2S removal was achieved with an energy input of 5.0 ± 0.1 kWh kg S
-1

. A caustic solution with 46 g 

NaOH d
-1

 NaOH mass flow was recovered, devoid of S
0

 precipitates, which would represent 60% of 

the NaOH solution mass flow originally used for gas absorption. Ultimately the study suggests a gas 

absorption-electrochemical treatment setup, for continuous gas clean-up and chemicals production 

in an attempt to limit operational interference to the minimum.  
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2.1  Introduction 

Power production activities hold the lionôs share in greenhouse gases (GHG) global emissions with 15 

billion tonnes CO 2eq being emitted annually worldwide from electricity and heat production (Ritchie 

and Roser 2016). Even geothermal power production, generally considered a green energy source, 

releases about 122 kg CO2 and between 0.05 and 9800 kg H 2S per MWh, with a current world 

installed capacity of 12 × 10
3

 MWe (Basosi et al. 2020; Uihlein 2014). Non-condensable gases 

(NCG) and in particular CO 2 and H2S are naturally present in geothermal fluids and upon electricity 

production they are collected in the condenser of the steam turbines, from where they are most 

commonly released in the atmosphere  (Aradóttir et al. 2015; Ingimundarson et al. 2015) . The extent 

of carbon and sulfur emissions can be highly variable depending on the geology of the geothermal 

fluid extraction site (Anderson and Rezaie 2019; Karlsdottir et al. 2020; Tomasini-Montenegro et al. 

2017). Carbon emitted into the atmosphere contributes to global warming, but it is also a valuable 

source, that if captured, can re-enter the production cycle and contribute to new chemical production 

while replacing fossil carbon extraction for chemical production (Liew et al. 2016). Accordingly, H2S 

emissions may lead to acid rain, which is reflected through the high acidification potential (AP) scored 

by geothermal power production in Life Cycle Assessment (LCA) studies (Asdrubali et al. 2015; Basosi 

et al. 2020; Bravi and Basosi 2014), but if recovered as elemental sulfur (S
0

) can also present a low 

value resource for the production of commodity chemicals and fertilizers or even cosmetics (Chung et 

al. 2013) .  

More stringent environmental regulations call for CO2 and H2S emissions decrease, but the current 

gas abatement methods, mainly gas exhaust absorption in concentrated sodium hydroxide (NaOH) 

solutions (scrubbing) (Mamrosh et al. 2014) or re-introduction into the extraction wells (current pump-

down approach) (Karlsdottir et al. 2020), miss recovery opportunities and add to the total operational 

costs (Niknam et al. 2020) . Electrochemical technology can unlock the full potential of the two gases 

through recovery of the energy present in the H2S to generate H2 and S
0

, and redirection of the cleaned 

CO2 and the electro-produced H2 to biosynthesis. The method relies on the simultaneous anodic 

oxidization of sulfide (H2S(aq)/HS
Ƅ
) coupled to cathodic H2 gas generation in a two-compartment 

electrochemical cell. At the anode, H2S(aq)/HS
Ƅ
 is oxidized to elemental sulfur (S

0

) and other sulfur 

oxyanions, while at the cathode water is reduced to hydroxide ions (OH
Ƅ
) and hydrogen gas (H2) 

(Vaiopoulou et al. 2016). In order to maintain electroneutrality, OH
Ƅ
 migrates from the cathodic 

compartment to the anodic compartment through an anion exchange membrane (AEM), or otherwise, 

sodium ions (Na
+

) or protons (H
+

) migrate from the anodic to the cathodic compartment through a 

cation exchange membrane (CEM), serving as a separator between the two electrode compartments 

(Jüttner 2007) (Figure 2.1).  
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Figure 2.1 ð Proposed process for waste gas clean-up and commodity chemicals recovery via 

electrochemistry, to enable boproduction downstream and sustain gas absorption upstream the 

electrochemical cell   

 

A key-step in the attempt to valorise these gases is the selective absorption of H2S over CO2 in NaOH, 

which can be exploited with the selection of specific gas-liquid contact times and also with careful 

selection of the NaOH strength and temperature (Mamrosh et al. 2014; Niknam et al. 2020) . The 

similar solubility of CO 2 and H2S in aqueous NaOH solutions (Bontozoglou and Karabelas 1993; 

Lucile et al. 2012; J. Xia et al. 2000) still remains one of the key challenges in gas scrubbing, that 

raises concerns for production of carbonate salts and clogging of the installation. In addition, 

simultaneous CO2 and H2S absorption results in increased consumption of NaOH, a commodity 

chemical with a substantial contribution to the operational cost of gas abatement methods (Niknam 

et al. 2020) . 

In this study, the continuous absorption of a H2S loaded gas stream in a NaOH liquid stream via gas 

absorption in a packed column was simulated with the Aspen Plus V11 software. The aim was to 

establish the operational limits for maximum H2S absorption and minimum CO 2 absorption, 

combined with a minimum NaOH consumption and provide the basis for a synthetic SCS stream to 

be tested experimentally. Next, electrochemical treatment of the simulated liquid stream output was 

experimentally tested in a laboratory scale electrolysis cell, for simultaneous H2S removal and NaOH 

regeneration. Aim was to study: 1) the sulfide removal efficiency and the products of sulfide oxidation, 

2) the recovery of alkalinity (OH
Ƅ
) and 3) the fate of CO 2 in the cell, along with 4) pH changes during 

electrolysis. Ultimately the study suggests a gas absorption/electrochemical treatment setup, for 

continuous gas clean-up and chemicals production while limiting operational interference to the 

minimum.  
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2.2  Materials and Methods 

2.2.1  Aspen Plus Simulation 

Prior to the electrochemical tests on sulfide oxidation, the Aspen Plus V11 software was used to 

simulate the spent caustic stream generated by a gas absorption column and serving as the electrolyte 

in the electrochemical cell. The exhaust of Hellisheidi power plant, the largest Icelandic geothermal 

power plant, with a 303 MWe and 267 MWth current capacity (Karlsdottir et al. 2020), mass flow rate 

0.4 kg s
-1

 and increased H2S content (Ingimundarson et al. 2015) was used as the model stream 

(Table 2.1).  

 

Table 2.1 ð Gas stream composition used in Aspen Plus simulation 

Gas CO2 H2S H2 H2O 

Volume concentration (% v/v) 48.5  25.5  24.4  rest 

 

A structured packed column of 2 m packed height and 0.5 m diameter was used in the simulation for 

selective H2S absorption in a concentrated NaOH stream (Bendall et al. 1983; Bontozoglou and 

Karabelas 1993). The column dimensions were selected as to allow for seamless absorption without 

column flooding. A rate-based calculation for a 5 stage column and -55 kW condenser duty were 

selected as inputs for the scrubbing process simulation. To describe the vapour-liquid equilibria, A spen 

Plus uses the Electrolyte-NRTL (Non-random-two-liquid) model, that takes into account molecule-

molecule, molecule-ion pair and ion pair -ion pair interactions to describe solutions that deviate from 

ideality (Moioli et al. 2013) . A series of simulations with a 10 ð 25 wt% NaOH solution, gas and liquid 

temperatures between 10 and 20 °C and liquid flows between 0.4 and 2 kg s
-1

 were tested. A list of 

reactions involved in the caustic scrubbing process were taken into account for the simulation (Table 

2.2) , along with the coefficients based on vapour-liquid equilibria for weak electrolytes (A, B and C) 

(Edwards et al. 1978) and the kinetic parameters for the kinetic-controlled reactions (Cherif et al. 

2016; Moioli and Pellegrini 2013)  based on the equation relating the equilibrium constants 

dependency on temperature (Equation 2.1) and the power law expression used in Aspen Plus for the 

calculation of the kinetic-controlled reactions parameters (Equation 2.2). For reaction 3 the coefficients 

are not available in litera ture, therefore the equilibrium constant is automatically generated by Aspen 

Plus based on the Gibbs free energy (Cherif et al. 2016) . 

 

ὰὲὑ ὃ  ὅ ὰὲὝ                                                                      (2.1) 
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ὶ ὯὝὩ  ὅ                                                    (2.2) 

where r is the rate of reaction, k is a pre-exponential factor, T is the temperature, n is a temperature 

exponent, Ea is the activation energy, R is the universal gas constant, Ci is the concentration of 

component i and a i is the stoichiometric coefficient of component i in the reaction (Cherif et al. 2016). 

 

Table 2.2 ð Equilibrium and kinetic-controlled reactions and the respective coefficents used in the Aspen 

Plus simulation 

 Equilibrium reactions A B C 

1. ςὌὕ P ὕὌ  Ὄὕ  132.899  -13445.9  -22.4773  

2. ὌὛ ὕὌ P ὌὛ  Ὄὕ 147 -1930  -21.15  

3. ὌὛ ὕὌ P Ὓ  Ὄὕ  Ƅ   Ƅ   Ƅ  

 Kinetic-controlled reactions k Ea (kcal mol
-1

) 

4. ὅὕ ὕὌ O Ὄὅὕ 4.32 × 10
13

 13.249  

5. Ὄὅὕᴼὅὕ ὕὌ  2.83 × 10
17

 29.451  

 

 

2.2.2  Electrochemical cell configuration and operation  

All electrochemical experiments were conducted with a two compartment electrochemical cell, with 

internal dimensions of 20 × 5 × 2 cm . A cation exchange membrane (CEM) (Fumasep© FKL-PK-

130, Fumatech GmbH, Germany) was used to accommodate the two electrode compartments with 

internal volume of 200 mL each. An iridium mixed-metal oxide titanium-based (Ti) electrode (Ir MMO) 

(Magneto Special Anodes (an Evoqua brand), The Netherlands) was used as anode. A stainless steel 

thin mesh (Solana, Belgium) was used as a cathode. The two electrodes were planar with a projected 

surface area of 100 cm
2

 (20 × 5 cm) and were positioned parallel to each other (distance between 

electrodes was ~8 mm). The current density is reported here with respect to the projected surface area 

of the anode (0.01 m
2

).  

The synthetic solution was first entering the anodic compartment, acting as anolyte. The anolyte 

outflow was directed to a 250 mL glass bottle, where the S
0

 particles produced by oxidation in the 

anode were allowed to settle. Next, the solution was directed to the cathodic compartment, acting as 
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catholyte this time. Between the settling bottle and the cathodic compartment a non-woven cloth filter 

(Liplisse 3 Cloth, Libeltex, Belgium) was placed to separate colloidal S
0

 particles from the electrolyte. 

Eventually the catholyte was directed to an outflow bottle (Figure 2.2).  

 

 

Figure 2.2 ð The electrochemical cell setup used to treat synthetic scrubbing solution, the composition 

of which was dictated by the Aspen Plus simulation. The solution was entering the electrochemical cell 

from the bottom of the anodic compartment (sampling point 1), outflowing from the top (sampling 

point 2) and then was directed to the precipitation bottle. From there it was directed again to the 

bottom of the cathodic compartment. The recovered NaOH solution was outflowing from the top of the 

cathodic compartment (sampling point 3) and was directed to a collection bottle.  

 

A DC power supply (Velleman LABPS3005 0ĭ30 V, 0ĭ5 A, Belgium) was used to control the 

electrochemical cell. The anode was selected as the working electrode and the anode potential is 

reported as the working electrode potential (EWE). A saturated calomel electrode (SCE) (BAS Inc., Japan, 

+0.244 V vs. SHE at 25 °C) with a ceramic frit was used as reference electrode (RE) in the anodic 

compartment, in order to provide a frit more robust to the corrosive nature of HS
Ƅ
. The anode 

potentials in this chapter are reported versus SCE. Prior to cell operation, the uncompensated 

resistance (Ru) between the anode and the reference electrode, and the cell resistance (Rcell) were 

measured with the current interrupt (CI) method (Allen J. Bard and Faulkner 2001) in 10 successive 

cycles (cycles of 50 ms at 100 mA followed by 50 ms open circuit with a recording period of 0.2 ms 

). The electrolyte used was synthetic SCS described in paragraph 2.2.3  and the resistances measured 

were lower than 1 Ý (Table A1.1). The anode potential (EWE) and cell voltage (Ecell) were monitored 
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with the potentiostat by chronopotentiometry (CP). All electrochemical techniques were performed with 

a VSP potentiostat (Bio-Logic Science Instruments SAS, France). 

 

2.2.3  Experimental procedure 

A 0.5 M NaHS + 0.16 M NaHCO 3 solution with the pH adjusted at ~9 with NaOH was used as 

anolyte/catholyte, prepared according to the results of the Aspen Plus simulation, after downsizing the 

liquid mass flow by 5 orders of magnitude to accommodate to the experimental electrochemical cell. 

The synthetic solution was prepared in 4 L batches, after deaeration of the solution via N2 gas sparging 

(~2 min for every 100 mL (Keller-Lehmann et al. 2006)). During the operation a 5 L gas bag filled 

with N2 was connected to the anolyte/synthetic solution storage bottle, to ensure maintenance of 

anaerobic conditions. Both anodic and cathodic compartments were initially filled with 0.1 M NaOH 

(~ 25 mS cm
-1

, to eliminate electrolyte resistance between the two electrode compartments) and at 

t=0 the synthetic solution was distributed in the anodic compartment. Experiments were conducted at 

300 A m
-2

 current density, reported for 0.01 m
2

 anode surface. The inflow rate was set to 2 mL min
-1

 

to achieve 48 × 10
-3

 kg H2S d
-1

 mass flow in the cell and the hydraulic retention time (HRT) was 5 h. 

Three experimental replicates were conducted based on which the averages and standard deviations 

of the values reported here were calculated. Each experimental period lasted 10 h, which was dictated 

by two initial experimental runs that were terminated at 10 h due to heavy production and precipitation 

of S
0

 particles in the electrochemical cell and in the tubing connections (these tests are not included in 

the results presented here). Prior to the experiments an open circuit potential (OCP) test was conducted 

to evaluate the HS
Ƅ
 removal not induced by applied current. The results indicated no sulfide removal 

induced by chemical oxidation (contact of the anolyte with atmospheric air) and no further changes in 

the anolyte and catholyte during OCP conditions (Figure A1.1). 

 

2.2.4  Analytical methods  

The procedure that was followed for the CO2 analysis was a commonly applied acidified headspace 

method (Åberg and Wallin 2014) , in which the dissolved inorganic carbon (DIC) from 

an acidified liquid sample is completely released as CO2 in the headspace of a vacutainer and is 

measured based on the constructed calibration curve (Figure A1.2) and the pH and temperature of 

the liquid sample. However, due to the additional presence of H2S/HS
Ƅ
 in the samples the method 

was tested with both gases present in the liquid phase and the calibration curve was prepared with 

standards containing both HCO3

Ƅ
 and HS

Ƅ
. The samples were added in 12 mL Exetainer® Vials via 

a pierceable chlorobutyl septum (Labco Limited, United Kingdom), where 1mL of a 3 M H2SO4 solution 

was added prior to sample addition and next, the headspace was evacuated and further exchanged 

with helium (He) gas, through a headspace flushing process. The calibration curve was prepared with 
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0.16×10
-3

, 0.8×10
-3

, 4×10
-3

, 20 ×10
-3

 and 100 ×10
-3 

M NaHCO 3 and NaHS standard solutions 

(Figure A1.2). The gas-phase composition in the vials of both the calibration curve standard samples, 

as well as the experimental samples was analysed with a Compact Gas Chromatograph (CGC) system 

(Global Analyser Solutions, Breda, The Netherlands) equipped with a Molsieve 5A pre-column, a 

Porabond column (CH4, O 2, H2 and N2) and a Rt-Q-bond pre-column and column (CO 2, N2O and 

H2S). The concentrations of the gases were determined by a thermal conductivity detector. The total 

pressure of the vial headspace was measured with a UMS-Tensiometer (Infield 7) device. 

The samples were analysed for pH, alkalinity and conductivity according to the standard APHA 

methods for water and wastewater sample analysis (APHA et al. 1999). The alkalinity of the samples 

was measured with 1 N HCl titration between the pH setpoints of 8.3 (carbonate alkalinity) and 4.5 

(total alkalinity) and the bicarbonate alkalinity was calculated as the product of the total alkalinity 

minus the carbonate alkalinity (Greenberg et al. 1992). All alkalinity results are presented in eq L
-1

.  

 

2.2.4.1  Sulfur samples analysis 

Samples for sulfur components were treated with Sulfide Antioxidant Buffer (SAOB) (Keller-Lehmann 

et al. 2006)  by adding 10% buffer in the total sample volume. For the sulfur samples dilutions MQ 

water preciously sparged with Ar was used. Samples for sulfide (HSǢĭ), sulfite (SO3

2Ƅ
) and  thiosulfate 

(S2O3

2Ƅ
) were analysed with a 930 Compact Ion Chromatograph Flex with Professional UV/VIS 

detector Vario (part of the Dual Channel IC), equipped with a Metrosep A Supp 15 ð 150/4.0 column 

and a Metrosep A Supp 15 Guard/4.0 guard column (Metrohm, Switzerland). As eluent a 3.5mM 

Na2CO3 + 3mM NaHCO 3 solution was used. For sulfate (SO4

2Ƅ
) and anions analysis a 930 Compact 

IC Flex with chemical suppression and conductivity detector, equipped with a Metrosep A Supp 5- 

150/4.0 (61006520) column and a Metrosep A Supp 4/5 Guard/4.0 (61006500) guard column 

(Metrohm, Switzerland) was used, with 1.0 mM NaHCO3 + 3.2mM Na 2CO3 eluent. Samples for 

cations were analysed with a similar to the anions analysis IC, with a 1,7 mM HNO3 and 1.7 mM 

DPCA (dipicolinic acid) eluent solution. 

 

2.2.5  Calculations 

The S
0

 formed was calculated as the difference between the initial sulfide added in the electrochemical 

reactor (in moles) and the soluble sulfur species (i.e. sulfide, SO3
2Ƅ

, S2O3

2Ƅ
 and SO4

2Ƅ
). The sulfide 

removal rates (R HSƄ), the coulombic efficiencies (CEHSƄ)  and the energy input for sulfur removal were 

calculated based on the equations 2.3, 2.4 and 2.5,  respectively: 

Ὑ    ȟ ȟ 
                                                                    (2.3) 
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where nHS,t0 is the initial number of sulfide moles in the anolyte, nHS,t is the number of sulfide moles at 

each sampling time t and ɲt the time of operation (s). 

ὅὉ  
ᶻ ȟ ȟᶻ

ᶻ
ρzππ                                       (2.4) 

where z = 2 is the number of electrons (e
Ƅ
) involved in the reaction, F the Faraday constant (96,485 

C mol
-1

) and I the applied current (A). The CEHSƄ here was calculated according to the direct oxidation 

of HS
Ƅ
 to S

0

 that would give a recoverable product, which is a 2 e
Ƅ
 process. The coulombic efficiency 

for SO4

2Ƅ
 production (CESO4) was calculated based on the SO4

2Ƅ
 production, measured with IC, 

considering that the HS
Ƅ
 oxidation to SO4

2Ƅ
 is an 8 e

Ƅ
 process (this thesis, paragraph 1.2.2). 

ὉὲὩὶὫώ Ὥὲὴόὸ Ὢέὶ ίόὰὪόὶ ίὴὩὧὭὩί ὶὩάέὺὥὰ 
 

Ȣ

ͺȟ
                                                                              (2.5) 

where Ecell is the averaged cell voltage (V), I the applied current (A = C s
-1

) and Q m_S,removed is the 

averaged mass flow of sulfide removed from the influent (kg S d
-1

).   

 

2.3  Results and discussion 

2.3.1  Aspen Plus simulation results direct the production of a high S and low C containing 

synthetic stream for electrochemical treatment 

The Aspen Plus software was used here to simulate a gas absorption column and provide an elegant 

way to design a realistic synthetic scrubber solution, without operating a large scale gas absorption 

column in a lab environment. After multiple simulations to allow for the minimum possible absorption 

of CO 2 and maximum H2S absorption, the flow of liquid stream selected was 1.8 kg s
-1

, with a 10 wt% 

NaOH solution at 10 °C and provided at 1 bar. Th e gas stream temperature was 20 °C and 1 bar 

pressure. The results of the simulation provided the daily flows of the components of interest for the 

electrochemical treatment (Table 2.3).  

 

Table 2.3 ð Aspen simulation results for the gaseous and liquids inputs and outputs of the absorption 

column, presented in molar flows (mol s
-1

) 

Gas/ion/water 

molar flow (mol s
-1

) 

Gaseous input Gaseous output Liquid input Liquid output 

H2S 3.310  0.001  Ƅ 0.000  

CO2 6.295  5.249  Ƅ 0.000  

H2 3.167  3.167  Ƅ Ƅ 
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OH
Ƅ
 Ƅ Ƅ 4.500  0.003  

Na
+

 Ƅ Ƅ 4.500  4.500  

HS
Ƅ
 Ƅ Ƅ Ƅ 3.166  

S
2Ƅ

 Ƅ Ƅ Ƅ 0.143  

HCO 3

Ƅ
 Ƅ Ƅ Ƅ 1.046  

CO3

2Ƅ
 Ƅ Ƅ Ƅ 0.000  

H2O  0.208  0.260  89.924  93.322  

 

The H2S was effectively removed from the gas stream with a 99.97% absorption efficiency while a 

16.62% of the CO 2 was co-absorbed alongside the H2S, according to the simulation (Table 2.3). This 

leads to an outflow CO2 flow of 5 mol s
-1

, suitable for a downstream bioproduction process. A 

selectivity index 6 for the absorption of H2S over CO2 was calculated based on the equation provided 

in Niknam et al. (Niknam et al. 2020) , which indicates that further optimization would be needed to 

aim for a higher selectivity index, up to values of 10 as reported previously in optimization simulation 

studies (Niknam et al. 2020) . It should be noted here however, that the content of H2S in the 

aforementioned study was only 2%, which can allow for selection of a lower strength NaOH absorption 

solution and therefore potentially decrease the CO 2 co-absorption.  

Furthermore, it should be mentioned that the standard Aspen Plus software presents a deviation from 

experimental data, when CO2 absorption in alkaline solutions is considered.  The rate-based model, 

that was also selected here, takes into account mass transfer limitations, however mass transfer is 

described based on the film-theory. The latter has reportedly led to overestimation of the amount of 

CO2 absorbed and therefore also of the heat released by the whole process. In literature a few 

approaches have been studied to tackle this limitation, in an effort to describe more properly the 

absorption phenomenon, as well as to include in the simulation the effect of the density and the 

viscosity of the alkaline solution. In particular, Moioli et al. suggested an external simulation subroutine 

to describe absorption with the Eddy-diffusivity theory, with verified simulation results that were closer 

to the experimental data (Moioli et al. 2013) . 

The daily molar flow for sulfur contained in the scrubbing liquid as HS
Ƅ
 , was used to calculate the 

number of coulombs needed daily, thus the current, to remove this sulfur amount electrochemically, 

assuming an 80% coulombic efficiency for sulfide oxidation towards sulfur formation. Next, the current 

applied was downsized by 2×10
5

 times, in order to be able to provide the required current within the 

limits of a lab scale experimental system (0 ð 5 A current output range of the power source). 

Subsequently, the flow of sulfur and subsequently of carbon in the system, were downsized by the 

same ratios.  
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2.3.2  Sulfide is removed continuously and S
0

 is recovered, at 300 A m
-2

 and 1.83 ± 0.08 

mol S L
-1

 d
-1

 loading rate  

Sulfide (HS
Ƅ
) was continuously provided in the electrochemical setup with a 1.10 ± 0.05 mol S d

-1

 

molar flow rate (corresponding to 1.83 ± 0.08 mol S L reactor

-1

 d
-1

 loading rate) (Figure 2.3A) and was 

first directed to the anodic compartment. During the 10 h (2×HRT) experiment a stable HS
Ƅ
 removal 

rate and HS
Ƅ
 removal efficiency were obtained, with averages of 0.99 ± 0.03 m ol S d

-1

 (Figure 2.6A) 

and 89.77 ± 1.88 %. The main product of the HS
Ƅ
 oxidation was elemental sulfur (S

0

), precipitated 

first on the electrode surface and afterwards in the different compartments of the electrochemical cell 

(Figure A1.3). The heavy precipitation of S
0

 is reflected through the high coulombic efficiency 

calculated for S
0

 production (CEHSƄ), which averaged 78 ± 4 % in the 10 h experiment (Figure 2.3B) 

and highlighted S
0

 dominance over the other possible HS
Ƅ
 oxidation products. Electrochemical 

oxidation of HS
Ƅ
 to S

0

 is a 2 e
Ƅ
 process, therefore in a galvanostatically controlled cell it will be the 

first reaction conducted as the more energetically favourable (this thesis, paragraph 1.2.2). 

The HS
Ƅ
 not converted, was then directed with the flow to the cathodic compartment and was 

eventually released with the cathodic effluent, redirected to the gas absorption as scrubbing liquid 

(Figure 2.1), with a 0.08 ± 0.05 mol S d
-1

 flow rate (Figure 2.3A). Concurrently, 0.06 ± 0.04 mol 

SO4

2Ƅ
ðS d

-1

 and 0.01 ± 0.01 mol SO 3

Ƅ
ðS d

-1

 were released with the reactor effluent. The high 

standard deviations observed for both SO4

2Ƅ
 and SO3

Ƅ
 flow rates are a result of the hysteresis in their 

production compared to S
0

. As highlighted by the increase in the molar flow rate of these two sulfur 

oxyanions with the experimental time, initially S
0

 was mainly produced and eventually SO4

2Ƅ
 was 

consuming 37 ± 6 % of the e
Ƅ
 provided to the system (Figure 2.3B, CE for SO4

2Ƅ
, CESO4). In the first 

4 hours of the experiment 24 ± 1 % of the e
Ƅ
 were consumed for HS

Ƅ
 oxidation to SO4

2Ƅ
, a more 

oxidized product following an 8e
Ƅ
 electrochemical reaction (this thesis, paragraph 1.2.2). However, 

observing the 3 sampling times (Figure 2.3B) a steady increase in the CESO4 can be seen, as a result 

of the SO4

2Ƅ
 concentration increase in the electrochemical cell. This CESO4 increase added to a higher 

than 100% total CE% at 10 h experimental time. Thus, a possible contribution to this higher than 

100% total CE%, with the low pH in the anodic compartment (pH = 2.6 ± 0.5 established at 8 and 

10 h) excluding the scenario of polysulfides formation (Mao et al. 1991; Pourbaix 1966) , is indirect 

oxidation of sulfide to SO4

2Ƅ 
via anodic O 2 production or further oxidation of S

0

 deposited on the 

electrode surface to more oxidized products (Behm and Simonsson 1997). 
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Figure 2.3 ð Panel A: The sulfur molar flow rate (NS in mol S d
-1

) for HS
Ƅ
 in the inflow (pink circles) and 

HS
Ƅ
 (black circles), SO4

2Ƅ
 (black triangles) and SO3

Ƅ
 (black diamonds) in the outflow, cathodic effluent 

and Panel B: Coulombic efficiency (CEHSƄ in (%) for S
0

 production(trellis patterned pink bars) and CESO4  

in (%) for SO4

2Ƅ 

production (upward diagonal pink bars)), obtained during the 10 h of experimental 

cycle. The error bars represent the standard deviation of n=3 experimental replicates. 

 

A combination of pH < 7  and high current resulted in S
0

 prevalence as the primary product of the 

HS
Ƅ
 oxidation and the increased S

0

 precipitation (Figure A1.3B and A1.3C) (Behm and Simonsson 

1997). The S
0

 particles produced by anodic oxidation were precipitating partially in the bottom of the 

anodic compartment (Figure A1.3B) and then with the continuous electrolyte flow were directed to the 

connective bottle between anodic and cathodic compartment, and were precipitated (Figure A1.3C). 

The S
0

 particles that remained suspended, were subsequently filtered through the filter cloth. The 

increased recovery of the removed H2S in the form of S
0

 except was for demonstrating the successful 

application of electrochemistry for waste gases treatment, also the main limitation of this experimental 

study due to clogging of the system. Therefore, it is suggested here that a scaled up application of 

electrochemical HS
Ƅ
 oxidation should abandon the regular channel flow cell design, commonly used 

in chloralkali industry and in lab -scale electrolysis cells and move towards a tank cell design (Arenas 

et al. 2020) , that would allow for precipitation of the formed S
0

 particles at the bottom of the tank, 

without interfering with the electrolyte recirculation flow.  
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Nevertheless, the decreased pH in the last experimental sampling times (pH < 3 at t= 8 and 10 h) 

raises concerns on the mechanism of HS
Ƅ
 removal. In order to comment on the mechanism, we 

attempted to set a sulfur balance across the electrochemical cell for the 10 h of the experimental 

period (in triplicate) (Figure A1.4), by collecting S
0

 particles from the precipitation bottle, the filter 

connected to the outflow of the precipitation bottle, as well as partially, from the electrochemical 

reactor. Although in total average 13.5 ± 1.5 g of sulfur (HS ð S) were removed in the 10 h, the solid 

sulfur collected was 5.2 ± 0.5 g. The total sulfur that would enter the reactor in the first 4 h was 

calculated at 5.9 ± 0.6 g. Therefore, we could not exclude the possibility that sulfide (HS
Ƅ
/H 2S(aq)) 

was removed as S
0

 mainly during the first 4 ð 5 h (pH=6.3 ± 0.6 at t=4h) of the experimental period 

and then, due to the pH decrease in the anodic compartment (pH=2.7 ± 0.7) , sulfide was also 

partially removed as H2S gas from the reactor via volatilization. The aforementioned could also explain 

the higher than 100% total coulombic efficiency at 8 and 10 h sampling time (Figure 2.3 B).  However, 

one should keep in mind that the collection of S
0

 particles from the electrode surface or the tubing 

connections in the electrochemical cell was not possible, therefore the above described numbers and 

hypotheses for the sulfide removal should be considered with caution.  

 

2.3.3  The electrochemical system recovers the alkalinity required for continuous gas 

absorption and CO2 is completely removed from the system  

Key contributor to the operational costs of gas absorption is the NaOH solution used as it is the single 

chemical input for the absorption and the electricity use for flows recirculation and heat exchange is 

limited (Mcintush et al. 2013). In the three experimental runs conducted here, NaOH was recovered 

through cathodic OH
Ƅ
 production, providing a clean, devoid of S

0

 precipitates, NaOH solution (Figure 

A1.3D) for reuse in gas absorption. The total alkalinity (titration to pH 4.5) was used here to assess 

the effectiveness of the electrochemical cell in the recovery of NaOH used initially for the gas 

absorption and thus the recovery of sodium ions and the production of hydroxyl ions with cathodic 

water reduction (Figure 2.4A). The 2.26 ± 0.08 mol Na
+

 d
-1

 flow entering the electrochemical cell 

were compensated at 8 h of operation, as the Na
+

 outflow averaged 2.22 ± 0.22 and 2.25 ± 0.22 

mol Na
+

 d
-1

 at the 8 and 10 h sampling points (Figure 2.4A). The Na
+

 were entering the 

electrochemical cell with the synthetic solution and the cathodic compartment through the CEM, to 

compensate for the flow of the electrons, used for sulfide oxidation. The total alkalinity of the scrubbing 

liquid entering the electrochemical system was at average 1.46 ± 0.01 eq d
-1

 and continuously 1.30 

± 0.07 eq d
-1

 of total alkalinity were outflowing from the cathodic compartment (Figure 2.4A). The 

lower total alkalinity outflowing the electrochemical cell is attributed to the partial removal of the 

absorbed CO2 in the scrubbing liquid (Figure 2.5), by escaping the anodic compartment due to the 

decrease of pH to values lower than 4. The removal of CO2 in this way resulted also in a minimum 

amount of CO 2 released with the produced NaOH solution, which averaged  0.01 ± 0.00 from the 
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0.53 ± 0.01 mol CO 2 d
-1

, present in the CO3

2Ƅ
 form considering the >12 pH of the cathodic effluent.  

 

 

Figure 2.4 ð Panel A: Sodium ions molar flow rate (NNa in mol Na
+

 d
-1

) (circles, left axis) and total 

alkalinity flow rate (NTalkalinity in eq d
-1

) (triangles) and Panel B: Alkalinity presented here as total 

alkalinity (in eq d
-1

) (triangles), bicarbonate alkalinity (eq d
-1

) (circles) and hydroxide alkalinity (in eq 

d
-1

) (diamonds),  evolution in the inflow (pink) and outflow (black) of the electrochemical reactor 

obtained during the 10 h of experimental cycle. The error bars represent the standard deviation of n=3 

experimental replicates. 

 

The synthetic solution containing carbonates, bicarbonates, hydroxides, but also sulfide ions is rather 

complex to distinguish the contribution of the individual alkalinities to the total with a titration at the 

two common alkalinity points (pH=8.3 and pH=4.5). Therefore, an attempt to calculate and present 

the two forms of alkalinity of interest for this system, bicarbonate and hydroxide alkalinity was 

calculated here (Figure 2.4B). In natural waters a number of factors can contribute to total alkalinity, 

one of them being sulfide ions (HS
Ƅ
). Thus an interference with the bicarbonate analysis with the 

common titration method is expected (Lu Wang et al. 2014). This is demonstrated in the bicarbonate 

alkalinity result calculated for the synthetic solution, which averaged 1.27 ± 0.06 eq HCO 3

Ƅ
 d

-1

 for 

the 10 h of experiment for the three replicates (Figure 2.4B), although the result of the CO2 headspace 
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analysis was 0.53 ± 0.01 mol CO 2 d
-1

 (equal to 0.53 ± 0.01 eq HCO 3

Ƅ
 d

-1

) (Figure 2.5) which is in 

accordance with the HCO3

Ƅ
 concentration in the synthetic solution.   

 

 

Figure 2.5 ð Carbon dioxide molar flow rate (NCO2 in mol CO2 d
-1

) (circles, left axis) and pH (triangles, 

right axis) evolution in the inflow (pink) and outflow (black) of the electrochemical reactor obtained 

during the 10 h of experimental cycle. The error bars represent the standard deviation of n=3 

experimental replicates. 

 

The hydroxide alkalinity, calculated as the difference between the total and the bicarbonate alkalinity, 

outflowing from the cathodic compartment was at average 1.15 ± 0.07 eq d
-1

, or differently, 1.15 

mol NaOH d
-1

 could be distributed back to the gas absorption column. This is a more than 6 times 

higher NaOH flow compared to the inflow hydroxide alkalinity (Figure 2.4B), meaning that the 

electrochemical cell could successfully regenerate NaOH to be used on site for gas absorption. 

However, if this stream would be upsized by 2 × 10
5

 times, the flow of produced NaOH would be 

230 kmol d
-1

, or, to be able to compare with Table 2.3, 2.66 mol s
-1

. This means that with the 

electrochemical cell operated at the present mode, 60% of the NaOH initially used for gas absorption 

could be recovered. This lower than 100% recovery cannot be attributed to inefficiency of the 

electrochemical cell to recover NaOH, as from an incoming flow of 0.26 ±  0.01 mol OH
Ƅ
 d

-1

 the cell 

operation managed to provide  1.15 ±  0.07 mol OH
Ƅ
 d

-1

, as outflow of the cathodic compartment. 

This lower, than initially used for absorption, resulting NaOH strength is mainly attributed to Na
+

 

consumed by non-converted HS
Ƅ
, produced by oxidation SO4

2Ƅ
 and HCO 3

Ƅ
/CO 3

2Ƅ
 remaining in the 

electrolyte. 

Therefore, a future system should be optimized towards minimizing even further the CO2 absorption 

in the gas absorption unit, as well as increasing the residence time of the scrubber derived liquid in 

the electrochemical reactor to increase HS
Ƅ
 removal without increasing SO4

2Ƅ
 production. The 

remaining CO2 will end up in the regenerated NaOH as CO 3

2Ƅ
 since the pH of the electrochemical 



CHAPTER 2 

69 
 

cell outflow is 12.5 ± 0.8. The absorption of H 2S and CO2 gases in Na2CO3, among other alkali 

solutions, has been studied and implemented as well. Both H2S and CO2 can be absorbed in Na2CO3 

producing NaHS and NaHCO 3. Guo et al. (Q. Guo et al. 2018)  have quantified the reaction rates of 

the two absorption reactions, commenting that the absorption of H2S in Na 2CO3 will take place 500 

times faster than the CO2. This difference, if exploited with a strategy similar to the one discussed in 

paragraph 2.3.1 , can lead to further selective absorption of H2S over CO2. Further operation of the 

gas absorption column with the current, non-optimized system, would require a 40% compensation 

with a new NaOH solution, if the gas absorption column and the electrochemical cell were to run in 

parallel.   

 

2.3.4  Stable operation at 6.51 ± 0.43 V cell voltage maintained during 10 h ex periment 

The electrochemical operation was stable during the 10 h experimental operation in tandem with the 

sulfide removal. The combination of the stability in these two parameters resulted also in a stable and 

relatively low energy input for the electrochemical sulfide removal achieved in the 3 experimental runs 

(Figure 2.6A). An average 6.51 ± 0.43 V cell voltage was obtained during operation under 300 A m
-

2

 constant current density (Figure 2.5B). Accordingly, a stable anode potential (EWE) was maintained 

during operation with an average 1.28 ± 0.07 V vs SCE. The ~10% increase of the EWE between time 

0 and 10 h (Figure 2.6B) can be attributed to the decrease of pH in the anodic compartment from an 

initial 12.05 ± 0.93, which quickly dropped to 6.34 ± 0.51  in 4 h of operation, to a final 2.57 ± 

0.61 (Figure 2.5), which according to the Nernst equation would lead to an anode potential increase 

of 0.22 V (taking into account the difference between pH=6.34 and final pH=2.57) (Allen J. Bard 

and Faulkner 2001). The difference between the EWE increase expected and the one recorded, can be 

attributed to pH differences between the bulk electrolyte and the electrode surface, temperature 

deviation in the lab environment and analytical errors. The stable anode potential and cell voltage 

during the operation suggest that no inactivation of the anode active surface or development of 

internal resistance differences due to membrane fouling from solids precipitation took place. Thus, a 

longer electrochemical operation could have been possible, was it not the blocking of the system with 

S
0

 particles.  
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Figure 2.6 ð Panel A: Sulfide removal rate (mol S d
-1

) (full grey bars), cell voltage (V) (striped grey bars) 

and electricity input per sulfur removed (KWh kg S
-1

) (black diamonds) and Panel B: Cell voltage (Ecell, 

in V) (grey line) and anode potential (EWE, in V vs SCE) (pink line), averaged for the 10 h of experimental 

cycle. The error bars represent the standard deviation of n=3 experimental replicates. 

 

An average 4.96 ± 0.11 kWh kg S
-1

 energy investment was required to remove sulfur efficiently from 

the electrochemical system for 10 h. Compared to similar previously tested systems, the cell voltage 

obtained here was higher (Vaiopoulou et al. 2016), due to the lower solution conductivity and due to 

the pH difference evolution between the anodic and cathodic compartments (Allen J. Bard and 

Faulkner 2001). The high sulfide content of this stream resulted in a continuous and increased electron 

donor availability in th e system, leading to an energetically efficient process operation. Therefore, the 

only possibility for an efficient electrochemical sulfide treatment is continuous operation and well-

designed S
0

 precipitate separation system to establish a long-term operation.  

 

2.4  Conclusion 

This study was constructed aiming to simulate the selective H2S absorption from a geothermal gas in 

NaOH and describe the role of electrochemical treatment in the recovery of the NaOH used for 

absorption, along with the recovery of the H2S absorbed, as S
0

. Using the Aspen Plus software a large-

scale gas absorption column to treat 0.4 kg of gas per second was simulated and effectively downsized 
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to enable the recovery possibilities examination in a lab-scale electrochemical system. The 

electrochemical cell was operated continuously for 10 h with the main limitation of the experimental 

time being S
0

 precipitation in the reactor and the connecting tubing. In the experimental time achieved 

here, the HS
Ƅ
 was removed from the scrubbing liquid (synthetic solution) with 90% efficiency, while 

producing 1.15 mol d
-1

 NaOH to be further used in continuous gas absorption. The electrochemical 

cell, controlled at 300 A m
-2

, obtained and maintained a 6.5 V average cell voltage, which resulted 

in an average energy input of 5 kWh for the removal of 1 kg of sulfur entering the system. This value 

could be decreased with optimisation of the system and the environmental impact of the electricity 

provided could be compensated with renewable energy sources to power the electrochemical cell. 

In this way, an up-scaled electrochemical system could continuously recover 60% of the NaOH solution 

used for gas absorption of an H2S loaded gas stream. Key advantage of the tested system was also 

that no additional electrolytes, therefore chemicals, were needed for the operation of the 

electrochemical cell, as the scrubbing liquid was serving as both anolyte and catholyte. A future 

application of the proposed system should consider optimization of the gas absorption simulation for 

further minimization of the CO 2 absorbed, selection of an electrochemical cell design that would allow 

for efficient precipitation of S
0

 without interference with the recirculation tubing, such as a tank cell 

design, and a sustainable solution for the compensation of the 40% of the NaOH flow still needed for 

continuous gas absorption. Finally, the effect of the remaining HS
Ƅ
 and CO 3

2Ƅ
 in the produced NaOH 

solution in the gas absorption process needs to be further studied, to verify whether the presence of  

CO3

2Ƅ
 will aid further selectivity of H2S absorption, or induce clogging upon accumulation of 

carbonate precipitates. 
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Abstract 

Electrochemical sulfide removal can be attractive as a zero-chemical-input approach for treatment of 

waste streams such as spent caustics coupled to caustic recovery. A key concern is possible decline in 

catalytic activity, due to passivation from deposited elemental sulfur (S
0

) on the anode surface and 

stability limitation, due to sulfide oxidation under highly alkaline conditions. In this study, six 

commercially available electrode materials (Ir Mixed Metal Oxide (MMO), Ru MMO, Pt/IrOx, Pt, PbOx 

and TiO2/IrTaO 2 coated titanium-based electrodes) were tested to investigate the impact of the 

electrocatalyst on the process efficiency in terms of sulfide removal and final product of sulfide 

oxidation, as well as to determine the stability of the electrocatalyst under high sulfide concentrations 

(50 mM Na 2S) and high alkalinity (pH>12). Short -term experiments showed that the catalyst type 

impacts the anode potential and the sulfide oxidation reaction products. Longer-term experiments 

under current densities up to 200 A m
-2

 showed a high differentiation in stability performance among 

the catalysts. Ru MMO was the most active towards sulfide oxidation with a coulombic efficiency of 

63.2 ± 0.5% at an average anode potential of 0.92 ± 0.17 V vs SHE. Ir MMO was the most stable, 

preserving 100% of its original catalyst loading during the tests. The results demonstrated that Ru 

MMO and Ir MMO were the most suitable electrode materials for sulfide oxidation under highly 

alkaline conditions, while the need for establishing a good trade-off between activity, stability and cost 

still persists. 
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3.1  Introduction 

Sulfide can be present in high concentrations in industrial wastewaters, such as geothermal brines (El-

Sherif et al. 2010) and spent caustic streams (SCS) (Ateya et al. 2005; Dutta et al. 2008; Pikaar et al. 

2015). The high alkalinity (5 ð 12 wt% NaOH) and sulfidic content (0.1 ð 4 wt% sulfide-S) of SCS limit 

the feasibility of biological treatment. Consequently, treatment of SCS mostly relies on chemical 

dosing, which incurs large caustic consumption and operational costs (Vaiopoulou et al. 2016). In this 

context, an interesting and chemical-free alternative method is electrochemical sulfide oxidation. In 

addition to its chemical-free nature, another advantage of the electrochemical method is the sulfide 

recovery in the form of elemental sulfur (S
0

), along with the recovery of hydrogen gas (H2), as 

potentially high value compound (Dutta et al. 2008; Rabaey et al. 2006; Vaiopoulou et al. 2016) .  

Electrochemical sulfide oxidation includes a variety of both direct and indirect sulfide oxidation 

reactions that can simultaneously take place under a wide potential range. In the case of indirect 

oxidation, sulfide is oxidized through intermediate oxidants (OH·, O2, Cl2) that are anodically 

produced (Pikaar et al. 2011a). The final products of oxidation can be a mixture of S
0

, polysulfides, 

sulfate (SO4

2Ƅ
) and thiosulfate (S2O3

2Ƅ
) (Mao et al. 1991; Miller and Chen 2005; Pikaar et al. 2011b) . 

The oxidation products depend on the electrode material used and the operational conditions, such 

as the sulfide concentration, the pH, the convection and the potential of the anode (Dutta et al. 2009; 

S. Song et al. 2008; Vaiopoulou et al. 2016) . When S
0

 is produced through direct sulfide oxidation 

(i.e. a 2-electron process), it is deposited on the anode surface (Vaiopoulou et al. 2016). As S
0

 is an 

excellent insulator with a high resistivity (~ 10
15 

Ý m), its deposition results in a decrease in the active 

electrode surface area (Fornés and Bisang 2017). This results in an increase of the anode potential, 

thus increasing the power requirements of the system, and ultimately results in complete anode 

passivation (Dutta et al. 2009). This phenomenon is typically illustrated during galvanostatic 

experiments, where a punctual and dramatic increase of the anodic potential reflects the start of O2 

evolution co-occurrence, after a threshold loss of the anode active surface area for sulfide oxidation.  

A wide variety of electrode materials has been tested for anodic sulfide oxidation. Common carbon-

based materials such as graphite plates (Anani et al. 1990) and carbon felt (Ateya et al. 2005) have 

low cost and although they mainly produce S
0

, that can be recovered, suffer from electrode 

passivation, requiring surface regeneration (Dutta et al. 2009). A major disadvantage of carbon-

based electrodes is that carbon can thermodynamically be oxidized to CO2 from potentials as low as 

E
0

CO2/C

 

= 0.207 V vs standard hydrogen electrode (SHE) (Fabbri et al. 2014). This can result in 

dissolution of the electrode itself, simultaneously with the onset of oxygen evolution at increasing levels 

of electrode passivation (Yi et al. 2017).  

Non-carbon-based electrodes, such as titanium (Ti) oxide ceramic (El-Sherif et al. 2010), platinum 

(Kharafi et al. 2010; Ramasubramanian 1975)  and nickel (Behm and Simonsson 1999) electrodes 
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have been investigated in industrial wastewater treatment applications, in particular for geothermal 

brines or white liquor from the pulp and paper industry. The reported drawbacks of the 

aforementioned electrodes include activity loss due to S
0

 particles accumulation on the electrode 

surface, reduced kinetics towards sulfide oxidation (Lawrence et al. 2002; Waterston et al. 2007) and 

catalytic surface poisoning due to the formation of metal-sulfide films (Behm and Simonsson 1999; 

Kharafi et al. 2010; Miller and Chen 2006) .  

Considering the above limitations, Ti-based electrodes coated with a thin active layer of Mixed Metal 

Oxides (MMO) (Ch Comninellis and Vercesi 1991) have been proposed for treatment of sulfide 

containing sewage, since they possess high stability (Cherevko et al. 2016; Pikaar et al. 2011a)  and 

a good perfor mance towards sulfide oxidation (Pikaar et al. 2011b; Vaiopoulou et al. 2016) . A 

consideration when using MMO electrodes is their high manufacturing costs as they employ rare 

metals as catalysts. Nevertheless, these electrodes present excellent electrocatalytic activity and stability 

compared to the so far examined carbon- and Pt-based electrodes (Katsounaros et al. 2014) in 

alkaline electrolytes and the alternative catalysts investigated at present have not yet been proven 

stable under real-life conditions (F. Song et al. 2018). So far, different noble metal coated and MMO 

electrodes, such as Pt/Ir, PbO2, PdO/Co 3O4 and RhOx/TiO2 coated Ti-based electrodes, were tested 

for the electrochemical treatment of tannery wastewater with sulfide concentrations ranging between 

5 and 10 mM (Szpyrkowicz et al. 2005). Depending on the electrode material, more than 90% sulfide 

removal was achieved in a 15-40 min electrolysis time, with indirect sulfide oxidation through oxygen 

being the most probable oxidation mechanism. The feasibility of electrochemical sulfide removal from 

sewage (i.e. ╔ 0.3 mM sulfide) using 5 different MMO coated Ti-based electrodes, Ta/Ir, Ru/Ir, Pt/Ir, 

SnO2 and PbO2, was investigated at a current density of 100 A m
-2

. Higher than 70% sulfide removal 

and coulombic efficiencies (CE) were achieved through indirect sulfide oxidation and without anode 

passivation (Pikaar et al. 2011b) . Continuous sulfide oxidation in alkaline wastewater (~ 300 mM 

sulfide) was achieved at 200 A m
-2 

with Ir MMO anodes (Vaiopoulou et al. 2016). The sulfide removal 

reached 80% and the CE was higher than 68%, with SO4

2Ƅ
 or S2O3

2Ƅ
 as main products of indirect 

sulfide oxidation.  

The above described studies highlight that several aspects drive the selection of the electrode material, 

including: (i) activity for sulfide oxidation in a specific alkaline stream; (ii) required electrode service 

life; (iii) concentration range of the sulfide and (iv) targeted product(s). While most studies on alkaline 

sulfidic waste streams have focused on proof of concepts for sulfide removal (Anani et al. 1990; Behm 

and Simonsson 1997; Mao et al. 1991; Selvaraj et al. 2016; Vaiopoulou et al. 2016)  limited 

knowledge exists on the catalytic activity and stability of the proposed electrodes, certainly in 

relationship to each other. They do not provide a stability assessment or comparison of the 

performance of different electrodes. Monitoring of the sulfide oxidation side-products has not been 

conducted, except for the study of Vaiopoulou et al., but the electrochemical response to these (e.g. 
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anode potential shifts and evolution of anode coating) is not reported. A study on electrochemical 

sulfide oxidation from white liquor with high sulfidic content and high alkalinity was provided by Behm 

and Simonsson, where limited stability of an iridium-tantalum oxide coated titanium-based electrode 

was reported under operation at high current densities. Nevertheless, no surface analysis was 

conducted and only a single electrode material was tested. 

Therefore, this study aimed to investigate the performance of different electrode materials under these 

harsh conditions. A series of batch and continuous tests were conducted to study the behaviour of the 

catalytic material (Ir MMO, Ru MMO, Pt/IrOx, Pt, PbOx and TiO2/IrTaO 2), in highly alkaline (pH > 

12) concentrated sulfidic solutions (50 mM). The electrodes were selected based on their high activity 

towards either the sulfide oxidation or the oxygen evolution reaction, depending on the catalyst 

employed, proven in previous studies. The different sulfide oxidation products were analysed to assess 

the activity of these materials. The stability of the electrodes was evaluated as the effect of operation 

at high current density (200 A m
-2

), high alkalinity and sulfide concentration, on the catalyst loading 

of the electrodes. Through the combination of the above described tests, the impact of the catalyst 

choice on the sulfide oxidation and the impact of the sulfide oxidation in alkaline conditions on the 

catalytic layer were established. 

 

3.2  Materials and methods 

3.2.1  Electrochemical reactor setup  

All electrochemical experiments were performed at ambient temperature (~ 25
 o

C) in a two-

compartment custom-made glass reactor (Figure A2.1) (K. Guo et al. 2014). The reactor was closed 

by a circular Teflon cap (14 cm diameter, 1 cm thick), where influent and effluent connections enabled 

continuous inflow and outflow of the anolyte, and allowed for sampling. The cathode compartment 

was not sealed to avoid pressure build up due to the formation of H2. Between the plastic cap and the 

glass anode compartment, a circular rubber sheet was used to seal the reactor and maintain 

anaerobic conditions. 

The anodic chamber with a working volume of 700 mL accommodated three independent plate 

electrodes as working electrodes (WE). The cathodic compartment was equipped with a cylindrical 

stainless steel mesh counter electrode (Solana, Belgium, 2 cm diameter, 8 cm height). The anodic and 

cathodic compartments were separated by a PEEK-reinforced anion exchange membrane type 

Fumasep FAB-PK-130 with a thickness of 130 m˃ (FUMATECH BWT GmbH, Germany). All reported 

potentials refer to standard hydrogen electrode (SHE) but were measured with a Ag/AgCl (3 M KCl) 

reference electrode (ALS, Japan, + 0.210 V vs SHE at 25 °C) and a calomel (saturated KCl) reference 

electrode (Bio-Logic SAS, France, + 0.244 vs SHE at 25 °C), located in the anodic compartment. 

Uncompensated resistances between each WE and the reference electrode were assessed by a current 
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interrupt technique (CI) (see A2.2.1) (Allen J. Bard and Faulkner 2001). The uncompensated 

resistances are reported in Tables A2.1 and A2.2 for the activity and stability tests, respectively and 

were considered for the correction of the obtained anode potentials during the activity tests (Equation 

A2.1.1.3 ). The obtained potentials during the stability tests were not ohmic drop corrected, since 

continuous recording of changes in the ohmic drop during the long-term experiment was not possible. 

The anolyte was continuously mixed at a rotation speed of 100 rpm using a magnetic stirrer (Model 

F203A0160CR S/N 318450, Carl Roth, Italy) to create sufficient mixing. 

 

3.2.2  Electrode materials 

The Ir MMO, Ru MMO, Pt/IrOx, Pt, PbOx (Magneto Special Anodes (an Evoqua brand), The 

Netherlands) and TiO2/IrTaO 2 by Yixing Entrustech Environmental Co., Ltd (China) were all made on 

Ti-based flat plates support with a surface area of 20 × 20 mm and 1 mm thickness. Since the catalyst 

loadings were all in the range of 5-15 g m
-2

 (except for PbOx, which had a loading of 150 g m
-2

), we 

consider that the electrocatalytic properties are not affected by the loading but rather by the catalyst 

composition and electrochemical surface area (ECSA). The electrical connection of the electrodes was 

prepared for operational use as previously described (X. Zhang et al. 2017), by using an insulated 

copper wire as current collector. The wire (1.5 mm single core copper wire with PVC coating) was 

glued with silver paint (RS components Ltd, UK, Europe) to the one 20 × 20 mm side of the plate 

electrodes. The latter was subsequently completely insulated with water proof epoxy glue (TS10, 

THORLABS, Europe), as well as the 1 mm thick sides, thereby restricting the active electrode surface 

to only one 20 × 20 mm side. All parameters taking into account the surface area will be related to 

this 400 mm
2

 geometric surface area.  

 

3.2.3  Experimental procedures 

3.2.3.1  Electrolyte preparation and sulfur species measurement 

An aqueous solution of 50 mM Na2S + 50 mM NaOH at a pH>12 and ~ 30 mS  cm
-1

 conductivity 

was used as anolyte, and a 50 mM NaOH solution as catholyte. A gas bag filled with N2 was 

connected to the anolyte storing bottle to preserve anaerobic conditions through the course of the 

experiment. Periodic anolyte samplings were performed every 2 h during operation and were treated 

and analysed as previously described (this thesis, paragraph 2.2.4.1). In the highly alkaline conditions 

(pH>12) preserved in this study, polysulfide formation occurring via chemical dissolution of S
0

 in the 

sulfide containing solution, is expected. However, polysulfides arising from dissolution of the formed 

S
0

 in the alkaline sulfidic anolyte (Mao et al. 1991)  were not measured separately and the difference 

of the mole balance was regarded here as the sum of elemental sulfur (S
0

) and polysulfides 
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(Vaiopoulou et al. 2016). The sulfide removal rates (R HSƄ) and the coulombic efficiencies (CEHSƄ) were 

calculated as previously described (this thesis, paragraph 2.2.5). CEHSƄ higher than 100% observed 

for some of the materials of this study are attributed to the formation of polysulfides since the latter 

necessitates less than 2 e
Ƅ
 per sulfide removed (Behm and Simonsson 1997; Mao et al. 1991; 

Vaiopoulou et al. 2016) . 

 

3.2.3.2  Activity and stability tests design 

Activity and stability tests were performed through electrochemical techniques with a 

galvanostat/potentiostat VSP-300 (Bio-logic SAS, France). Cyclic voltammetry (CV), linear sweep 

voltammetry (LSV) and CI were recorded for each electrode before and after the activity and stability 

tests. Fresh electrodes were used for both the activity and the stability tests. Prior to the activity tests, 

the apparent geometric capacitance (Capp) of the electrodes was measured by means of CV in a 

supporting electrolyte in absence of sulfide (Figure A2.2). A first CV allowed to quantify the geometric 

double-layer capacitance of each electrode in 50 mM NaOH solutions, in a potential window from 0 

to 1.2 V vs SHE (ĭ 0.2 to 1 V vs Ag/AgCl) at 5 mV s
-1

 scan rate (Figure A2.2). A second CV was 

recorded in a sulfide containing electrolyte (50 mM Na2S, 50 mM NaOH) to identify the sulfide 

oxidation onset potential (an example for the Ir MMO electrode is given in Figure A2.3). Batch activity 

tests were performed over a period of 24 h for each electrode. The potential of the electrodes was 

recorded by chronopotentiommetry (CP) at a constant current density of 50 A m
-2

. Specific focus was 

given to the WE potential since the anodic sulfide oxidation was the main interest in this study.  

Stability tests were performed with a total duration of 305 h in a continuous mode, at a hydraulic 

retention time (HRT) of 4 h under continuous mixing of the electrolyte (i.e. 8.8 mmol S per h). The 

anolyte was prepared and kept anaerobic in a 5 L Schott bottle, from where it was pumped into the 

anodic compartment using a peristaltic pump of the type 520 S (Watson-Marlow, USA). A constant 

current density of 125 A m
-2

 was applied for a period of 278 h. This constant current density value 

was reached after a stepwise increase of 25 A m
-2

 increments every ~ 1 h time, starting from 50 A m
-

2

 current density as a first step. This stepwise current density increase of 25 A m
-2

 increments was 

conducted a second time at t = 278 h starting from 50 A m
-2

 and increasing to 200 A m
-2

. This 200 

A m
-2

 step lasted 19 h, resulting in a total continuous test period of 305 h. The duration of the 

experiment was determined by the first apparent increase in the anode potential of one of the electrode 

materials tested. An electrode material was considered unstable when the WE potential experienced 

a fast increase (at least 3 V in less than 5 h), or when the cell voltage reached 10 V (Shao et al. 2014) . 

The instability of the electroactivity of the electrodes was characterized by a relative mass loss of the 

catalyst from the electrode surface (vide infra).  
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3.2.4  Characterization of physical and chemical properties of the electrodes 

The surface composition of the electrode catalyst was measured using scanning electron microscopy 

with energy dispersive X-ray spectroscopy (SEM/EDX) prior and after the stability tests by comparison 

of the initial catalyst to titanium (base material onto which the catalytic layer is coated) ratio with the 

final ratio. For each of the electrode materials provided by Magneto the catalytic layer of the electrodes 

was analysed using X-Ray Fluorescence (XRF) prior and after the long-term electrochemical oxidation 

process (stability tests). An XRF calibration curve was available for the catalyst loading. This calibration 

curve was used to express the remaining catalyst loading after the end of the stability tests as 

percentage of the initial loading. The calibration curve was adjusted for the different loadings. 

Therefore, a relative evolution of the catalyst loading of the electrodes was assessed, with an accuracy 

of ~ 0.2 g/m
2

 (~ 2%) dependent on the electrode coating. The SEM/EDX analysis was performed in 

a FEG SEM JSM-7600F (JEOL) and the XRF in a Fischerscope XRAY XAN (Fischer Technology Inc., US). 

Images before and after the experiments were taken at a magnification of 100 × and 400 × using 

20 keV, in 3 points, 1 located at the centre and 2 at the edges of each electrode.  

 

3.3  Results and Discussion 

3.3.1  Activity analysis of the electrodes 

Clear differences in surface roughness were observed between the electrode materials when the 

SEM/EDX images (Figure 3.1) were linked with the results of the capacitance measurements (Figure 

A2.2 and Table A2.3). The surface of the electrodes showed the characteristic òmud-crackedó 

structure, except for the TiO2/IrTaO 2 electrode material. In the case of MMO electrodes the formation 

of mud-cracks is providing a large surface area available for direct electron donor oxidation and at 

the same time it provides a high durability under the oxidative environment of gases evolution (Takasu 

and Murakami 2000) . Higher surface area has been reported to contribute to a higher double-layer 

capacitive current during potentiodynamic measurements, apart from the faradaic current arising from 

the sulfide used as electron donor and/or oxygen evolution (S. Song et al. 2008). The comparison of 

the capacitance between materials is an important aspect to consider for electrodes with the same 

projected surface area but differences in electron donor removal efficiencies. The double-layer 

capacitance has been proposed before as a possible method for estimation of the electrochemically 

active surface area of an electrode (Aromaa and Forsén 2006; McCrory et al. 2013) . 
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Figure 3.1 - SEM images of a) Ir MMO, b) Ru MMO, c) Pt/IrOx, d) PbOx, e) Pt and f) TiO2/IrTaO 2. 

Magnification 400 X using 20 keV, before electrochemical sulfide oxidation. The white bars represent 

10 µm.  

 

The capacitance measured by CV (Table A2.3) is an apparent geometric capacitance (Capp) since it 

can simultaneously arise from two different processes: (i) the double layer capacitance and (ii) the 

pseudocapacitance from the oxidation/reduction cycle of some elements (faradaic process), such as 

the metal oxides in MMO anodes (Amatore et al. 1998). High Capp was calculated for the Ir MMO and 

Ru MMO, with values of 19.4 and 27.2 mF cm
-2

, respectively, followed by the Pt/IrOx anode with 7.6 

mF cm
-2 

(Table A2.3). The Capp, linked with the SEM images (Figure 3.1), can suggest a higher specific 

surface area for Ir MMO and Ru MMO, compared to the rest of the electrode materials tested in this 

study, related to the òmud-crackedó structure that these electrodes present. The lower Capp of 3.1 mF 

cm
-2 

calculated for the Pt anode can be linked to a low specific surface area, when compared to MMO 

anodes within the potential range tested (S. Song et al. 2008). The same Capp value with Pt/IrOx (7.6 

mF cm
-2

) was calculated for the TiO2/IrTaO 2 anode. For the PbOx electrode, two oxidation peaks were 

observed, at 0.7 and 1.0 V vs SHE on the cyclic voltammogram (Figure A2.2). Two distinctive oxidation 

peaks have been reported n alkaline electrolytes (0.05 to 1.5 M NaOH), the first one attributed to 

PbO formation and the second to the oxidation of PbO to PbO2 in a potential range from 0.8 to 1.0 

V vs SHE (Rehim et al. 1997) . In this light, due to the peak-shaped CV produced by the PbOx electrode 

the Capp was not calculated (N/A). 

 

3.3.2  Catalyst choice impact on the final product of sulfide oxidation 

During the 24 h activity tests the species formed varied from S
0

 to other sulfur oxyanions and 

polysulfides, with an increase of products variation over time (Figure 3.2). The sulfur species produced 

from sulfide oxidation differed with the anode materials. Starting at a low anodic potential of ± 0.5 V 

vs SHE, direct sulfide oxidation to S
0

 is typically the first reaction to take place (Miller and Chen 2005) , 
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followed by S2O3

2Ƅ
, SO3

2Ƅ 

and SO4

2Ƅ
 (Mao et al. 1991) . This was reflected through the production of 

S
0

 as main sulfide oxidation product within the first 10 hours of the experiments in the case of the Pt 

and PbOx electrodes (Figure 3.2). After 10 hours, either S2O3

2Ƅ
 or SO4

2Ƅ
, depending on the catalytic

 

coating, are the main sulfide oxidation products observed as final products within the electrode 

materials. The production of sulfur oxyanions during the sulfide oxidation can be associated to high 

anodic potentials reached in the activity tests, at different time points for each of the electrodes (Figure 

3.3). The presence of SO4

2Ƅ
 as final sulfide oxidation product can be explained by substitution of the 

produced SO3

2Ƅ
 by the more thermodynamically stable SO4

2Ƅ
 (Mao et al. 1991) , with the ratio of 

SO4

2Ƅ
 over SO3

2Ƅ
 increasing after 6 h.  

Different shifts of WE potential towards higher potential values were observed for all of the electrode 

materials during the 24 h activity tests (Figure 3.3). For all electrodes except for the TiO2/IrTaO 2, the 

sulfide oxidation process started with direct sulfide oxidation to S
0

 at anode potentials in the range of 

0.2 to 0.8 V vs SHE. After initial direct sulfide oxidation to S
0

 at the beginning of the activity tests, the 

anode potential increased for all the materials to values higher than ± 1 V vs SHE, where 

simultaneously oxygen evolution and sulfide oxidation are being conducted. A typical onset potential 

for electrochemical sulfide oxidation in alkaline wastewater is -0.065 V vs SHE (Mao et al. 1991; 

Vaiopoulou et al. 2016) . Direct anodic sulfide oxidation results in formation of insulating S
0

 on the 

surface of the electrode. The presence of S
0

 leads to a decrease of the effective surface area of the 

anode available for sulfide oxidation, which, jointly with the consumption of the electron donor, will 

contribute to a certain increase of the anode potential (Longyao Wang et al. 2015). The increase in 

anode potential also leads to the formation of different products from sulfide oxidation (Miller and 

Chen 2006), either through direct sulfide oxidation towards more energetically demanding sulfur 

oxyanions or through indirect oxidation driven by oxygen evolution. 

Potential oscillations were observed for Ru MMO and Ir MMO during the first 10 - 11 h of the activity 

tests (Figure 3.3). Oscillations during electrooxidation of sulfide on metal oxide electrodes have been 

reported as a result of a passivation layer formed by S
0

 particles deposited at the surface of the catalytic 

layer of the electrode (A. Chen and Miller 2004; Fornés and Bisang 2017). This is followed by a 

deflaking of the S
0

 and periodic evolution of oxygen (A. Chen and Miller 2004) . For Ru MMO and Ir 

MMO, the oscillation amplitude varies with an average of 0.2 to 1.5 V vs SHE. Extensive study of 

potential oscillations in electrochemical sulfide oxidation on Pt electrodes has been conducted by Miller 

and Chen (Miller and Chen 2006) . According to their findings the upper zone of the oscillation can 

be attributed to oxygen evolution reaction and oxidation of sulfide to sulfur oxyanions such as SO4
2Ƅ

, 

while the lower areas can be attributed to the oxidation of sulfide to S
0 

or polysulfides, but without O2 

evolution. In this study, gas bubble formations coinciding with the upper part of the oscillations were 

visually observed, following after the deposition of S
0

 particles on the surface of the electrode. After 

consumption of the sulfide as electron donor the production of S
0

 is replaced by production of sulfur 
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oxyanions, which limits the oscillation phenomena and results in a stabilized ~ 1 V vs SHE anode 

potential, similar for both the Ir MMO and Ru MMO electrodes. The oscillatory behaviour of the 

potentials over time did not result in abrupt changes on the evolution of the sulfur products (Figure 

3.2).  

 

 

Figure 3.2 - Evolution over time of the sulfur species speciation during the activity tests of 24 h for all 

electrode materials. The electrode materials tested are stated by their name accordingly. Additional 

information on the evolution over time of the coulombic and removal efficiencies are given in Figure 

A2.4. 

 

A sulfide removal rate of 0.5 ± 0.0 mmol  h
-1

 was achieved by the Ir MMO electrode at a low average 

anode potential of 0.81 ± 0.30 V vs SHE and a CEHSƄ of 43.9 ± 0.2%. The change in the anode 

potential corresponds to the shift from an exclusive direct sulfide oxidation reaction to simultaneous 

sulfide oxidation and oxygen evolution reactions (Figure A2.2). Among all anodes tested, Ru MMO 

was the most energetically efficient material for sulfide oxidation, with a starting anode potential of 

0.41 ± 0.04 V vs SHE to a final of 1.07 ± 0.03 V vs SHE after 24 h, and  an average of 0.92 ± 0.17 

V vs SHE (Table 3.1). The sulfide removal rate achieved by the Ru MMO electrode for the total 24 h 
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of the activity test was 0.8 ± 0.0 mmol  h
-1

 with a CEHSƄ of 63.2 ± 0.5%. This is also depicted by the 

formation of more oxidized products such as S2O3

2Ƅ
 in the final hours of the activity tests.  

 

 

Figure 3.3 - Evolution of the ohmic drop corrected anode potential in the electrode materials (A: Ir 

MMO, Ru MMO, Pt/IrOx and B: PbOx, Pt, TiO2/IrTaO 2) during the activity tests at constant current 

density of j = 50 A m
-2

. The chronopotentiograms are representative of the triplicate experiments. The 

potential oscillation for Ir MMO and Ru MMO was observed in all independent recordings (Figure 

A2.5). 

 

Table 3.1 - Activity performance of the electrode materials: the sulfide removal rate (RHSƄ,
 

mmol h
-1

); 

the coulombic efficiency (CEHSƄ, %); the initial potential (Ei), final potential (Ef) and averaged potential 

(Eav) recorded all along the experiment, of the anodes (V vs SHE). Values reported for the total 

experimental period of the activity tests. The potentials are reported after ohmic drop correction (Table 

A2.4 and A2.5). All experiments were conducted in triplicate. 

Electrode 

material 

RHSƄ 

(mmol h
-1

) 

CEHSƄ 

(%) 

Ei  

(V) 

Ef 

(V) 

Eav 

(V) 

Ir MMO 0.5 ± 0.0  43.9 ± 0.2  0.18 ± 0.02  1.03 ± 0.01  0.81 ± 0.30  

Ru MMO 0.8 ± 0.0  63.2 ± 0.5  0.41 ± 0.0 4 1.07 ± 0.03  0.92 ± 0.17  
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Pt/IrOx 0.6 ± 0.0  47.7 ± 1.3  0.34 ± 0.08  1.68 ± 0.10 1.26 ± 0.60  

PbOx 0.8 ± 0.0  64.7 ± 0.3  0.25 ± 0. 01 1.47 ± 0.01  0.86 ± 0.37  

Pt 0.7 ± 0.0  58.9 ± 0.1  0.75 ± 0.07  1.74 ± 0.10  1.59 ± 0.32  

TiO2/IrTaO 2 0.5 ± 0.0  41.1 ± 4.2  1.42 ± 0. 14 1.41 ± 0. 13 1.39 ± 0.03  

 

 

The Pt/IrOx, Pt and TiO2/IrTaO 2 electrodes were considered the least suitable of the materials due to 

their high average anode potential. The high anode potential of 1.42 ± 0.14  V vs SHE observed in 

the beginning of the oxidation process for the TiO2/IrTaO 2 electrode was attributed to the oxygen 

evolution reaction taking place for the most part, with limited sulfide oxidation. This high average 

anode potential was expected for the Pt electrode due to its relatively low catalytic activity towards 

oxygen evolution (S. Song et al. 2008), which contributes to the high final anode potential of  1.74 ± 

0.10  V vs SHE obtained by this electrode. This also explains the low CEHSƄ of 41.1 ± 4.2%  obtained 

for this material, the lowest obtained among all the materials tested. In the case of Pt and Ru MMO, 

the S
0

 produced was visually observed either with deposition of the particles on the surface of the 

electrode (Figure A2.6) or with the changing of the electrolyte colour to yellow, which is associated 

with polysulfides formation after reaction of the produced S
0

 with the remaining sulfide, in alkaline 

solutions (Moo et al. 2018; Selvaraj et al. 2016) . The PbOx electrode achieved an apparent high 

sulfide removal rate (0.8 ° 0.0 mmol  h
-1

) with 64.7 ° 0.3% CEHSƄ and a low average (0.86 ° 0.37 V 

vs SHE) anode potential, but was not further considered as the most energetically efficient, due to the 

catalyst loss, that also raises concerns on the mechanism of sulfide removal. Overall, financial, as well 

as, environmental concerns raised by the fast dissolution of the catalytic layer of this electrode might 

hinder further application of this electrode for sulfide oxidation.  

 

3.3.3  Continuous evaluation of material stability 

3.3.3.1  Electrochemical measurements 

Continuous tests for material stability evaluation were performed on the electrode materials for 305 

h. The current density was increased stepwise from 50 to 200 A m
-2

 with 25 A m
-2

 increments to 

monitor the evolution of the anodic potentials in every current density step. To be able to compare the 

stability within the electrode materials, the tests were all stopped at the same time when one electrode 

(Pt/IrOx in this case) reached a cell voltage of 10 V (anode potential of > +5 V vs SHE).  

At current densities of 50 ð 200 A m
-2

 the Ir MMO anodic potential remained stable with an average 

of 1.82 ± 0.02 V vs SHE at the 200 A m
-2

 step. The Ru MMO showed stable and low operational 
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potentials, which were repeatable at the two stepwise increments of current density (up to 125 A m
-2

) 

(Figure 3.4). At the last current density step of 200 A m
-2

, the initial potential of Ru MMO anode was 

1.54 V vs SHE and increased to a final potential of 1.59 V vs SHE, with an average of 1.56 ± 0.02 V 

vs SHE (Figure A2.7 and Table A2.4). This was the lowest average anode potential achieved among 

all the electrode materials. The PbOx electrode showed also a repeatable performance at the two 

stepwise increments of current density with an average potential of 2.04 ± 0.04 V vs SHE obtained 

during the 200 A m
-2

 step.  

 

 

Figure 3.4 ð Evolution  of the anode potential with the current density recorded during the stability tests 

for all electrode materials. The stepwise increase in current density was performed twice at t = 0 (from 

50 to 125 A m
-2

; full bars, stated ô1õ) and at t = 278 h (from 50 to 200 A m
-2

, patterned bars, stated 

ô2õ). The stability tests were stopped for all electrodes once an electrode reached 5 V at the highest 

current density of 200 A m
-2

, here Pt/IrOx electrode at t = 305 h  (Figure A2.7 and Table A2.5). 

 

Both Pt and TiO2/IrTaO 2 catalysts showed an increase of their potential at the repeat of the current 

density stepwise increment. Among all the tested materials, Pt and TiO2/IrTaO 2 exhibit a higher 

average potential at 200 A m
-2

 of 2.60 ± 0.01 and 2.48 ± 0.01 V vs SHE, res pectively. Both materials 

preserved a stable anode potential in the last step. On the contrary, the potential of the Pt/IrOx anode 

was continuously increasing from 2.93 to 6.60 V vs SHE at 200 A m
-2

 (Figure A2.7 and Table A2.5). 
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This potential increase of more than 3 V over only 14 h suggested that the electrode either lost most 

of its catalytic layer or was largely  and increasingly  covered with insulating S
0

. 

 

3.3.3.2  Electrode surface characterization 

The passivation or loss of the catalyst layer at the electrode surface was assessed using SEM/EDX, and 

compared with the results obtained from XRF analysis. In the first case the surface composition was 

determined, with a spectrum of the elements present on the electrode surface (in depth of a few m˃). 

In this way remaining sulfur compounds on the electrode surface can also be detected, which indicates 

either S
0

 that has permanently covered the catalytic surface of the electrode, presence of sulfur ions, 

or metal sulfide bonds created during sulfide oxidation (for the exact nature of sulfur X-Ray 

photoelectron spectroscopy can be conducted). In the case of XRF the catalyst loading before and after 

use of the electrodes was recorded, to give a relative percentage change with respect to the original 

coating (Table 3.2).  

 

Table 3.2 ð Catalyst to base metal ratio changes after the stability tests analyzed with SEM/EDX and 

XRF. The initial and the final ratio are presented, the wt% of sulfur (S) on the catalytic surface and the 

percentage of the original coating remaining intact after the stability tests. SEM images after the 

stability tests are presented in Figure A2.8 and compositional variations based on SEM-EDX in Table 

A2.6. 

Electrode 

material 

SEM/EDX XRF  

Catalyst/ 

base metal 

ratio 

Initial ratio  Final ratio S (wt %) Final 

catalyst 

loading (%) 

Ir MMO Ir/Ti 26.67 ± 0.53 19.73 ± 0.60  0.37 ± 0.19  100 

Ru MMO Ru/Ti 0.64 ± 0.01  0.55 ± 0.01  1.00 ± 0.14  92 

Pt/IrOx Pt, Ir/Ti 0.69,           

0.22 ± 0.02  

0.00 ± 0.00  0.73 ± 0.40  0 

PbOx N/A  N/A  N/A  0.20 ± 0.28  66 

Pt Pt/Ti 5.92 ± 0.23  6.07 ± 0.17  9.10 ± 0.78  89 

TiO2/IrTa

O2 

Ti/Ir, Ta 
*

IrTaO2  11.7,        

32.2 ± 1.02  

0.67 ± 0.09  N/A  
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*

 layer not exposed 

 

Due to the complexity of the electrochemical phenomena taking place during sulfide oxidation, the 

catalytic surface changes can be attributed not only to S
0

 deposition, but also to a selective leaching 

and metal dissolution (Cherevko et al. 2016; Hamilton and Woods 1983; Martelli et al. 1994) . The 

XRF results showed 100% remaining coating for the Ir MMO while the SEM/EDX showed a decrease 

of the catalyst to base metal ratio from 26.67 ± 0.53 to 19.73 ± 0.60. This decrease of catalyst ratio 

could suggest S
0

 deposition, that covers part of the catalytic surface of the Ir MMO, rather than a loss 

of catalyst. The Ru MMO catalyst layer change correlated well with the stability tests results. The XRF 

results suggested that after the stability tests 92% of the catalytic coating remained intact. Likewise, the 

SEM/EDX results showed a rather limited decrease of 17% of the initial Ru/Ti catalyst relative to total 

surface composition (Table 3.2). This reduced catalyst over base metal ratio can be explained by S
0

 

deposition, but in part also by the catalyst leaching due to corrosion (Table 3.2). 

The XRF results for Pt and PbOx electrodes showed 89% and 66% of the catalyst loading, respectively, 

still coated on the Ti surface after the stability tests. In the literature, Pb or PbOx electrodes dissolution 

phenomena have been reported, where anodic Pb dissolution and film formation complex processes 

were taking place in alkaline wastewaters (Rehim et al. 1997; Rehim and Mohamed 1998; Van Hege 

et al. 2004; Y. Yang et al. 2016) . A brown-reddish colour was observed in the anolyte after the batch 

and during the continuous sulfide oxidation test, (Figure A2.9), that can be associated with dissolved 

PbO2 in the alkaline electrolyte (Vatistas and Cristofaro 2000). It is important to note that the 

mechanisms through which the PbOx electrode participates to sulfide removal can bring a negative 

rather than positive environmental effect on the industrial sulfide containing wastewater streams. 

The results of SEM/EDX and XRF of the Pt/IrOx electrode showed no remaining catalytic layer, which 

is in good agreement with the fast and large increase in the anode potential at the end of the stability 

tests. The SEM/EDX combined with the XRF results can be associated with the potential changes during 

the stability tests. However, to establish a better view on the catalytic changes and verify the results of 

the combined XRF and SEM/EDX surface analyses, measurement of the leached, in the electrolyte, 

catalysts via inductively coupled plasma optical emission spectrometry (ICP/OES) could be proposed 

for future stability studies. 

The full catalyst loss for the Pt/IrOx electrode corresponds to the decrease of the catalytic activity at 

high current density (increase of the anode potential of ~ 3 V in 14 h at 200 A m
-2

) (Figure A2.7). On 

the contrary, the most stable electrode, Ir MMO, preserved intact catalyst coating during the stability 

tests.   
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3.3.4  Implications and future perspectives 

One of the implications of this study is the unknown oxidation mechanisms that are governing the 

sulfide oxidation steps on the electrode surface. In Table A2.1 the oxygen evolution onset potential 

(OEP) and the sulfide oxidation onset potential (SOP) are given. It can be assumed that indirect sulfide 

oxidation (via O2 evolution) will be favoured for the electrodes with low OEP, which was the case for 

the MMO electrodes, Ir MMO, Pt/IrOx and TiO 2/IrTaO 2 (OEP = 0.80, 0.77, 0.75 V vs SHE). The OEP 

differences, dictated by the morphological differences and the catalyst composition, will result in 

different operational sulfide oxidation performances. In contrary, the electrodes with high OEP, such 

as Pt and PbOx in our study (1.01, and 1.06 V vs SHE, respectively) will mainly undergo direct sulfide 

oxidation. This is supported by the high CEHSƄ achieved by the Pt and PbOx electrodes (58.9 and 

64.7%, respectively) and the lower of the MMO electrodes. The Ru MMO constitutes an exception, 

which although presenting a low OEP (0.75 V vs SHE), achieved a high CEHSƄ of 63.2%. This indicates 

that the OEP cannot be considered as sole indicator of the oxidation mechanisms at different 

electrodes and both OEP and SOP, in combination with mechanistic studies are needed to determine 

the oxidation mechanisms at different electrodes.  

Further research is needed to establish the impact of phenomena such as the oscillations produced 

by sulfide oxidation and provide a quantitative assessment of how they affect the products of the 

oxidation and also the electrode lifetime. Monitoring of metal leaching should be considered in further 

studies, in order to establish corrosion rates (e.g. amount of catalyst leaching per surface per time) 

with respect to the specific catalytic materials and current densities applied. The 8% catalyst loading 

loss of the Ru MMO electrode in these 305 h of continuous operation raises concerns about its 

performance on future long-term applications, considering the high price of this catalyst. On the 

contrary, the five times higher price of the more stable Ir MMO suggests that a determination of a 

good balance between activity and stability of the electrode materials will be key for a future scale-up 

of the system. Longer-term (field) studies of the electrode performance operated with real SCS are 

needed to quantify the electrode lifetime. Further work should be implemented to compare the sulfide 

removal efficiencies, lifetime and price of the different electrodes to assess practical application of 

electrochemical sulfide treatment with the Ir MMO and Ru MMO electrodes. 

 

3.4  Conclusion 

We investigated the impact of the catalyst choice on the activity of the Ir MMO, Ru MMO, Pt/IrOx, Pt, 

PbOx and TiO2/IrTaO 2 electrodes towards sulfide oxidation and on their stability under operation at 

high sulfidic (i.e. 50 mM sulfide) and highly alkaline conditions (i.e. pH>12). Key finding of this work 

is that among all materials, the Ir MMO catalyst demonstrated excellent stability for  sulfide oxidation 

, reflected through the conservation of the catalysts layer throughout the 305 h of stability test. 
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Subsequently, the Ru MMO was proven active towards sulfide oxidation with a CE% of 63.2 ± 0.5 % 

and an average anode potential of 0.92 V ± 0.17 V vs SHE for a constant current density of 50 A m
-

2

. The Pt/IrOx electrode was proven unstable for sulfide oxidation under the experimental conditions 

applied in this study, by demonstrating an increase of 3 V and a total loss of the catalyst coating upon 

completion of the stability test. Finally, we concluded that the TiO2/IrTaO 2 electrode, was not a suitable 

material towards sulfide oxidation, as it was unable to operate at the low anodic potential that is 

desired for direct sulfide oxidation. 



 

CHAPTER 4  

 

 

 

 

 

 

 

Electrochemical treatment of industrial, sulfide containing 

wastewater 
 

 

 

 

 

 

 

Adapted from: 

 

Eleftheria Ntagia, Erika Fiset, Linh Truong Cong Hong, Eleni Vaiopoulou, Korneel Rabaey (2020). 

Electrochemical treatment of industrial sulfidic spent caustic streams for sulfide removal and caustic 

recovery. Journal of Hazardous Materials, Volume 388, 15 April 2020, 121770 , 

doi.org/10.1016/j.jhazmat.2019.121770 

 

https://www.sciencedirect.com/science/journal/03043894/388/supp/C
https://doi.org/10.1016/j.jhazmat.2019.121770


 

Abstract 

Alkaline spent caustic streams (SCS) produced in the petrochemical and chemical manufacturing 

industry, contain high concentrations of reactive sulfide (HS
Ƅ
) and caustic soda (NaOH). Common 

treatment methods entail high operational costs while not recovering the possible resources that SCS 

contain. Here we studied the electrochemical treatment of SCS from a chemical manufacturing 

industry in an electrolysis cell, aiming at anodic HS
Ƅ
 removal and cathodic NaOH, devoid of sulfide, 

recovery. Using a synthetic SCS we first evaluated the HS
Ƅ
 oxidation product distribution over time, as 

well as the HS
Ƅ
 removal and the NaOH recovery, as a function of current density. In a second step, 

we investigated the operational aspects of such treatment for the industrial SCS, under 300 A m
-2

 fixed 

current density. In an electrolysis cell receiving 205 ± 60 g S L
-1

 d
-1 

HS
Ƅ 

over 20 days of continuous 

operation, HS
Ƅ
 was removed with a 38.0 ± 7.7% rem oval and ~80% coulombic efficiency, with a 

concomitant recovery of a ~12 wt.% NaOH solution. The low cell voltage obtained (1.75 ± 0.12 V), 

resulted in low energy requirements of 3.7 ± 0.6 kWh kg
-1

 S and 6.3 ± 0.4 kWh kg
-1

 NaOH and 

suggests techno-economic viability of this process. 
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4.1  Introduction 

Spent caustic streams (SCS) are generated in various industries, including petrochemical refineries, 

the chemical manufacturing and the pulp and paper industry (Alnaizy 2008; Pokhrel and 

Viraraghavan 2004; Stephenson and James B. Blackburn 1997) at thousands of cubic meters annually 

(Ben Hariz et al. 2013; Zermeño -Montante et al. 2011). Depending on the production site, SCS can 

contain hydrogen sulfide (HS
Ƅ
), mercaptans, phenolic and hydrocarbon compounds, thus classified 

as sulfidic, naphthenic and cresylic SCS, respectively. The high alkalinity (5 ð 12 wt.% NaOH), sulfide 

content (0.5 ð 4 wt.% sulfide-S) and occasionally high temperature of the sulfidic SCS limit the 

feasibility of direct biological treatment. Therefore, chemical treatment is used in industry to treat SCS 

(Alnaizy 2008; Ben Hariz et al. 2013; S. H. Lin and Peng 1994; Zermeño-Montante et al. 2011). The 

methods followed include neutralization (Hawari et al. 2015) , conventional (Alnaizy 2008; Carlos and 

Clayton B. Maugans 2000; Hawari et al. 2015)  and advanced oxidation (Hawari et al. 2015; 

Zermeño-Montante et al. 2011), or a combination of the aforementioned (Sheu and Weng 2001). 

These methods are usually accompanied by high operational costs, due to high operational 

temperatures and pressures, the application of expensive chemicals and catalysts and the need for 

transport and storage of the chemicals (Alnaizy 2008; Vaiopoulou et al. 2016) .  

Electrochemical treatment is an interesting alternative to conventional methods as it provides a 

potentially more cost-efficient and more sustainable approach (Pikaar et al. 2015). For example, using 

sacrificial electrodes one can achieve an electrocoagulation process (Ben Hariz et al. 2013) or an 

electrochemically controlled Fenton process (Nuñez et al. 2009), where the coagulation is induced by 

electrolysis, instead of chemical addition. However, these approaches are limited by the regular need 

for electrode replacement and the lack of resource recovery. Another approach has been proposed 

by Zhai et al (Zhai et al. 2012), where, in a fuel-cell-assisted iron redox (FC-IR) process, sulfide is 

oxidized to elemental sulfur with concomitant regeneration of Fe(III) from Fe(II). This process included 

a Fe(III) sulfide oxidizing reactor, combined with a fuel cell for anodic Fe(III) regeneration. Elemental 

sulfur and power could be harvested from the system, however, in this case, as in the electrochemical 

Fenton processes, adjustment of the pH to acidic levels limits the efficiency of the process. In addition, 

pH regulation to acidic levels entails the risk of releasing sulfide contained in the wastewater, in the 

form of H 2S gas. Electro-electrodialysis (EED) and bipolar membrane electrodialysis (BEMD) were 

studied by Wei et al. (Wei et al. 2012, 2013)  on SCS. However, those systems were used solely for 

NaOH recovery, excluding information on the actual treatment of the SCS, e.g. the HS
Ƅ
 or Chemical 

Oxygen Demand (COD) removal.  

Direct electrochemical desulfurization of alkaline streams has been studied extensively (Anani et al. 

1990; Burke et al. 2002; Mao et al. 1991; Petrov and Srinivasan 1996) , with synthetic SCS, which 

might obscure difficulties occurring during treatment of real SCS. In addition, these studies were 

suffering from certain limitations, such as a lack of providing an application perspective overview 
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(Pikaar et al. 2015). Previously, we proposed a novel electrochemical method for wastewater 

desulfurization (Dutta et al. 2008; Rabaey et al. 2006; Vaiopoulou et al. 2016) , where in an 

electrolysis cell, simultaneous anodic HS
Ƅ
 oxidation to mainly elemental sulfur (S

0

) and cathodic NaOH 

recovery were conducted (Vaiopoulou et al. 2016). In that setup, NaOH was recovered as a 

concentrate via cathodic OH
- 

production, which combines with Na
+

 migrating from the anolyte to the 

catholyte. This allowed for additional S
0

 and hydrogen gas (H2) recovery, a potentially valuable 

resource. The operational costs in that case were mainly associated with the power input in the 

electrochemical cell, while the lower energy requirements of this method compared to advanced 

oxidation processes, are associated with lower CO2eq emissions (Chatzisymeon et al. 2013).  

We previously reported excellent performance on synthetic SCS treatment in an electrochemical flow 

cell (Vaiopoulou et al. 2016), where a 5.1 ± 0.9 wt.% NaOH stream was recovered and 

simultaneously HS
Ƅ
 was removed with 67 ± 5% removal efficiency at 50 A m

-2

. Still, these results were 

achieved with a synthetic SCS solely containing HS
Ƅ
. It is thus crucial to assess this treatment approach 

in a more complex matrix, loaded with complex organics additional to sulfide pollutants. This will 

allow for a realistic evaluation of the application potential of electrochemical industrial SCS treatment. 

In this work we investigated the direct electrochemical treatment of a real, industrial SCS. First, we 

studied the sulfide removal and the caustic recovery as a function of current density, using a synthetic 

SCS as electrolyte. The sulfide oxidation product distribution over time was also studied. As a second 

step we investigated the operational aspects of such treatment in a two compartment electrochemical 

cell configuration for the treatment of real SCS obtained from a chemical industry, under fixed current 

density. Finally, we assessed the feasibility of this treatment for real application with concomitant 

caustic regeneration on the industrial site, and proposed a preliminary economic assessment of this 

application.  

 

4.2  Materials and methods 

4.2.1  Cell configuration and electrochemical techniques 

All electrochemical experiments were conducted with a 20 × 5 × 2 cm , CEM divided, two 

compartment electrochemical cell as described in paragraph 2.2.2 of this thesis (additional tests were 

conducted in a three compartment cell, described in A3.1.2 and Figure A3.1). An iridium mixed-metal 

oxide titanium-based (Ti) electrode (Ir MMO) (Magneto Special Anodes (an Evoqua brand), The 

Netherlands) was used as anode and a stainless steel thin mesh (Solana, Belgium) was used as a 

cathode. The two electrodes were planar with a projected surface area of 100 cm
2

 (20 × 5 cm) and 

were positioned parallel to each other (distance between electrodes was ~8 mm). A saturated calomel 

electrode (SCE) (BAS Inc., Japan, +0.244 V vs. SHE at 25 
o

C) was used as reference electrode (RE) in 

the anodic compartment. All reported potentials refer to the standard hydrogen electrode (SHE). The 
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electrochemical cell was controlled galvanostatically with a DC power supply (Velleman LABPS3005 

0 ĭ 30 V, 0 ĭ 5 A, Belgium) and electrochemical techniques were performed with a VSP potentiostat 

(Bio-Logic Science Instruments SAS, France). All current densities are reported with respect to the 

projected surface area of the anode (0.01 m
2

). Prior to cell operation, the uncompensated resistance 

(Ru) between the anode and the reference electrode, and the cell resistance (Rcell) were measured with 

the current interrupt (CI) method (Allen J. Bard and Faulkner 2001) in 10 successive cycles (cycles of 

50 ms at 100 mA followed by 50 ms open circuit with a recording period of 0.2 ms ). The electrolyte 

used was synthetic SCS (1 M Na2S and 1 M NaOH) and the resistances measured were lower than 1 

Ý (Table A3.1). The anode potential (EWE) and cell voltage (Ecell) were monitored with the potentiostat 

by chronopotentiometry (CP).  

 

4.2.2  Analytical techniques 

Samples for sulfide (HS
Ƅ
), sulfite (SO3

2Ƅ
), thiosulfate (S2O3

2Ƅ
) and sulfate (SO4

2Ƅ
) analysis were treated 

with sulfide antioxidant buffer (SAOB) and analyzed with a 930 Compact Ion Chromatograph Flex 

(Metrohm, Switzerland), as described in Chapter 2. The sum of S
0

 and polysulfides was calculated as 

the difference between the initial sulfide added in the electrochemical reactor (in moles) and the rest 

of the soluble sulfur species (i.e. HS
Ƅ
, SO3

2Ƅ
, S2O3

2Ƅ
 and SO4

2Ƅ
), as described previously (Chapter 2). 

Organic solvents were analyzed with GC-2010 Plus AF IVD (Shimadzu, Japan), GC capillary column 

RTX-624, 0.18 mm internal diameter, 1 m˃ film thickness, 30 m length, temperature range 40 ĭ 240 

°

C. The total COD was analysed with Nanocolor® kits (Test 0 ð 29, 1 ð 15 g/L) (CODE; Macherey-

Nagel) (APHA et al. 1999). Conductivity was measured with a Consort C6010 conductivity meter 

(Consort, Belgium). The NaOH concentration was calculated by measuring the alkalinity, determined 

by titration with a Metrohm 719S titrino (Metrohm, Switzerland) using HCl 0.02 N (Chem-Lab Nv, 

Belgium). 

 

4.2.3  Experiments and conditions 

4.2.3.1  Batch mode operation with synthetic SCS feed  

Batch galvanostatic experiments of 8 h were performed initially in the two compartment 

electrochemical cell to determine the efficiency of HS
Ƅ
 removal and the distribution of the HS

Ƅ
 

oxidation products in a synthetic stream in function of time and supplied charge. A synthetic stream 

of 1 M Na 2S and 1 M NaOH w as used as anolyte and 1 M NaOH as catholyte. The total volume of 

each electrolyte solution was 500 mL and the electrolyte recirculation flow rate was 6 L h
-1

. Each 

compartment was connected to a 500 mL recirculation bottle. Galvanostatic experiments were run in 

duplicate at three different current densities of 100, 200 and 300 A m
-2

.  
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4.2.3.2  Continuous operation with real SCS feed in a two compartment electrolysis cell 

Continuous galvanostatic experiments with real SCS (Table 4.1) at 300 A m
-2

 were performed for a 

period of 20 days. The current density selection was based on previous results on synthetic SCS 

(Vaiopoulou et al. 2016) and on the batch tests conducted with synthetic SCS, as to maintain a high 

HS
Ƅ
 removal, without secondary pollution (production of sulfur oxyanions). The SCS was provided 

continuously at the anodic compartment of the cell while the catholyte, with a total volume of 500 mL 

was recirculated through a 500 mL Schott bottle. A 3 M NaOH solution was used initially (to limit 

ohmic drop) as catholyte. The anolyte flow and the catholyte recirculation rate were maintained at 

1.67 L d
-1

, resulting in a 205 ± 60 g S L
-1

 d
-1 

HS
Ƅ
 loading rate (for 0.4 L total electrochemical cell 

volume). The operational performance of the cell during the continuous experiments was monitored 

based on the same parameters as during the batch experiments, with an additional monitoring of 

organics in both the anodic and cathodic compartments and the energy input for SCS (wastewater) 

treatment (Eq. S6). A 10 L gas bag filled with nitrogen gas (N2) was connected to the anolyte storage 

bottle to maintain anaerobic conditions during the experiment. Preliminary batch tests to assess the 

suitability of a three compartment electrochemical cell were conducted with real SCS and are 

described in A3.1.2. 

 

Table 4.1 ð Characteristics of the industrial spent caustic stream (SCS) used as anolyte in the continuous 

experiment* 

Parameter Range 

pH >13  

Electrical Conductivity 0.6 ð 0.8 S cm
-1

 

NaOH   3.8 ð 4.1 M (15.1 ð 16.3 wt.%) 

NaHS 1.4 ð 1.9 M 

COD**  158.2 ð 179.2 g L
-1

 

* the range of parameters is the result of different batches of the industrial SCS 

** ~35% is represented by low-molecular weight organic solvents 

 

4.2.4  Calculations 

The operational performance of the electrochemical cell was monitored based on the HS
Ƅ
 removal 

efficiency (REHSƄ) (Equation 4.1), coulombic efficiency (CEHSƄ) (Equation 2.4), NaOH recovery efficiency 
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(RNaOH) (Equation 4.2), the energy input for the removal of HS
Ƅ
 as pollutant (Equation 2.5), the energy 

input for recovery of NaOH (Equation 4.3) and the energy input for wastewater treatment (Equation 

4.4). 

 

ὙὉ   Ϸ  
   

 
ρππ                                                                                      (4.1) 

where CHS

in

 is the HS
Ƅ
 concentration in the inflow (mol L

-1

), CHS

an

 is the concentration in the anolyte 

(mol L
-1

), Q is the flow rate of the influent SCS in the anolyte and ɲt is the time period between two 

sampling times (d). 

 

Ὑ Ϸ  
  

ρππ                                                                                (4.2) 

where nNaOH

t0

 and nNaOH

ɲt
 are the number of OH

Ƅ
 moles in the catholyte at time t = 0 and  ɲt, 

respectively.  

The energy input for the sulfur species removal (kWh kg
-1

 S removed), the NaOH recovery (kWh kg
-1

 

NaOH recovered), and the SCS treatment (kWh m
-3

 SCS treated), were calculated based on equations 

2.5, 4.3 and 4.4 , respectively: 

 

ὉὲὩὶὫώ Ὥὲὴόὸ Ὢέὶ ὔὥὕὌ ὶὩὧέὺὩὶώ 
 

Ȣ

 
                                                                             (4.3) 

where mNaOH_recovered is the mass of NaOH recovered during the experiment in the catholyte i.e. the 

final mass of NaOH subtracted by the initial one (kg NaOH) (the catholyte was running in batch, both 

in the configuration with the synthetic and the industrial SCS). 

ὉὲὩὶὫώ Ὥὲὴόὸ Ὢέὶ ύὥίὸὩύὥὸὩὶ ὸὶὩὥὸάὩὲὸ 
 

Ȣ

                                                                     (4.4) 

where QSCS is the inflow SCS flow rate (L d
-1

).   

 

4.2.5  Elemental sulfur characterization 

To verify the purity and morphology of the S
0

 particles, contact angle measurements and scanning 

electron microscopy with energy dispersive X-ray spectroscopy (SEM/EDX) were conducted. The 

determination of the affinity of the S
0

 particles towards water was conducted with contact angle 

measurements. Prior to the measurement, the sample was completely dried for 12 h at 30 °C. A high 
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speed ball mill was used to powder the S
0

 sample collected. A sample of 2.5 g was pressed for 30 

min with a carver platen press under P > 165 MPa. Contact angle measurements were conducted 

using 10, 2 and 20 µL drops of deionized water, pure diodomethane and glycerol, respectively, as 

solvents, using the sessile drop method in a Tracker tensiometer (Teclis, France). The composition of 

the S
0

 particles collected from the anodic chamber were measured with SEM/EDX, in a FEG SEM JSM-

7600F (JEOL) at a magnification of 400 × using 20 keV.  

 

4.3  Results and discussion 

4.3.1  Sulfide is anodically removed and caustic is cathodically recovered, as a function of 

current density   

4.3.1.1  Applied current density dictates anode potential and thus sulfur speciation 

Batch experiments of 8 h were conducted on synthetic SCS in a two compartment electrochemical cell 

to study the effect of current density on the sulfide oxidation product distribution and the operational 

efficiency of the system. As expected, with an increase of current density, the REHSƄ (Figure 4.1a) 

increased, from 27.2 ± 1.1% at 100 A m
-2

 to 54.9  ± 0.5 and 59.2 ± 0.0% at 200 and 300 A m
-2

, 

respectively. With an increase of the applied current density, a more diverse product spectrum was 

observed over time (Figure 4.2).  

In a galvanostatically controlled electrochemical cell performing anodic sulfide oxidation, the product 

distribution will be determined by the availability of the electron donor (sulfide bulk concentration and 

mass transport properties), the current density (itself defining the anode potential and therefore the 

possible oxidation reactions (Allen J. Bard and Faulkner 2001)) and the electrode material used (this 

thesis, Chapter 3). In a batch mode operation and under high current densities, sulfide is quickly 

depleted and the anode switches to more positive potentials, where more energy demanding sulfur 

oxyanions will start being produced, with concomitant oxygen evolution (this thesis, Chapter 3) (Table 

A3.2). Behm and Simonsson (Behm and Simonsson 1997) reported side reactions and production of 

more oxidized sulfur forms at increased anode potentials, which was signified by a decrease in their 

coulombic efficiency towards sulfur formation. In their study with domestic wastewater (< 0.5 mM HS
Ƅ
 

L
-1

), Pikaar et al (Pikaar et al. 2011b)  also reported increased production of sulfur oxyanions, due to 

the limited availability of electron donor close to the electrode surface. 

In our study, at 100 and 200 A m
-2

, S
0

 was the main oxidation product after 8 h, while at 300 A m
-2

 

the S
0

 to removed HS
Ƅ
 ratio decreased, due to increasing production of sulfur oxyanions. More 

specifically, this ratio, determined analytically, was 0.6 ± 0.0, 0.8 ± 0.0, 0.4 ± 0.1 at 100, 200 and 

300 A m
-2

 respectively. This corresponded well with the calculated CEHSƄ of 69.3 ± 8.8%, 77.8 ± 10.2 

% and 41.3 ± 2.8% (Figure 4.1b). The CEHSƄ obtained at 300 A m
-2

 was lower than at 200 A m
-2

, 
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indicating that oxygen evolution occurred after consumption of HS
Ƅ
 as the available electron donor 

and the increased production of more oxidized sulfur oxyanions, mainly thiosulfate (S2O3

2Ƅ
) (Figure 

4.2). The oxygen evolution reaction at the anode is further supported by the increased anode potential, 

which was -0.16 ± 0.09 to 0.00 ± 0.04 and 0.57 ± 0.54 V vs. SHE, obtained at 100, 200 and 300 

A m
-2

, respectively (Figure 4.1c). At 300 A m
-2

, the anode potential was initially 0.10 ± 0.01 V vs SHE 

and after 4 h, oscillated between values of 0.2 and 1.4 V, with an average value (for experimental 

period 4 to 8 h) of 1.03  ± 0.4 V vs SHE (Figure A3.2) where both HS
Ƅ
 oxidation and oxygen evolution 

happened concomitantly, in a process previously described (A. Chen and Miller 2004; Fornés and 

Bisang 2017) (this thesis, Chapter 3). At pH 13 ð 14 the expected theoretical potential for oxygen 

evolution is between 0.46 and 0.40 V  (Allen J. Bard and Faulkner 2001) and the expected oxygen 

production was also visually confirmed. Therefore, after the first 4 h of this experiment concomitant 

sulfide oxidation and oxygen evolution occurred, which renders the concomitant direct and indirect 

oxidation a plausible scenario.  

 

 

Figure 4.1 ð Operational performance during the 8 h batch experiments given as a) sulfide removal 

efficiency (REHSƄ, %), b) coulombic efficiency (CEHSƄ, %) and c) anode potential (EWE, V) for 100, 200 

and 300 A m
-2

, n = 2 replicates  
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Figure 4.2 ð Evolution of sulfur speciation during the batch experiments with synthetic SCS, operated 

at a) 100 A m
-2

, b) 200 A m
-2

 and c) 300 A m
-2

, n = 2 replicates  

 

4.3.1.2  Effect of current density on NaOH recovery and energy input 

The increase of current density resulted in a decrease of alkalinity and conductivity of the anolyte, as 

a result of the HS
Ƅ
 oxidation and Na

+

 migration to the cathode, with a concomitant increase in the 

catholyte, as a result of the OH
Ƅ
 evolution and Na

+

 accumulation. Through the experiments, the 

alkalinity and conductivity of the anolyte decreased from an initial 11.8 ± 0.0 wt.% and 0.6 ± 0.0 S 

cm
-1

, respectively, to reach 5.9 ± 0.1 wt.% and 0.3 ± 0.0 S cm
-1

, respectively, at 300 A m
-2

. In 

contrast, the alkalinity and the conductivity of the catholyte increased from an initial 4.5 ± 0.5 wt.% 

and 0.2 ± 0.0 S cm
-1

, respectively, to reach 9.0 ± 0.0 wt.% and 0.5 ± 0.0 S cm
-1

, respectively, at 

300 A m
-2

. This catholyte alkalinity increase corresponded at 300 A m
-2

 to a RNaOH  of 80.4 ± 0.6 % 

(Figure 4.3a).  

The electrical power input per electron is determined by the cell voltage. Since in electrochemical 

treatment the power input is the main contributor to operational costs, the cell voltage needs to be 

minimized, for a given current density. The average cell voltages measured here were 1.32 ± 0.09, 

1.67 ± 0.04 and 2.44 ± 0.58 V for 100, 200 and 300 A m
-2

, respectively (Fig 4.3b). The high 

standard deviation observed at 300 A m
-2

 was induced by the large potential oscillations.  

Hence, an increase of applied current density was related to an increase in the REHSƄ but also in the 

energy input, which increased from 3.2 ± 0.3 to 9.9 ± 1.7 kWh kg
-1

 S removed, for 100 to 300 A m
-

2

,
 

respectively (Figure 4.3c). The increase of energy input can be attributed to an increase of the anode 

potential, which can be attributed partially to a decrease in the anolyte conductivity and partially to a  

combination of HS
Ƅ
 depletion and initial coverage of the active sites on the electrode surface with the 

deposition of S
0

 particles (Figure 4.1c). The contribution of the 50% decrease in conductivity during 
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the 300 A m
-2

 can be narrowed down to 60 mV, considering the 0.02 Ý uncompensated resistance 

(Table A3.2) measured with the CI method prior to this experimental cycle.  

  

 

Figure 4.3 ð Operational performance during the 8 h batch experiments given as a) cathodic NaOH 

recovery efficiency (RNaOH, %) and b) average cell voltage (Ecell, V), c) energy input for sulfide removal ( 

in kWh kg
-1

 S removed), d) energy input for cathodic recovery of NaOH (in kWh kg
-1

 NaOH produced) 

for 100, 200 and 300 A m
-2

, n = 2 replicates  

 

The S
0

 particles produced on the electrode surface will either enter the electrolyte through chemical 

dissolution to form polysulfides (Mao et al. 1991) , or in the colloidal form by a de -flaking process 

through oxygen bubble formation on the anode (Vaiopoulou et al. 2016), or they will get further 

oxidized to sulfur oxyanions (Behm and Simonsson 1997). Behm and Simonsson (Behm and 

Simonsson 1997) described a plausible scenario where the outer particles of the sulfur layer are 

released in the electrolyte, while the inner particles are oxidized to SO4

2Ƅ
 and S2O3

2Ƅ
. When high 

anodic potentials are reached during electrolysis, it is possible that the S
0

 particles are removed by 

oxygen bubbles formed on the electrode surface. This is a plausible scenario for the batch experiment 

at 300 A m
-2

, after the first 4 h (Figure A3.2), where the anode potential reached an average value of 

1.03 ± 0.4 V vs SHE. Ultimately, when the electrolyte is saturated with sulfur, the S
0

 particles start to 

precipitate (Mao et al. 1991)  in the electrolyte chamber, or in the electrolyte recirculation bottles.     

 Similarly to the REHSƄ, the energy input for NaOH recovery increased with increasing current density 

from 1.4 ± 0.3 kWh kg
-1

 NaOH at 100 A m
-2

 to a maximum of 3.6 ± 0.8 kWh kg
-1

 NaOH produced 

in the cathodic side at 300 A m
-2

 (Figure 4.3d). This energy input is in the same range as conventional 
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membrane electrolysis in the chlor-alkali industry providing NaOH with an energy investment of ~2.5 

kWh kg
-1

 NaOH (Brinkmann et al. 2014). Evidently, the process described here fulfils several functions 

simultaneously, which implies that the energy investment principally needs to be redistributed over the 

different products. 

 

4.3.2  Continuous sulfide removal and caustic recovery with electrochemical treatment of 

industrial SCS  

4.3.2.1  Sulfide is continuously and selectively removed at 1.75 V average Ecell 

To assess the applicability of electrochemical SCS treatment, a two compartment electrochemical 

system was operated with industrial SCS (Table 4.1) for 20 successive days at 300 A m
-2

. The main 

product of the HS
Ƅ
 oxidation was S

0

, which was supported by the high CEHSƄ and the low EWE (0.09 ± 

0.02 V vs SHE), maintained during the course of the experiment (Figure 4.4, Table 4.2). This low 

anode potential excludes the possibility of oxygen evolution during this experiment, therefore the main 

mechanism for S
0

 removal from the electrode surface appears to be through chemical dissolution in 

the alkaline sulfidic electrolyte. A joint mechanism where the outer particles of the sulfur layer are 

released while the inner particles are further oxidized to sulfur oxyanions could also be considered 

here (Behm and Simonsson 1997; Vaiopoulou et al. 2016), hence a limited increase of sulfur 

oxyanions in the anolyte effluent was observed (Figure 4.4). This electrode self-cleaning process could 

be the main reason for the stable operation of the system during the 20 days of operation. The lower 

EWE obtained with the industrial SCS at the same current density, compared to the synthetic, is attributed 

to the higher concentrations of sulfide and NaOH. The mass transport of sulfide to the electrode 

surface is key in an electrochemical oxidation process and thus higher concentration in the electrolyte 

will lead to higher concentration at the electrolyte ð electrode interface, increasing the coulombic 

efficiency. However, this assumption requires model verification.   

The average REHSƄ obtained with a 205 ± 60 g S L
-1

 d
-1 

HS
Ƅ
 loading rate was 38.0 ± 7.7%, combined 

with a stable Ecell ( 1.75 ± 0.12 V) (Table 4.2). The Ecell obtained with the industrial SCS is comparable 

with the one obtained with the synthetic SCS, which shows that the proposed system can work equally 

well when applied for the treatment of more complex matrices. A REHSƄ of 67% when operated at 200 

A m
-2

 was reported by Vaiopoulou et al. with synthetic SCS and similar electrolysis system (loading 

rate 47 g S L
-1

 d
-1

). The differences in the HS
Ƅ
 loading rates can explain the differences in REHSƄ 

(Vaiopoulou et al. 2016) and also be linked with less oxidized sulfur species produced (Figure 4.4).  
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Table 4.2 ð Operational and performance parameters of the continuous industrial SCS treatment at 

300 A m
-2

 

Parameter Unit Average ± SD  

Anode potential (EWE) V vs SHE  0.09 ± 0.02  

Cell voltage V 1.75 ± 0.12  

HS
Ƅ
 removal efficiency (REHSƄ) % 38.0 ± 7.7  

Anodic coulombic efficiency (CEHSƄ) % 79.9 ± 31.0  

NaOH recovery efficiency (RNaOH) % 54.0  

Cathodic coulombic efficiency (CEOH

-

) % 33.0*  

Energy input for wastewater treatment  kWh m
-3

 SCS treated 75.3 ± 5.0  

Energy input for pollutant removal kWh kg
-1

 S removed 3.7 ± 0.6  

Energy input for NaOH recovery kWh kg
-1

 NaOH 

recovered 

6.3 ± 0.4  

* The average achieved during the continuous operation (99.3 % highest achieved) 

 

 

Figure 4.4 ð Averaged sulfur speciation during the electrochemical oxidation of industrial SCS and the 

anolyte, under continuous operation for 20 days at 300 A m
-2

 

 

The particles of S
0

 collected in the anodic chamber and on the anode surface were identified as 

hydrophobic ( a̒v

water

 = 71.4
o

) (Figure A3.3) and orthorhombic sulfur ( -hS8) (Figure 4.5). The production 

of hydrophobic -hS8 has been previously reported in chemical and electrochemical HS
Ƅ
 oxidation 

(Selvaraj et al. 2016; Steudel 1996). The S
0

, provided it does not contain contaminations,
 

could be 
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used as commercial sulfur for sulfuric acid production, in lithiumðsulfur batteries or, as feedstock for 

production of polymeric materials (Chung et al. 2013). 

 

 

Figure 4.5 ð a) SEM image and b) SEM-EDX spectrum of S
0

 recovered from the anodic chamber of the 

electrochemical cell working with industrial SCS. Magnification 400 X using 20 keV. The black bar 

represents 50 µm. 

 

Beside the high HS
Ƅ
 concentration and high alkalinity, the SCS contained a matrix of low molecular 

weight (cut-off < 200 g mol
-1

) organic compounds, representing ~35% of the total COD, while the 

rest is represented by HS
Ƅ
. There was no oxidation of organics observed in the anodic compartment 

and no organic compounds were transported to the cathodic compartment (Figure A3.4). 

Consequently, deterioration of the operational performance of the anode and the CEM due to the 

presence of organics is not expected during the 20 consecutive days of operation. This opens an 

avenue for selective removal of sulfide and reuse of these organic solvents on-site, if the sulfide load 

is further minimized.  

 

4.3.2.2  Concentrated NaOH (12.3 wt.%) is recovered in the cathodic compartment  

Both the alkalinity and the conductivity increased in the cathodic compartment following the recovery 

of NaOH during the 20 days of continuous operation. The final NaOH concentration achieved was 

24.7 wt.%, with a concomitant conductivity increase from 0.9 to 1.2 S cm
-1

 (Figure 4.6). The result 

was a net increase of NaOH concentration by 12.3 wt.%, which provides a solution that can be reused 

for several industrial applications on site (Alnaizy 2008; Brinkmann et al. 2014) . For example, 5 ð 10 

wt.% NaOH solutions are commonly applied in oil refineries for hydrocarbons desulfurization (Ben 

Hariz et al. 2013) . It is important to note here that no sulfur components, nor organics, were detected 

in the catholyte, which highlights the cleanness of the recovered NaOH. In the treated SCS (anodic 

compartment), the alkalinity decreased from an initial NaOH concentration of 15.7 ± 0.6 wt.% to a 

final 12.5 ± 0.6 wt.% with a corresponding decrease of conductivity from 0.7 ± 0.1 S cm
-1

 to 0.6 ± 
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0.1 S cm
-1

. A decrease in alkalinity, and thus conductivity, of the treated SCS is essential to enable 

further treatment of the stream in a wastewater treatment plant (WWTP) and it is the basis of the cost 

alleviation that electrochemistry is providing to SCS treatment. 

 

 

Figure 4.6 ð Evolution of NaOH concentrations (wt.%) in the SCS influent, anodic effluent and cathodic 

batch, during the 20 days of continuous operation at 300 A m
-2

 

 

The CEOH

Ƅ
 reported (Table 4.2) was the highest value achieved during the 20 days of continuous 

operation. The value was calculated for the first 2 days of the experiment due to a decrease over time 

of the CEOH

Ƅ
 to reach 10% after the 20 days of operation. This was indicated as well by the stabilization 

in the NaOH concentration after 15 days of operation, which was attributed to the high strength of 

NaOH obtained in the catholyte and induced the termination of the continuous operation. The low 

CEOH

Ƅ
 at the end of the experiment can be explained by 2 phenomena: 1) hydroxide ions (OH

Ƅ
) back-

diffusion from the cathodic to the anodic compartment and 2) water (H2O) transport from the anodic 

to the cathodic compartment due to osmotic pressure. The OH
Ƅ
 back diffusion has been reported in 

many studies for electrolysis cells used for NaOH recovery (H.-W. Lin et al. 2016; Pikaar et al. 2013; 

Thiel et al. 2017) and it is more prominent when the catholyte is strongly alkaline (pH > 12 ð 13) 

(Jörissen and Simmrock 1991). The mole balance between the OH
Ƅ
 theoretically consumed during 

HS
Ƅ
 oxidation and the alkalinity decrease measured in the anodic compartment suggest that the 

decrease of alkalinity over time was due to OH
Ƅ
 back diffusion (Figure A3.5). However, due to the 

complexity of the HS
Ƅ
 oxidation reactions, closing the H

+

/OH
Ƅ
 balance to establish that effect remains 

difficult.  
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4.3.2.3  Sulfide is removed and NaOH is recovered from industrial SCS at 75 kWh m
-3

 SCS 

treated 

The operation of the cell for 20 days resulted in an average energy investment of 75.3 ± 5.0 kWh 

m
-3

 SCS treated (Table 4.2). For the electrochemical treatment of sulfide-loaded tannery wastewater 

with a COD range from 0.25 to 2.5 g L
-1

, Szpyrkowicz et al. (Szpyrkowicz et al. 2005) tested three 

different titanium based electrodes, in an undivided electrolysis cell, operated at 200 and 400 A m
-2

 

current density. Depending on the electrode tested, the energy input was ranging from 50 to 250 kWh 

m
-3

 treated wastewater as a result of the high cell voltages, between 5 and 7 V. The COD in the current 

study, comprising the sulfide and the organics, was ~169 g L
-1

 and the cell voltage measured was 

1.75 ± 0.12 V (Table 4.2). The low cell voltage is mainly the result of the very high conductivity of the 

SCS, in combination with the close spacing between the electrodes (~ 8 mm). The low cell voltage 

enables SCS electrochemical treatment with high energy efficiency.  

Only few studies have reported the energy investment for sulfide removal. For example, Wang et 

al. (Y. Wang et al. 2012), reported an energy input of approximately 139 kWh kg
-1

 S for the 

electrochemical removal of sulfide from an oil field effluent, that was treated with coagulation and 

precipitation prior to the electrochemical treatment. In that study, similarly, Ir MMO anodes were used, 

but with lower sulfide concentration (50 mg S L
-1

), compared to the present study. The energy input 

towards sulfide removal in the current study is lower when compared to previous work (Szpyrkowicz 

et al. 2005; Y. Wang et al. 2012; Wei et al.  2013). This can be explained by the low cell voltage, the 

high sulfide loading and the continuous mode, where the latter two, constantly supply electron donor 

in the system. Most of the studies for sulfide removal are reporting a general cost per kg sulfur 

removed, thus further comparison for the energy and cost efficiency is discussed in section 4.3.3.  

The approach followed here resulted in a high energy efficiency, compared to what has been 

reported before for similar systems used to recover NaOH from SCS. In a comparative study Wei et 

al. compared EED and BMED for the treatment of SCS from the petrochemical industry and calculated 

the energy input as 8.06 and 8.20 kWh kg
-1

 NaOH recovered for the EED and BMED, respectively. In 

our study, the energy input for NaOH recovery was 6.3 ± 0.4 kWh kg
-1

 NaOH, which showed a 

positive advantage to other similar systems. However, conventional membrane electrolysis in the chlor-

alkali industry is providing NaOH with an energy investment of ~2.5 kWh kg
-1

 NaOH (considering 

that per ton Cl2 produced, 1.1 ton of NaOH is coproduced) (Brinkmann et al. 2014; Chaplin 2019) . 

The highest power investment in our case though can be downsized with the scale-up of the system. 

Moreover, the extra energy input when compared to chlor-alkali industry, is compensated by using a 

waste stream instead of pure NaCl as feedstock. It is important to note that a key driver for the SCS 

treatment besides minimizing NaOH needs is a reduction in the salinity of the effluents, as their 

treatment and discharge is becoming more and more problematic.  
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4.3.3  Economic perspectives of a scaled-up system 

A preliminary economic feasibility study was based on the laboratory scale system (total 

electrochemical cell volume of 0.4 L) operation during the treatment of industrial SCS in a continuous 

mode for 20 days (Table 4.3). The process cost estimation was based on a 40 m
3

 daily (Table A3.3) 

SCS supply to the electrochemical cell, which results in 2.3 ton of S. Considering the operational 

efficiency of the studied system, after the process still 1.4 ton of HS
Ƅ ð S will be directed to further 

treatment, assumed with H2O2-based oxidation. This means that the use of H2O2 as an oxidant for 

the treatment of SCS, can be avoided for 0.9 ton of HS
Ƅ
 ð S. Consequently, the cost savings from the 

proposed technology were calculated based on the savings in H2O2 consumption from the partial 

removal of HS
Ƅ
 with electrochemical treatment and the recovery of NaOH. No discharge costs for 

either the H2O2 treatment or the electrochemical treatment were taken into account in the cost 

estimation calculations, as the outflow of both options will be directed for further treatment, COD and 

SO4

2Ƅ
 removal, in a WWTP. 

 

Table 4.3 - Process cost estimation, based on an assumed electrochemical unit treating 40 m
3

 of SCS 

per day (additional information given in Table A3.3) 

Operational conditions  

Required current input (A) 
[1]

 38,240  

Applied current density (A m
-2

) 300 

Required anode surface area (m
2

) 239.5  

Power input (kW) 6967  

Energy consumption (kWh d
-1

) 1,606  

Operational costs    

Daily electrolysis energy costs (ú d-1

) 177.8  

Daily energy costs for SCS treatment (ú m-3

 SCS) 4.44 

Daily energy cost for HS
Ƅ
 removal (ú kg

-1

 S) 0.20 

Daily energy costs for NaOH production (ú kg
-1

 NaOH) 0.24 

Total investment costs (ú) [2]

 1,437,126  

Total daily costs for SCS treatment (ú m-3

 SCS) 231.12  
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Total daily costs for HS
Ƅ
 removal (ú kg

-1

 S) 4.69 

Total daily costs for NaOH production (ú kg
-1

 NaOH)
 [3]

 8.41 

Cost savings  

Daily savings from NaOH recovery (ú) [4]

 333 

Daily savings from decreased H2O2 consumption (ú) [5]

 1,949  

Total daily savings (ú) 2,282  

[1] the theoretical current required to remove 877 kg HS
Ƅ
, removed in the laboratory system with an 

average of 80% coulombic efficiency 

[2] 6,000 ú m
-2

 assumed as total investment costs, including electrodes (Ir MMO as anode and 

stainless sheet as cathode), membranes (considering the CEM from Fumasep, reported in paragraph 

2.1) and engineering costs. The total investment costs were multiplied with the calculated required 

anode surface area 

[3] calculated based on the total energy input divided by the total NaOH recovered in an up-scaled 

system, that would exhibit the NaOH recovery efficiency obtained in the lab tests and taking into 

account the investment costs  

[4] calculated with an average 54% coulombic efficiency for NaOH recovery (obtained during the 

batch test conducted at 300 A m
-2

)  

[5] calculated based on reaction stoichiometry, where 4 mol of H 2O2 are required for 1 mol of H 2S 

 

From the economic assessment it is clear that the main contributor to the total cost of the treatment is 

the investment cost which is mainly attributed to the electrodes and the membranes (Chaplin 2019; 

Pikaar et al. 2013; Thiel et al. 2017) . Without taking into account the cost savings, the total cost for 

sulfide removal is in the lower price range reported for physicochemical and biological removal of 

sulfide (Pikaar et al. 2013). More specifically, in the lowest range are H2O2 oxidation and biological 

treatment with 1.9 ð 4.2 and 1.5 ð 8.9 ú kg
-1

 S, respectively, while with a range between 3.7 ð 7.2 ú 

kg
-1

 S iron salts addition is a more costly approach (L. Zhang et al. 2008). It is worth mentioning 

though that these ranges are reported for sewer control, where the sulfide concentrations are 3 orders 

of magnitude lower than in the treated SCS of this study. The total daily savings can be translated to 

savings of 2.6 ú kg
-1

 S removed, which is in the same range as what has been reported for cost savings 

in replacement of physicochemical methods for H2S removal with biotrickling filters (Lebrero et al. 

2011). 

Regarding the NaOH recovery, Wei et al. (Wei et al. 2013)  reported an energy cost of 0.62 ú kg
-1

 

NaOH produced when treating SCS with EED or BMED. This is more than 3 times higher than what 
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was achieved in the current study. Compared to the typical commercial NaOH solution (50% w/w), 

the current system resulted in an energy cost that is 2 times higher than the commercial 0.123 ú kg
-1

 

NaOH (Thiel et al. 2017), albeit in the commercial case 0.075 ú kWh
-1

 are considered for the cost 

estimation.  

There is clearly some uncertainty in this figure. However, from the total daily savings calculated it is 

obvious that galvanostatic electrolysis can be a profitable approach for industrial SCS treatment. In 

addition to that, the revenue from sulfur recovery, hydrogen production and even heat (Du et al. 2018) 

could further be calculated and added to the total treatment scheme. Moreover, the upscaling of the 

system can result in operational costs downscaling, by efficient electrochemical design to decrease 

internal losses and tackle osmotic pressure and back-diffusion phenomena, thus by allowing for a 

decrease in the total energy investment required for product recovery and pollutant removal. 

 

4.3.4  Implications for practice and further application 

The treatment of an industrial SCS and the resources recovery possibilities were demonstrated in this 

study and a preliminary economic analysis highlighted the scaling up perspectives. The results showed 

that a lab-scale electrochemical system could treat a highly loaded industrial SCS and decrease 

substantially the total load, while decreasing the content of sulfide and the alkalinity. However, before 

moving to further application and scale-up, a few limitations of the proposed technology should be 

addressed, without considering the high investment cost due to the use of expensive anode materials 

and ion-exchange membranes. 

First is the optimization of the coulombic efficiency for the NaOH recovery, an implication suggested 

in several alkaline electrochemical systems (Jörissen and Simmrock 1991; Wei et al. 2013). An 

increase in coulombic efficiency could be achieved either with the fabrication of ion-exchange 

membranes that are more resistant to high alkalinity and high alkalinity differences between the 

electrochemical cell compartments, or by selecting an engineering approach that will downsize these 

differences. For example, dilution could be proposed in the catholyte, with deionized water 

(Vaiopoulou et al. 2016) or addition of a middle compartment between anodic and cathodic 

compartments which we also tested in that study (Figure A3.1 and A3.6). However, the latter will 

increase the cell resistance and thus the energy investment, as proven also previously by Wei et al. 

(Wei et al. 2013). Thus, one will have to make an educated decision based on the energetic gains 

and losses of this approach, compared to the one that we have followed here.  

Second is the further decrease of the alkalinity and conductivity in the treated SCS, to enable final 

discharge to a wastewater treatment plant. The remaining alkalinity and conductivity can be treated 

with successive electrochemical cycles, or with further oxidation, a concept that was considered in the 

economic assessment. Successive electrochemical cycles can also be applied to minimize further the 
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remaining HS
Ƅ
, in order to provide a clean stream of organics after the treatment, that could be 

potentially reused on-site. In that concept, the system will provide two clean, potentially reusable 

streams, an alkaline stream and an organic stream free of sulfide and with decreased alkalinity, 

leading to up-scaling possibilities for treatment of complex industrial waste streams.  

 

4.4  Conclusion 

The feasibility of electrochemical treatment as an alternative to H2O2 oxidation for HS
Ƅ
 removal from 

an industrial SCS was demonstrated in this chapter, and additionally, simultaneous electrochemical 

NaOH recovery was showcased. This treatment concept was tested in a divided electrolysis cell 

controlled galvanostatically at 300 A m
-2

 and operated  for 20 consecutive days in a continuous mode. 

In particular, the  success of the electrochemical treatment was  reflected through the maintenance of 

a low (1.75 ± 0.12 V)  cell voltage as well as a low (0.09 ± 0.02  V vs SHE) anode potential, that 

remained stable during continuous operation. In addition, the  high maximum coulombic efficiency 

of 80% obtained, highlighted that  the biggest part of the invested energy was directed towards HS
Ƅ
 

oxidation for sulfur formation, instead of side, energetically more demanding, reactions. Additionally 

to the SCS treatment for HS
Ƅ
 removal, the on-site NaOH recovery in the proposed configuration holds 

great potential in decreasing the costs associated with purchasing and transport of this chemical to 

industrial sites. Low energy input towards pollutant removal (3.7 kWh kg
-1

 S removed) and moderate 

energy input for wastewater treatment and NaOH recovery (75.3 kWh m
-3

 SCS treated and 6.3 kWh 

kg
-1

 NaOH recovered) were achieved. Based on the aforementioned energy inputs, the NaOH 

recovery and a comparison with the current, H2O2 oxidation-based, treatment methods, a preliminary 

economic assessment conducted in this chapter suggests economic viability for the proposed treatment 

concept. 
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Abstract 

Biological CO2 sequestration through acetogenesis with H2 as electron donor, is a promising 

technology to reduce greenhouse gas emissions. Today, a major issue is the presence of impurities 

such as hydrogen sulfide (H2S) in CO 2 containing gases, as they are known to inhibit acetogenesis in 

CO2 based fermentations. However, exact values of toxicity and inhibition are not well defined. To 

tackle this uncertainty, a series of toxicity experiments were conducted, with a mixed homoacetogenic 

culture, total dissolved sulfide concentrations ([TDS]) varied between 0 and 5 mM and pH between 5 

and 7. The extent of inhibition was evaluated based on acetate production rates and microbial growth. 

Maximum acetate production rates of 0.12, 0.09 and 0.04 mM h
-1

 were achieved in the controls 

without sulfide at pH 7, 6 and 5. The half maximal inhibitory concentration ( IC50

rAc

) was 0.86, 1.16 

and 1.36 mM [TDS] for pH 7, 6 and 5. At [TDS] above 3.33 mM, acetate production and microbial 

growth were completely inhibited at all pHs. 16S rRNA gene amplicon sequencing revealed major 

community composition transitions that could be attributed to both pH and [TDS]. Based on the 

observed toxicity levels, treatment approaches for incoming industrial CO2 streams can be 

determined. 
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5.1  Introduction 

Carbon dioxide (CO 2) emitted from industrial activities can be utilized by reduction into commodity 

chemicals within a general Carbon Capture and Utilization (CCU) scheme. One such avenue of CO2 

utilization is through gas fermentations, where homoacetogenic bacteria are employed to convert CO2 

to acetate, using hydrogen (H2) as electron donor, through the Wood-Lungdahl pathway, which allows 

for linear CO 2 fixation (Drake et al. 2008). This pathway allows acetogenic bacteria to grow on C1 

substrates, which signifies the importance of these bacterial cultures for industrial biotechnology 

applications. Starting with the isolation of Clostridium aceticum (Wieringa 1939) more than 100 

acetogenic species have been isolated to date. A detailed overview of the acetogenic communities, 

the mechanism of the Wood-Lungdahl pathway, as well as gas fermentation operational perspectives 

is given in several reviews (Drake et al. 2008; Liew et al. 201 6). 

Gas emissions from point sources by some of the largest CO2 emitting industries, such as petroleum 

refineries (Perez 2013; Vostrikov et al. 2017), steel (Mochizuki and Tsubouchi 2017), pulp and paper 

(de Souza 1988) and power production industry (particularly geothermal) (Kristmannsdóttir et al. 

2000) as well as biogas production, are often accompanied by various impurities (Osorio and Torres 

2009; Vostrikov et al. 2017) . A major concern when upgrading these gas streams in the context of 

CCU, is that H2S, as one of the more common impurities, can already be toxic for microorganisms, 

both in pure culture or within microbial communities, at concentrations of a few ppm (Wu et al. 2015). 

Several strategies for H2S removal exist (Mandal et al. 2004; Pikaar et al. 2015; Vaiopoulou et al. 

2016), but these processes will only lower the concentration of H2S and a fraction of it will inevitably 

end up in a gas fermentation reactor, where it can affect the microbial activity. The amount of H2S in 

the fermentation reactor will be dependent on the prior H2S removal steps (Kristmannsdóttir et al. 

2000).  These steps will increase the total process costs, which can be avoided if we achieve a better 

understanding of the inhibitory effect and extent of certain impurities (Liew et al. 2016). Complete 

removal is also not desirable as anaerobic microorganisms require sulfide as nutrient (Dhar et al. 

2012).  

Sulfide toxicity has been reported for both mammalian and bacterial cells and the mechanisms of 

toxicity may range from a general inhibition of respiratory activity (Bouillaud and Blachier 2011; Y. 

Chen et al. 2008), DNA damage and protein denaturation (Wu et al. 2015) to inhibition of specific 

activities, unique for specific organisms. Sulfide impairs a number of specific metabolic activities such 

as anammox and denitrification, as well as sulfate reduction, by decreasing the heme c content (Jin 

et al. 2013) , by inhibiting the N2O reductase activity (Pan et al. 2013) and the sulfur reductase activity 

of cytochrome c3 (Reis et al. 1992), respectively. In the case of homoacetogenic bacteria,  the 

information provided include either studies on COðutilizing acetogens, usually employed in synthesis 

gas conversion (Grethlein et al. 1992; Vega et al. 1990) , or homoacetogens as part of a general 

anaerobic community active during anaerobic digestion (Colleran et al. 1998; Dar et al. 2008; 
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Vincent OõFlaherty et al. 1998). Importantly, the primary focus of studies to date has been on neutral 

to alkaline pH systems, thus have not yet considered lower pH systems (pH 5-6) typical of CO 2-fed 

fermentations that aim for steering the bioproduction to higher value products, such as ethanol (Liew 

et al. 2016) . Furthermore, these studies rarely consider actual sulfide concentrations in solution during 

their activity tests, thus the inhibitory sulfide concentrations are often misestimated (Y. Chen et al. 

2008; McCartney and Oleszkiewicz 1991). Homoacetogens are a highly versatile group of bacteria 

that thrive in both acidic and alkaline pH environments (Drake et al. 2008) with a growth optimum 

between pH 5.5 (Grimalt-Alemany et al. 2018) and neutral (Ayudthaya et al. 2018; Braun and 

Gottschalk 1982; Grimalt -Alemany et al. 2018).  

The extent of sulfide inhibition is expected to be determined by the operational pH applied in a 

fermentation reactor, since this directly affects the sulfide speciation (Lewis 2010) as well as the 

microbial activity. It remains unclear whether hydrogen sulfide (H2S), or the bisulfide ion (HS
Ƅ
) is 

responsible for the toxicity effect (Y. Chen et al. 2008; Küster et al. 2005). However, there is a general 

consensus that the undissociated H2S molecule can more easily penetrate the bacterial cell membrane, 

diffuse in the cell (Küster et al. 2005; Saad et al. 2017) and hinder the bacterial metabolic processes. 

Nevertheless, OõFlaherty et al. reported that the concentration of the undissociated H2S molecule  [H2S] 

was related to inhibition at the lower tested pH (6.8 ð 7.2) and total dissolved sulfide concentration 

[TDS] at a pH above 7.2 (Vincent OõFlaherty et al. 1998). Information on the operational pH is rarely 

reported, making it impossible to reach a valid conclusion on the effective inhibitory concentrations 

(Y. Chen et al. 2008). It is also not known whether there are large differences between bacterial 

acetogenic species in terms of sensitivity. 

Given the above, it is of importance to assess the tolerance of gas fermenting microbial communities 

and pure cultures for their response to sulfide concentration and pH driven speciation. In this work, a 

series of toxicity experiments were conducted in serum flasks, inoculated with a mixed homoacetogenic 

microbial community and exposed to a range of sulfide concentrations, from 0 up to 5 mM [TDS]. The 

pH values selected for hydrogenotrophic homoacetogenic growth ranged between 5 and 7. Inhibition 

was evaluated based on acetate production by the microbial community and biomass growth. The 

pH, sulfide concentration in liquid and gas phase and the partial pressure in each serum flask were 

closely monitored. The half maximal inhibitory concentration (IC50) of the mixed homoacetogenic 

community was subsequently calculated at three different pH levels (7, 6 and 5) thus providing a 

dataset of inhibitory TDS/ H2S(aq)/ HS
Ƅ
 concentrations that has been lacking till now. This dataset 

provides tolerable levels of TDS (= sum of H2S(aq) and HS
Ƅ
) and the individual influence of bisulfide 

(HS
Ƅ
) and dissolved hydrogen sulfide (H2S(aq)) for future development of microbial CO 2 conversion 

schemes, starting from waste gasses. 
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5.2  Materials and Methods 

5.2.1  Enrichment and batch experiments 

 A mixed microbial community was obtained from the cathode effluent of a working microbial 

electrosynthesis (MES) reactor, reducing CO2 mostly via electrogenerated H2 and producing acetate 

(Patil et al. 2015). To exclude pH interferences on sulfide toxicity, the reactor community was pre 

conditioned at pH 5, 6 or 7. Cultures were sequentially transferred (10%) four times when a stable 

acetate production rate was observed. For the sulfide toxicity experiments, the preconditioned pH 5, 

6 and 7 cultures were augmented with increasing sulfide concentrations (0 ð 5 mM [TDS]), by addition 

of a 100 mM Na 2S · 9H2O stock solution. Initially the addition of Na 2S in each serum flask was 

calculated for a total mass addition of 400 m˃ol of Na 2S ð S, equivalent to 10 mM concentration. This 

resulted in a [TDS] of 5 mM, due to the sulfide dissociation and furthermore to actual concentrations 

of 3.33 ± 0.34 mM ([TDS]) (average for the three different pH levels), due to reaction of the sulfide 

with traces of oxygen still remaining in the medium and some of the trace elements. Through the 

manuscript, the actual [TDS] are reported (detailed in Table A4.1), taking into account the standard 

deviation resulting from initial handling of the triplicates. The serum flasks were incubated at 28 
o

C in 

a horizontal position in order to increase the gas exchange surface. Sampling was conducted over a 

240 h period every 48 h and volatile fatty acids (VFAs), sulfur components, pH, pressure and optical 

density were measured. Samples for DNA extraction were also taken at the beginning and end of the 

experiment (240 h). Flow cytometry for total cell counts was conducted in the beginning and at the 

end of the experiments (t=0 and 240 h).  

For both the preconditioning steps and the subsequent batch experiments, 40 mL of media was added 

to each 250 mL serum flask. The medium was prepared according to (Patil et al. 2015), excluding 

cysteine (in order to have only one source of sulfur in the medium) and bicarbonate (leaving CO2 as 

the primary carbon source for acetogenesis) (Table A4.2). Prior to inoculation, the flasks were sealed 

with viton rubber stoppers and the headspace flushed with a gas mixture of N2:CO 2, 90:10% through 

a series of overpressure-vacuum cycles to create anaerobic conditions. The flasks were subsequently 

autoclaved (121 
o

C for 20 min). After autoclaving, the headspace was once again exchanged and 

pressurized to 1.54 ± 0.04 bar with a gas mixture of H 2 and CO 2 (H2:CO 2, 70:30%). This two-step 

procedure was selected based on safety reasons, to avoid autoclaving a serum flask filled with 70% 

H2 gas.  

After the head-space exchange, appropriate pH buffer (1M Tris-HCl buffer for pH 7 and NaOH 

adjusted 1M MES for pH5 and 6) and sulfide (from a 100 mM Na 2S · 9H2O stock solution) were 

added and the serum flasks were left in a horizontal position overnight to equilibrate. After 24h, 0.4% 

(v/v) of a vitamin solution (prepared according to Patil et al. (Patil et al. 2015) (Table A4.2) was added. 

After the equilibration and the addition of the vitamin solution, the actual [TDS] and [H2Saq] changed, 
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due to binding of initially provided sulfide to metals from the trace element solution (Table A4.3) or 

reaction with residual oxygen, therefore, the [TDS] and [H2Saq] were measured throughout the 

incubation period in each individual flask. The initial experimental conditions (t=0), e.g. acetate and 

cell concentrations, pH, [TDS] and [H2Saq], are provided in Table A4.1. 

 

5.2.2  Sampling and analytical methods  

Samples were taken from the headspace of the flasks and were analysed for H2, O 2, CO 2, H2S and 

CH4. Samples for sulfur components (sulfide (TDS), sulfite (SO3
2Ƅ

) and thiosulfate (S2O3

2Ƅ
) were 

immediately prepared for analysis to minimize the potential for oxidation. Samples were taken from 

experimental flasks with aseptic technique with N2/CO 2 flushed syringes, then diluted with treated 

Milli-Q water (addition of 50 % v/v NaOH (1:1000) and 37% formaldehyde (1:1000) in Milli -Q and 

subsequently flushed with Argon). The samples for sulfur components analysis were prepared 

according to Chapter 2. 

The gas phase composition was analyzed with a Compact GC (Global Analyser Solutions, Breda, The 

Netherlands), according to De Vrieze et al (Vrieze et al. 2016). The total pressure of the serum flasks 

headspace was measured by using UMS-Tensiometer (Infield 7) device. The [H2Saq] concentrations 

were calculated by Henryõs law (Equation A4.1.1.1), using measured pressure and CGC (Compact 

Gas Chromatograph) mol % H2S. Based on the [H2Saq]  and the pH measured, the [HS
Ƅ
] was 

determined with Visual MINTEQ model for acid-base equilibria (Equation , A4.1.1.2 ), for pKaH2Saq/HSƄ  

7.05 (Perrin 1982) (detailed in Table A4.4). The sum of H2S(aq) and HS
Ƅ
 was used for the calculation 

of [TDS], which was crosschecked with the [TDS] results analysed by IC. The pH was measured with a 

Metrohm 744 pH meter at room temperature (~ 24 °C) (Table A4.1 and A4.5) and the OD of the 

bacterial culture was measured with a UV/Vis spectrophotometer (Isis 9000, Dr Lange, Germany) at 

600nm. The OD measurements were normalized to the OD600 at t0 (i.e. OɻD 600 = OD 600 difference 

between t0 and t each sampling time, e.g. 48 h) at the beginning of the incubation (t=0) and the 

subsequent measurement (every 48 hours) is reported here as ɻOD 600 (i.e. the difference between the 

measured OD600 at time t=0 and 240 h) . VFA analysis was conducted as previously described, using 

a 930 Compact Ion Chromatography (IC) Flex (Metrohm, Switzerland) system with inline bicarbonate 

removal (MCS). Separation was done on a Metrosep organic acids (250/7.8) column at 35 °C behind 

a Metrosep organic acids (4.6) guard column. (Gildemyn et al. 2015). Liquid samples prepared for 

sulfur components were analysed with the same IC with Professional UV/VIS detector Vario and 

equipped with a Metrosep A Supp 15-150/4.0 column as described previously (Vaiopoulou et al. 

2016). 

The sulfide toxicity in the bacterial cells was determined based on overall volumetric acetate production 

rates (rAc), calculated as in Equation 5.1. The maximum volumetric acetate production rates (rAc

max

), 
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determined between each sampling event was calculated based on Equation 5.2. Partial pressure for 

each of the gases in the headspace was calculated every sampling event, based on the total pressure 

of the headspace. 

Acetate production rate: 

ὶ  
    

                                                                        (5.1)  

where rAc is the acetate production rate in mM h
-1

, [Ac
Ƅ
]
t=240h

 and [Ac
Ƅ
]
t=0h

 are the acetate 

concentrations at the end and at the beginning of the experiment, respectively, in mM and dt is the 

experimental period, in this case 240 h. 

Maximum acetate production rate: 

ὶ  
   

                                                             (5.2) 

where rAc

max

 is the maximum acetate production rate in mM h
-1

 calculated every 48 h of the 

experimental period, [Ac
Ƅ
]
t´

 and [Ac
Ƅ
]
t

 are the acetate concentrations at t´=48+t h and t, respectively, 

in mM. The IC50 values were generated with GraphPad Prism 6 (GraphPad Software, Inc., La Jolla, 

CA, U.S.A) following a standard log-dose inhibition curve as in (Carlson et al. 2015), with 95% 

confidence intervals (CI). All the values reported are the mean of 3 biological replicates.  

 

5.2.3  Total cell counts with flow cytometry (FCM)  

In the beginning of the experiment (t=0) and at experimental end points (t=240 h), samples were 

taken from each serum flask following the aforementioned sampling procedure for total cell counts 

with FCM. The biomass was suspended and no agglomeration of the cells was observed. The samples 

were appropriately diluted with PBS buffer and afterwards stained with SYBR Green I (SG), suitable for 

a total cell count. The SYBR Green I (10,000X concentrate in DMSO, Invitrogen) stain was diluted 100 

times in 0.22 µm-filtered DMSO (IC Millex, Merck, USA). The samples were stained with 10 µL mL
-1

 

staining solution according to Prest et al. (2013) (Prest et al. 2013) and incubated for 13 min at 37 

o

C.  

All measurements were conducted with a FACSVerse cytometer (BD Biosciences, Belgium). The 

instrument was calibrated with the CS&T calibration beads (BD Biosciences, Belgium) daily. The blue 

laser (488nm) was used for the excitation of the stains. The optical filters used were 527 nm with a 

bandpass of 32 nm for the green fluorescence and 700 nm with a bandpass of 54 nm for the red 

fluorescence. A minimum of 10000 cells per sample were measured to allow accurate quantification. 

The data of each sample were denoised from (in)organic noise by a filtering approach using the 

flowCorepackage (v1.38.1) in R (v3.3.2). The bacterial cell population was extracted by a manual 

gate applied on the primary fluorescence emission channels.  
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5.2.4  16S rRNA Gene amplicon sequencing  

Samples for DNA extraction were taken at t=0 and t=240 h from the triplicate serum flasks 

representing of sets 1, 6 and 8 (Table A4.1), representing averaged (for the pH 7, 6 and 5) total 

dissolved sulfide concentrations of 0.06 ± 0.01, 1.26 ± 0.23  and 3.33 ± 0.34 mM [TDS]. 

Throughout the manuscript these concentrations will be reported as 0.06, 1.26 and 3.33 mM [TDS]. 

The samples were pelleted by centrifugation for 10 min at 10000 g. Pellets were stored at -20 °C till 

further processing. DNA was extracted according to Vilchez-Vargas et al. (2013) (Vilchez-Vargas et 

al. 2013) . DNA quality was evaluated on a 1% (w/v) agarose gel. 16S rRNA gene amplicon 

sequencing analysis was performed as described before (Domingos et al. 2017; Vrieze et al. 2016) . 

Near full length 16S rRNA gene sequencing was performed using the Sanger method. Information on 

the DNA extraction methods, Gene amplicon sequencing analysis, clone library methods and data 

processing details can be found in in Appendix 4, paragraph A4.1.1 .  

All statistical sequence analysis was performed in R (v3.3.2). The reads received from 16S rRNA gene 

amplicon sequencing were imported in R. OTUs with no more than one read in every sample 

(singletons) were removed (McMurdie and Holmes 2014). The Estimated Absolute Abundances (EAA) 

of the different genera were calculated by projecting the relative abundances, obtained by sequencing, 

to the cell numbers obtained by FCM (Props et al. 2016). The graphs representing the 15 most relative 

or absolute abundant genera were generated using the phyloseq package 7 in R (v3.3.2). Non -metric 

multidimensional scaling (NMDS) plots of relative abundances were prepared based on the Jaccard 

distance to visualise the effect of pH and [TDS] on the ̡ -diversity. The confidence ellipses were 

computed using the function 'stat-ellipse' in R (v 3.3.2) with confidence level 0.95. 

 

Accession number(s). The flow cytometry data (.fcs format) have been submitted to the FlowRepository 

archive under repository ID FR-FCM-ZYX5. The sequences of the 16S rRNA gene have been submitted 

to the NCBI Sequence Read Archive (SRA) under accession number SRP157026.  

 

5.3  Results 

5.3.1  Sulfide concentration induces inhibition of microbial growth and homoacetogenic 

acetate production 

To ensure sulfide was the primary source of inhibition on the communities, the microbial community 

was acclimated prior to the experiments at pH 7, 6 and 5 (Figure A4.1). The inoculation of every 

serum flask was done with an equal initial cell concentration, average of 6.54 ± 0.58 ×  10
7

 cells mL
-

1

 (Figure A4.2). The preconditioning induced differences within the initial microbial community (Figure 

https://github.com/tidyverse/ggplot2/blob/master/R/stat-ellipse.R
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5.1). The ̡ -diversity NMDS plot revealed two distinct clusters for the samples grown in pH 5 and 7, 

while the pH 6 samples appeared between the two clusters. The inhibition results are discussed based 

solely on [TDS] (defined as the sum of the HS
Ƅ
 and H2Saq), as these sulfide species will be present in 

the liquid phase, and as a function of pH (sulfide speciation). 

 

 

Figure 5.1 ð Non-metric multidimensional scaling (NMDS) presenting the ̡-diversity between different 

samples, calculated for n=3 biological replicates, showing community dissimilarities with the pH shifts. 

A 95% confidence ellipse is drawn. 

 

Sulfide inhibition was initially assessed through microbial growth. Prior to inoculation (t0), sulfide 

augmentation resulted in turbidity in the media, particularly at higher sulfide concentrations. This could 

represent some sulfide oxidation with residual oxygen and/or colloidal sulfide-metal complexes with 

the trace elements present in the medium (Table A4.3). Sulfide concentrations remained stable after 

addition, confirming no oxidation had occurred over time. Direct cell counts were thus assessed using 

flow cytometry (FCM), rather than optical density measurements. The biomass production in all pHs 

tested was significantly (P value <0.05) impaired by increasing [TDS] (Figure 5.2a and A4.3). For pH 

7, the difference in total cell counts between low and high sulfide additions was 7.37 ± 0.45 × 10
8 

cells mL
-1 

(Figure 5.2, Table A4.5) and the IC50

growth

 was 0.90 mM [TDS], 0.55 mM [H2Saq] and 0.34 

mM [HS
Ƅ
] (Table 5.1). At pH 6 the total cell counts differed by 5.08 ± 0.94 × 10

8 

cells mL
-1

 (Figure 

5.2a, Table A4.5) and the IC50

growth

 was 1.33, 1.15 and 0.17 mM [TDS], [H 2Saq] and [HS
Ƅ
], respectively 

(Table 5.1). At pH 5 the greatest difference (8.71 ± 2.91 × 10
8 

cells mL
-1

) in total cell counts between 

low and high sulfide additions was observed (Figure 5.2, Table A4.5) and the IC50

growth

 was 1.29 mM 

[TDS], 1.05 mM [H2Saq] and 0.07 mM [ HS
Ƅ
] (Table 5.1). 
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Figure 5.2 ð Plotted against initial total dissolved sulfide concentration ([TDS]) (mM) are a): Total cell 

concentration ([Cells], × 10
9

 cells mL
-1

), b): Final acetate concentration (mM), c): Overall acetate 

production rate (rAc, mM h
-1

) and d): Maximum acetate production rate (rAc

max

, mM h
-1

), calculated on 

a 48 h basis, at pH 7 (   ), 6 (   ) and 5 (   ), respectively. Data are averages of 3 incubations, error 

bars represent standard deviations of biological triplicates. Complementary data are given in Figures 

A4.2, A4.4 and A4.5. 

 

The overall acetate production rate (rAc) was selected as the primary indicator of microbial activity 

(Figure 5.2). Complete inhibition of microbial activity (<0.02 mM h
-1

 rAc and lowest final acetate 

concentration achieved) was observed at all pH values at the highest tested [TDS] (averaged [TDS] 

over all pH conditions = 3.33 ± 0.34 mM) (Table 5.1, Figure 5.2b, 5.2c and A4.3). At all pH 

conditions, the optimum overall acetate production rates were observed in the lowest sulfide amended 

systems. At pH 7, the highest overall acetate production rate (Equation 5.1) (rAc) (0.12 ± 0.03 mM h
-

1

) was achieved. The IC50

rAc

 at pH 7 was calculated as 0.86 mM [TDS], 0.51 mM [H2Saq] and 0.34 mM 

[HS
Ƅ
] (Table 5.1). At pH 6, a lower (0.09 ± 0.02 mM h

-1

) rAc was achieved at the lowest sulfide addition 

(Figure 5.2c, Table A4.5) and the IC50

rAc

 values were 1.16 mM [TDS], 1.01 mM [H2Saq] and 0.14 mM 

[HS
Ƅ
] (Table 5.1). At pH 5, the lowest rates were reached, with 0.04 ± 0.01 for highest rAc, with a 

corresponding IC50

rAc

 of 1.36 mM [TDS], 1.11 mM [H 2Saq] and 0.08 mM [ HS
Ƅ
] (Table 5.1).  

 

Table 5.1 ð Summary of the inhibition values (total inhibition and IC50 for overall and maximum acetate 

production rates (IC50

rAc

 and IC50

rAc_max

) and biomass growth based on FCM analysis (IC50

growth

). All IC50 

values are reported in mM and are given as mean values and below, in brackets, the range of IC50 
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values, as calculated by GraphPad Prism 6 with a 95% Confidence Interval (CI). All values are results 

of biological triplicates. Significant difference between inhibitors at different pH levels is noted on the 

table with ò*ó and ò**ó, calculated based on two-sample t test with equal variances (samples with P 

value < 0.05 were considered significantly different).  

 
Inhibitor 

(mM) 

Total inhibition 

 

IC50

rAc 

 

IC50

rAc_max 

 

IC50

growth

 

 

pH 7 

TDS 
3.79 0.86 0.44 0.90 

(3.45 to 4.13)  (0.58 to 1.24)  (0.24 to 0.76)  (0.67 to 1.20)  

H2S 
1.96 0.51*  0.27*,**  0.55*  

(1.87 to 2.05)  (0.34 to 0.73) (0.15 to 0.46)  (0.43 to 0.69)  

HS
Ƅ
 

1.82  0.34*  0.17 0.34*  

(0.96 to 2.68)  (0.22 to 0.49)  (0.09 to 0.29)  (0.24 to 0.51)  

pH 6 

TDS 
3.00 1.16 0.92 1.33 

(2.80 to 3.21)  (0.84 to 1.63)  (0.66 to 1.27)  (1.01 to 2.16)  

H2S 
2.37 1.01 0.81*  1.15 

(2.16 to 2.58) (0.74 to 1.40)  (0.59 to 1.10)  (0.90 to 1.76)  

HS
Ƅ
 

0.64  0.14 0.10 0.17 

(0.62 to 0.66)  (0.09 to 0.23)  (0.07 to 0.16)  (0.11 to 0.39)  

pH 5 

TDS 
3.19 1.36 1.16 1.29 

(3.12 to 3.25)  (1.23 to 1.57)  (0.80 to 1.61)  (1.00 to 1.71)  

H2S 
2.81 1.11*  0.98**  1.05*  

(2.75  to  2.87)  (1.00 to 1.27)  (0.77 to 1.21)  (0.88 to 1.29)  

HS
Ƅ
 

0.37  0.08*  0.06 0.07*  

(0.34 to 0.10)  (0.06 to 0.10)  (0.03 to 0.10)  (0.05 to 0.12)  

 

The difference between overall and maximum acetate production rates are critical for scale up 

operations of CO 2 capture by homoacetogenic communities, since it will affect the fermentation 

reactor sizing and operation. In contrast to the overall acetate production rate as discussed above, the 

maximum acetate production rate (rAc

max

) was calculated every 48 h of the experimental period. 

Similarly to r
Ac

, the rAc

max

 decreased with decreasing pH at the lowest sulfide addition and at the highest 

sulfide addition the metabolic response was limited (<0.02 mM h
-1

 rAc

max

 at [TDS] = 3.33) . The IC50 of 

rAc

max

 increased with decreasing pH trend but with lower absolute values compared to IC50

rAc

 (Table 

5.1). At pH 7, the rAc

max

 difference achieved by the bacteria between the lowest and the highest sulfide 

addition was ~ 0.21 mM h
-1

 (Figure 5.2d Table A4.5). The IC50

rAc_max

 was 0.44 mM [TDS], 0.27 mM 

[H2Saq] and 0.17 mM [ HS
Ƅ
], almost half of the IC50

rAc

 (Table 5.1). At pH 6 the difference between the 

highest and lowest rAc

max

 was ~ 0.18 mM h
-1

 (Figure 5.2d, Table A4.5) and the IC50

rAc_max

 was calculated 

as 0.92, 0.81 and 0.10 mM [TDS], [H 2Saq] and [HS
Ƅ
], respectively (Table 5.1). Finally, at pH 5 the 
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aforementioned difference was calculated as ~0.09 mM h
-1

 and the IC50

rAc_max

 was 1.16, 0.98 and 

0.06 mM [TDS], [H2Saq] and [HS
Ƅ
], respectively (Table 5.1).  

 

5.3.2  Microbial community shifts in response to pH and sulfide concentration  

To understand if an increase in biomass production was due selective genera or a full community 

response, FCM was coupled to Illumina sequencing to estimate the absolute abundance (EAA) of 

individual community members (Figure 5.3, A4.2, A4.6). Overall, the EAA of the top 15 genera 

present in the microbial community and presented here, decreased with increased sulfide 

concentrations (Figure 5.3 and A4.6). At pH 7, Wolinella was the most abundant genus recovered in 

the sequencing data. The EAA of this genus decreased significantly (P value =0.008 < 0.05) by 3.0 

± 0.3 × 10
8

 cells mL
-1

, between 0.06 and 3.33 mM [TDS] (Figure 5.3). At pH 6 the most abundant 

genus was Sphingobium, with a significant (P value =0.011 < 0.05) EAA decrease of 2.2 ± 0.8 × 10
8

 

cells mL
-1

 between highest and lowest [TDS] (Figure 5.3). At pH 5 Sphingobium was also the most 

abundant genus and again the EAA decreased significantly (P value =0.008 < 0.05) by 5.5 ± 1.5 

× 10
8

 cells mL
-1

 when the [TDS] was increased to 3.33 mM.  

 

 

Figure 5.3 ð Estimated Absolute Abundances (EAA) (cells mL
-1

) of the 15 most abundant OTUs, 

calculated as relative abundances normalised for the flow cytometric counts, in 3 biological replicates 

(and in 2 biological replicates at pH 6 and 1.26 mM [TDS]). Black dots indicate the sum of EAA of all 

the OTUs identified with 16S rRNA gene amplicon sequencing analysis. The red dashed line represents 

the limit of 10
8

 cells mL
-1

. Non-normalized relative abundances are shown in Figure A4.6. 
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The most abundant genus that is known for homoacetogenesis recovered in this study, was 

Acetobacterium (Balch et al. 1977). The EAA of the Acetobacterium at time 0 was similar for pH 7 and 

6, with 8.23 × 10
5

 and 6.61 × 10
5

 cells mL
-1

, respectively, but higher (3.94 × 10
6

 cells mL
-1

) for pH 

5, although the overall acetate production in this case was the lowest among all pH levels. At the 

lowest addition of sulfide, the EAA of Acetobacterium increased with decreasing pH, however, this 

genus accounted for less than 10% of the total relative abundances under all pH conditions and sulfide 

additions (Figure 5.3).  

In the pH 7 incubation, the Acetobacterium EAA decreased gradually with increasing sulfide 

concentrations from an average of 5.8 ± 6.2 × 10
6

 cells mL
-1

 at 0.06 mM [TDS] to 4.7 ± 3.4 × 10
5

 

cells mL
-1

 at 3.33 mM [TDS] (Figure 5.3 and A4.7). At pH 6 the same trend was observed, with a 

decrease of EAA from an average of 5.8 ± 3.0 × 10
6

 cells mL
-1

 at 0.06 mM [TDS] to 5.7 ± 2.3 × 10
5

 

cells mL
-1

 at 3.33 mM. At pH 5, the Acetobacterium EAA dropped significantly (P value =0.005 < 0.5) 

from 4.5 ± 0.9 × 10
7

 to 4.8 ± 4.0 × 10
6 

cells mL
-1

 at 0.06 and 3.33 [TDS], respectively. In the pH 6 

and 5 incubations at 1.26 mM [TDS], the abundance was higher than the one at 0.06 mM 

[TDS],suggesting that there is an optimal concentration of [TDS] for Acetobacterium species. This needs 

to be further explored in pure culture studies. The functional role of Acetobacterium in acetate 

production can be deduced from the correlation of EAA with final acetate concentrations (Figure 5.4a) 

indicated by the production of acetate as the sole metabolic product. An analogous correlation can 

be found for the genera Sphingobium and Oscillibacter (Figure 5.4c and 5.4d), but not for Wolinella 

(Figure 5.4b), although it should be mentioned here that any correlation in the case of genera that 

are not known for homoacetogenic bioproduction does not indicate a direct involvement of those 

genera in homoacetogenesis. 

It is important to note that methane production was only observed at pH 7. This could be an indication 

of pH effect at first, considering that the majority of methanogens thrive in neutral up to slightly alkaline 

environments (Liu and Whitman 2008). Nevertheless, at pH 7, a clear sulfide toxicity effect on 

methanogens was observed, with only minor methane production detected at 192 h (final [CH4] 

detected was 0.03 mM CH4 at 240 h) and only for the lowest [TDS] (0.06 ± 0.01 mM).   
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Figure 5.4 ð Overall acetate production rate (rAc in mM h
-1

) correlated with the Estimated Absolute 

Abundances (EAA) (cells mL
-1

) of the genera a): Acetobacterium, b): Wolinella, c): Sphingobium and 

d): Oscillibacter at pH 7 (   ), 6 (   ) and 5 (   ), respectively and at 0.06 (   ), 1.26 (   ) and 3.33 (   ) 

mM [TDS] 

 

 

5.4  Discussion 

5.4.1  Acetate production rates show higher sulfide sensitivity compared to biomass growth  

In this study the extent of sulfide toxicity on the growth and metabolic activity of a mixed 

homoacetogenic microbial community was examined at pH 5, 6 and 7. This allowed for quantification 

of the maximum [TDS], [H2Saq] and [HS
Ƅ
] conducive to growth, as well as the IC50, inhibitory levels for 

homoacetogenic activity under both neutral and acidic conditions, data missing so far from literature. 

Overall, sulfide toxicity had a more profound effect on the rate of acetogenesis compared to total 

biomass growth, since the IC50

growth

 was higher than both the IC50

rAc

 and IC50

rAc_max

, in all pH levels 

tested (Table 5.1). In general, the TDS IC50 of all responses (growth, rAc and rAc

max

) increased with 

decreasing pH, suggesting a higher tolerance in low pH homoacetogenic communities. The 

observation that the perceived weaker performing homoacetogenic community (lowest rAc at pH 5) 

displayed a higher resistance to sulfide is an interesting one. Typically, weaker systems are more 

susceptible to environmental stresses such as sulfide. The opposite was observed here, hence the [TDS] 

as inhibitor could be less impactful under these already limited conditions.   

The impact on the rAc

max

 was more profound with increasing pH; at pH 7 the IC50

rAc_max

 was half of the 

IC50

rAc

 and IC50

growth

 (0.44 vs 0.86 and 0.90, respectively, when defined with [TDS]), whereas at pH 5 
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they are similar (1.16 vs 1.36 and 1.29, respectively, when defined with [TDS]). This was also 

supported by a longer lag phase in pH 5, compared to 7, observed in the incubations. The 

mechanisms of the different sulfide species that inhibited the cell growth and activity in this study are 

currently unknown, and may represent a combination of parameters governed by the equilibrium of 

HS
Ƅ
/H 2Saq inside and outside of the bacterial cell (Howsley and Pearson 1979) together with the 

obvious direct impact of pH. This difference in inhibition at different pH levels might indicate 

differentiation in environmental adaptation (Lloyd et al. 2005). The lower IC50 (defined with [TDS]) at 

pH 7 could be associated with increased susceptibility to the H2S (Koster et al. 1986) , or conversely 

the higher IC50 at pH 5 could be associated with a decreased exposure to HS
Ƅ
.  

Growth inhibition and reduced activity of different anaerobic microbial populations under sulfide 

stress, including sulfate reducing, methanogenic and some syntrophic and fermentative bacteria, has 

been reported in operational results of anaerobic systems (Colleran et al. 1998; Dar et al. 2008; V 

OõFlaherty et al. 1998). More specifically, the inhibition of methanogenesis by sulfide is already well 

described in literature (Y. Chen et al. 2008; Koster et al. 1986; McCartney and Oleszkiewicz 1991) , 

and it has been reported that methanogens are more susceptible to sulfide toxicity than acetogens 

(Grimalt-Alemany et al. 2018). The results of the present study are in accordance with the results of 

McCartney and Oleszkiewicz (McCartney and Oleszkiewicz 1991) where by testing anaerobic 

digestion of lactate and acetate under sulfide stress they observed that higher pH values and longer 

incubation times favoured methane production, while at lower pH values, methane production was 

decreasing with increasing total sulfide (TS) concentrations.  

Despite the toxicity effect, sulfide is a molecule essential for the survival of the bacterial cells, preventing 

them from oxidative stress (Wu et al. 2015) or metal toxicity (Lloyd et al. 2005) while also an essential 

macronutrient for the survival of most anaerobic organisms (Dhar et al. 2012) . In any case, it appears 

that the mere H2S concentration cannot be used as sole discriminant towards inhibition.  

 

5.4.2  The microbial community shifts with sulfide concentration and speciation  

Whilst pH was the primary driver of initial community composition (Figure 5.1), the subsequent 

addition of sulfide had a clear impact on the community structure and EAA (Figure 5.3). A decrease 

in the total cell numbers was observed in all pH incubations at high [TDS], accompanied with an 

increase in the community diversity (Fig 5.2a and 5.3). Prior to sulfide addition, Wolinella was the 

most abundant genus at pH 7, whereas at pH 6 and pH 5 the genus Sphingobium was dominant 

(Figure 5.3). Nevertheless, Wolinella and Sphingobium, are not classified in the class of Clostridia, to 

which most of the known homoacetogens belong (Drake et al. 2008).  

The presence of Acetobacterium, a known homoacetogen is not surprising and has been observed in 

many studies involving pure homoacetogenic as well as mixed culture studies for CO2 reduction 
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(Arends et al. 2017; Kantzow et al. 2015; Liew et al. 2016) . The relatively low relative abundances 

measured (~10%) in this study indicate that other species might be additionally responsible for 

homoacetogenic bioproduction. Interestingly, Acetobacterium was the only genus that showed a 

similar EAA at 0.06 and 1.26 mM [TDS] (Figure 5.3) at pH 6 and 5, which suggests a higher tolerance 

to sulfide. Further linking of this genus to the IC50 values is not possible, as inhibition could be due to 

individual toxicity or synergistic community effects. Low concentrations of sulfide (~0.5 mM) have been 

reported to facilitate the growth of Acetobacterium on heterotrophic substrates (Heijthuijsen and 

Hansen 1989), however the influence of this higher sulfide concentration on this genus growing on 

H2/CO 2 clearly warrants further investigation.  

In order to be able to compare with literature data regarding the specific activity of Acetobacterium, 

an assumption was made for the cell dry weight of the community as previously described (Demler 

and Weuster-Botz 2011; Kantzow et al. 2015). The highest specific activity calculated for 

Acetobacterium was approximately 33 gacetate/ g CDW d, obtained at pH 7 and at 1.26 mM [TDS] in this 

study. This value is higher than the highest reported metabolic activity (20 gacetate/ g CDW d) of the 

Acetobacterium genus (Kantzow et al. 2015; Straub et al. 2014) which reinforces that it is likely that 

Acetobacterium was not the only active acetogen in the mixed culture studied here. The hypothesis of 

heterotrophic acetate production can be abandoned based on a number of observations proving 

homoacetogenic activity. More specifically; (i) H2 and CO 2 were consumed from the headspace, 

indicating autotrophic CO 2 fixation, (ii) Acetate was the sole product of acetogenesis, (iii) The biomass 

concentration increased during the incubation, which serves as a counter argument for necrotrophic 

growth.  

Wolinella was highly abundant in the homoacetogenic cultures at pH 6 and 7, however little is known 

about its metabolic capacities and in the incubations studied here, no correlation of the Wolinella EAA 

with acetate production was possible (Figure 5.4b). Based on existing literature, its presence could be 

explained by their ability (i) to gain energy through polysulfide respiration with H2 as electron donor 

(Dietrich and Klimmek 2002; Hedderich et al. 1999)  or (ii) through elemental sulfur respiration (Ringel 

et al. 1996) . Whilst no chemical analysis of elemental sulfur or polysulfides was conducted in our 

study, the sulfide concentration remained stable over the 240 h incubations. Furthermore, Fe
2+

 has 

been demonstrated to be crucial in this process, however Fe
2+

 was 4 orders of magnitude lower in 

our system than in Ringel et al. (Ringel et al. 1996) thus such processes appear unlikely (Table A4.3). 

The role of Wolinella as a H2 scavenger in co-cultures with fermentative anaerobic bacteria has been 

described before (Cord-Ruwisch et al. 1988; Parameswaran et al. 2010), thus in the current study, 

syntrophic growth of Wolinella on H2 could be also the most probable association. Total growth 

inhibition of Wolinella by sulfide has been previously reported in co-culture with Geobacter at ~1mM 

added sulfide (Kaden et al. 2002), whilst in this study, a higher tolerance to sulfide was observed (~28 
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% decrease in cells at 1.33 mM), with growth inhibition occurring only at the highest sulfide 

concentration (~3 mM) [TDS] (Figure 5.3).   

The genus of Sphingobium has been reported to contain mostly aerobic and facultative anaerobic soil 

bacteria (Berney et al. 2014; Chaudhary et al. 2017; Esposti and Romero 2017; Singh and Lal 2009; 

Ushiba et al. 2003). It has also been reported to perform sulfur respiration (Y. Xia et al. 2017) i.e. 

capable of producing H2S through reduction of organosulfur compounds and oxidizing this self-

produced H2S, under aerobic conditions. Since the current study was performed in anaerobic 

conditions, a clone library was made from the sample with the most abundant community of 

Sphingobium to confirm the sequencing results (A4.1.3). From the clone library, 25% of sequences 

were identified as Sphingobium with 96 - 97% identity (A4.1.3). This limited sequence similarity most 

likely indicates a novel genus in this case. Although there are no metabolic data available yet that can 

explain the presence of this genus in an anaerobic system performing homoacetogenic production, in 

our incubation a correlation of its EAA with the acetate concentration, especially at pH 5 (Figure 5.4c) 

was observed. It should be mentioned again that any correlation in this case indicates a plausible 

mechanism but not causation. Another possible explanation for its presence could be that it functions 

in organosulfur compound metabolism (Aylward et al. 2013). The metabolic capabilities of the 

Wolinella and Sphingobium species recovered in this study and under these conditions should be 

further explored using pure culture or isolates. 

 

5.4.3  Technological implications and future perspectives 

In this study we determined the impact of sulfide on anaerobic homoacetogenic microbial consortia 

incubated at pH 5, 6 and 7. A typical biogas stream produced by anaerobic digestion of wastewater 

treatment plant sludge may contain up to 2000 ppmv H2S (Osorio and Torres 2009) whereas other 

feedstocks for anaerobic digestion can lead to 30000 ppmv H2S in the biogas (Barrera et al. 2013). 

In our study, maximum acetate production rates ( rAc

max

) were observed for all pH levels tested in the 

lowest H2S addition, corresponding to 450 ppmv. Acetate production and microbial growth 

subsequently decreased with increasing [TDS]. Overall, we observed that the IC50 for homoacetogenic 

bioproduction (IC50

rAc

) in our study lies between 0.86 and 1.36 mM [TDS], 0.34 and 1.27 mM [H 2Saq] 

and 0.06 and 0.22 mM [ HS
Ƅ
] for a pH range of 5 ð 7 for a mixed microbial community. The average 

IC50

rAc

 [TDS] value corresponds to a [H2Sg] of approximately 6500 ppmv in the gas phase, showing a 

potentially high resistance of the studied microbial community to sulfide loaded waste gases. The 

difference in the IC50 values between the overall and the maximum acetate production rates implies 

that a continuous CO2 reducing/acetate producing reactor could operate under a sulfide induced 

ôôinhibited steady stateõõ(Fotidis et al. 2014). Whilst future applications of a reactor operated at pH 5 

with the studied microbial community could lead to lower acetate production rates, it would alleviate 
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the need for extensive addition of chemicals via intensive gas pre-treatment steps and pH adjustments. 

In addition, it needs to be highlighted that the microbial community performing homoacetogenic 

fermentation could potentially adapt to higher sulfide concentrations over time, which warrants further 

investigation.  

The genera obtained by the 16S rRNA gene amplicon sequencing revealed that this resulted in the 

formation of a complex microbial system where, instead of solely homoacetogenesis, other metabolic 

interactions could have taken place, such as sulfur respiration with polysulfides or sulfur as potential 

electron acceptors. Nevertheless, the main metabolic outcome was still homoacetogenic acetate 

production. The only known homoacetogen detected in this study, Acetobacterium, showed resistance 

and even enhanced growth in the presence of moderate sulfide concentration (1.26 ± 0.23 mM TDS), 

compared to the other dominant community members, Sphingobium and Wolinella. Whilst 

correlations could be made on sulfide impact on these key community members, definitive statements 

on key homoacetogens in these communities could not be made. Metatranscriptomic and proteomic 

studies could allow for identification of the metabolic pathways expressed under sulfide stress and 

therefore understand if acetatogenesis is conducted under the same pathway. Furthermore, these 

techniques could shed light upon the differential expression of certain stress factors or mechanisms 

developed by bacteria to tolerate sulfide stress and help understanding differences in toleration levels, 

developed among different taxa. 

 

5.5  Conclusion 

In this chapter the effect of hydrogen sulfide (H2S) in a mixed homoacetogenic community was studied 

at a pH window of 5 ð 7. The IC50

rAC

 values for acetogenesis inhibition by sulfide were quantified 

between 0.86 and 1.36 mM [TDS]. A [TDS] above 3.33 mM was found to completely inhibit acetate 

production and microbial growth. Higher tolerance levels were exhibited at pH 5, possibly due to 

higher community robustness developed already at cultivation of lower than physiological pH. 16S 

rRNA gene Amplicon sequencing in combination with flow cytometry have been used as a tool to 

reveal major community composition transitions that could be attributed to both pH and [TDS]. Further 

research on the study of individual homoacetogenic species at different pH and sulfide levels could 

give important insights on the effects of sulfide on specific homoacetogenic genera, however excluding 

any syntrophic or synergistic interactions that are common in mixed community reactor systems. Future 

operation of homoacetogenic fermenters will have to consider both the pH and sulfide concentration, 

as both of them will play, either individually or as combined stresses, a role in the stimulation or 

inhibition of the bioproduction. Long -term homoacetogenic fermentation should be investigated to 

establish to what extent adaptation to higher [TDS] is possible at the various pH levels. The results of 
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this study can be used as a tool to indicate the absolutely essential gas pre-treatment level while 

allowing for efficient acetogenic bioproduction in a waste gas fermenter. 
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Abstract 

Waste gas fermentation is achieving full-scale (86 kton a
-1

) application for products such as ethanol. 

However biological production inhibition induced by pollutants, for instance sulfide, inherent to waste 

gases might emerge, requiring additional gas treatment. In this work, acetogenesis and 

methanogenesis inhibition by sulfide was studied in a 10-L mixed-culture fermenter supplied with CO2 

and connected with a water electrolysis unit for electricity-powered H2 supply. Three cycles of inhibition 

(1.3 mM total dissolved sulfide (TDS) and recovery were applied, then the fermenter was operated at 

0.5 mM TDS for 35 days. Upon sulfide addition methanogenesis and acetogenesis were instantly 

inhibited, whilst upon removal of the inhibitor, methanogenesis presented a 5 days lag-phase of 

recovery, compared to acetogenesis. During final operation at 0.5 mM TDS, the acetate production 

rate reached 7.1 ± 1.5 mmolC acetate L
-1

 d
-1

, whereas methanogenesis appeared continuously 

suppressed. A 44 ± 16 % of the electrons provided as H 2 in the system were distributed to acetate 

and an 8 ± 4 % to butyrate, the second most abundant fermentation product. The microbial 

community was dominated by an unclassified member of the Eggerthellaceae family and the genera  

Eubacterium and Proteiniphilum. The taxonomic diversity of the community decreased and conversely 

the phenotypic diversity increased, during operation. 
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6.1  Introduction 

Waste gas fermentations powered by renewable electricity can provide a competitive and sustainable 

route for bioproduction. Aiming towards a significant decrease in anthropogenic carbon emissions 

into the atmosphere, biotechnological approaches for carbon utilization hold a crucial and leading 

role, as they are potentially more sustainable compared to intensive chemical routes. Nevertheless, 

they still need to prove financially competitive. The importance of waste gas fermentations for the 

scientific and industrial community is reflected through the rising number of reviews and opinion letters 

on this topic over the last decade (Agler et al. 2011; Liew et al. 2016 ; Molitor et al. 2016; Prévoteau 

et al. 2020; Takors et al. 2018) , as well as by an increasing uptake in governmental support and 

subsidies for demonstration units (Schievano et al. 2019). Many studies are now moving from the 

fundamental understanding of gas fermentations towards tackling the two main limitations, 1) 

methanogenesis and 2) product separation/ downstream processing, which highlight the readiness of 

this process for full-scale applications.  

Bioproduction by gas fermentation follows the Wood-Lunghdahl pathway (WLP), utilized by acetogenic 

bacteria. Through reductive acetogenesis, H2 and CO 2 are converted to acetic acid and other products 

including butyric acid, ethanol, and caproic acid (Ragsdale and Pierce 2008). Starting from batch 

operated reactor studies (Demler and Weuster-Botz 2011) for fundamentally understanding 

acetogenesis and the metabolic pathways involved, the focus has turned towards continuous operation 

as this is the desired deliverable when commercialization of the process is considered (Heffernan et 

al. 2020) . Most commonly pure cultures of Clostridium, Acetobacterium or Moorella species (Demler 

and Weuster-Botz 2011; Kantzow et al. 2015; Riegler et al. 2019; Steger et al. 2017) have been 

studied so far, as they allow for a more defined product spectrum. Mixed culture fermentations are 

applicable to a wider range of substrates, owing to microbial diversity. Additional advantages within 

the industrial biotechnology scope include robustness towards operational upsets and the avoidance 

of intensive process control (Heijstra et al. 2017; Kleerebezem and van Loosdrecht 2007), both of 

which ultimately result in lower operational and maintenance costs.  

H2S is a common contaminant of CO2 containing waste gases and 3 Mt H2S are emitted annually 

from industrial point sources (Ausma and De Kok 2019). Mainly natural gas plants, petrochemical 

refineries, geothermal power production and pulp and paper indu stries are responsible for 

anthropogenic H2S emissions and secondarily sewage treatment plants and biogas installations 

(Habeeb et al. 2018; Pikaar et al. 2015; Rubright et al. 2017) . The H2S content of the waste gases 

poses a concern in the context of biotechnological CO 2 reduction, as H2S can be toxic for 

microorganisms and in addition can corrode the combustion equipment. A vast toxicity window has 

been reported so far in literature, with inhibitory concentrations ranging from 60 ˃ɾ (Joye and 

Hollibaugh 199 5) to 25 mM (Y. Chen et al. 2008). The sulfide inhibition extent is, additionally to the 

concentration, directed by operational conditions such as pH (see Chapter 5) or the applied loading 
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rate (Choi and Rim 1991). H2S reportedly impairs the metabolic activity of microbial cells through 

protein denaturation and in general, through interference with the electron transport mechanism 

within the cell (Y. Chen et al. 2008; Mirzoyan and Schreier 2014). Understanding the effect of gas 

impurities on gas fermentations is rudimentary for achieving high productivity rates and for designing 

a well monitored and economically attractive bioproduction process.  

Therefore, we studied homoacetogenesis inhibition by sulfide and potential microbial adaptation 

using a 10-L CO2 fermenter with H2 as electron donor provided by an alkaline electrolysis unit. The 

resultant H2/CO 2 gas mixture was continuously sparged over the liquid phase of the bioreactor. Based 

on previous bottle tests on homoacetogenesis under sulfide inhibition (see Chapter 5) the total 

dissolved sulfide (TDS) concentration was initially set at 1.3 mM TDS and three consecutive runs of 

òapplied stressó and òremoved stressó were applied after an initial period (33 days) of uninhibited, 

continuous gas fermentation. Finally, the reactor was operated under a minimal 0.5 mM TDS 

concentration for a period of 35 days. The specific objectives of this study were to: 1) assess the effect 

of sulfide in the productivity of a H2/CO 2 gas fermenter operated continuously, 2) investigate the 

potential of sulfide as selective inhibitor towards methanogenesis and 3) to identify the prominent 

members of the microbial community under stress and hence indicate the expected communities in 

large-scale waste gas fermentation, after limited gas clean-up.  

 

6.2  Materials and Methods 

6.2.1  Experimental setup 

The experimental setup consisted of a bioreactor (fermentation column), connected with a membrane 

unit for cell retention and an electrochemical cell for continuous production of hydrogen gas (H2). The 

setup is depicted in Figure 6.1 and the description of the individual compartments is given based on 

the numbering on the figure. The operation of the setup, as well as monitoring and data acquisition 

was conducted with an inðhouse designed program, set with the LabVIEW 2018 software (National 

Instruments Belgium NV/SA, Zaventem, Belgium). 
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Figure 6.1 ð Fermenter set-up scheme. A 10-L bubble column gas fermenter is connected to a water electrolysis cell for continuous power source controlled 

H2 gas production. H2 is mixed with bottle stored CO2 in the headspace of the reactor and is sparged over the water column at the bottom of the fermenter. 

Cell retention is achieved with a hollow-fiber membrane (M2) connected in line with the fermenter. 
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6.2.1.1  Reactor setup 

The fermenter (R in Figure 6.1) was constructed in-house as a transparent PMMA column (H=2 m, 

D=110mm; s=5mm), with top and bottom PVC -U glue flanges. The bottom and top flanges were 

sealed with EVA O-rings and screwed with stainless steel bolts to ensure gas tightness. Additionally, a 

PMMA vessel (H=13 cm, D=110mm; s=5mm) was connected to the main column (M1 in Fig ure 6.1), 

to allow for better mixing of the reactor mixed liquid and for pH control. The total working volume of 

the liquid in the reactor, including piping, was 10.5 L. The mixed liquid was continuously recirculated 

at 15 L min
-1

 with a Masterflex I/P® Brushless Process Drive, 33 to 650 rpm; 115/230 VAC (Metrohm 

Belgium nv, Antwerpen, Belgium) (P1 in Figure 6.1). The reactor was operated continuously and the 

effluent was withdrawn with a hollow fiber membrane (MINIKROS SAMPLER 41.5CM 0.2UM PES 1MM 

3/4TC X 3/4TC,Repligen Europe B.V., Breda, The Netherlands) (M2 in Figure 6.1) that enabled 

complete biomass retention in the reactor. The membrane was operated at an elevated pressure 

between 16 and 20 psi and it was connected after the recirculation pump. The retentate was 

recirculated at the bottom of the reactor and the filtrate was directed with a Watson-Marlow 

530UN/REM pump (Watson-Marlow NV, Zwijnaarde, Belgium) (P6 in Figure 6.1) to a 5-L outflow 

bottle. A Consort R3610 pH controller (Consort bvba, Turnhout, Belgium) connected with a dosing 

pump (P3 in Figure 6.1) dosing 3 M NaOH was used to continuously monitor and control the pH in 

the reactor.  

 

6.2.1.2  Electrolysis cell 

The electrolysis cell used for H2 gas production (EC in Figure 6.1) was an Electro Syn Cell (ElectroCell 

Europe A/S, Skjern, Denmark) with 0.04 m
2

 projected electrode area and frames made of 

polypropylene. An Ir MMO mesh electrode was used as anode and a stainless steel mesh as cathode, 

with 5 mm electrode gap. The anolyte and catholyte compartments were separated with a CMI-7000 

cation exchange membrane (CEM) (Membranes International Inc, Ringwood, USA). A 3 M KOH 

solution was used as anolyte and catholyte to ensure reduced ohmic drop and minimize the need for 

frequent electrolyte replacement. The KOH solution was recirculated through two 2 L Schott bottles, 

respectively, at 215 rpm (approximately 1.2 L min
-1

) with a Masterflex L/S® Digital Drive, 600 rpm; 

115/230 VAC (Metrohm Belgium nv, Antwerpen, Belgium). The electrolysis cell was controlled with a 

DC RND 320-KA3305P power supply (Reichelt elektronik GmbH & Co. KG, Sande, Germany). The 

headspace of the anolyte storing bottle was open to air and the headspace of the catholyte was 

connected to the headspace of the fermenter, to provide H2 gas for the fermentation.  
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6.2.1.3  Gas distribution  

The headspace of the fermenter was connected to a KNF-N922FTE 8L Atex pump (KNF-VERDER NV, 

Aartselaar, Belgium) (P4 in Figure 6.1) for gas recirculation over the liquid column and an exit, ending 

up in a water lock of around 2 L (1900 mL) (see Figure 6.1) that enabled control at the maximum 

overpressure in the reactor, at 40 mbar. A pressure sensor was connected to the headspace of the 

reactor (see Figure 6.1) to allow for pressure monitoring via LabVIEW. CO2 gas was provided to the 

reactor by a Bronkhorst EL-FLOW F-201 CV-050-AGD mass flow controller (Gefran Benelux NV/SA, 

Olen, Belgium) (see Figure 6.1). The headspace gas mixture (H2/CO 2) was recirculated continuously 

through a condensation line, consisting of a glass gas trap immersed in a 5 
o

C water bath (P6 in 

Figure 6.1) to avoid liquid condensation in the gas pump. The gas mixture (H2/CO 2) was continuously 

recirculated over the liquid phase with an in-house stainless steel tube accommodating three sintered 

polyethylene spargers (PE, gesinterd, M5, Mattech, Lelystad, Netherlands), connected at the bottom 

inner side of the reactor (see Figure 6.1). 

 

6.2.2  Experimental procedures 

The gas flows and pressure in the reactor were controlled and regulated with the LabVIEW software. 

Through the specific program, the pressure drop in the reactor, signified the biological consumption 

of the H2/CO 2 gas mixture. The maximum pressure allowed in the reactor was set at 40 mbar 

overpressure and the minimum at 25 mbar. A measurement below 25 mbar in the reactor triggered 

the starting of the power supply and thus the start of electrolysis and hydrogen production. At the 

same time the CO2 gas mass flow was regulated with a 1:2 molar ratio based on the current provided 

for hydrogen production. The electrolysis was controlled between 0.001, to avoid chemical 

transformation of the electrodes, as the anode and cathode used here cannot be considered inert 

electrodes (Allen J. Bard and Faulkner 2001), and 4 A and accordingly the CO 2 mass flow between 

0 and 12 mL min
ĭ1

, running for as long as it needed to increase the pressure, measured in the 

headspace of the reactor, from 25 to 40 mbar.  

The reactor was initially inoculated with a mixed acetogenic culture coming from previous flask tests 

for acetogenesis, in a 5% of its volume, while the rest of the volume was filled with a salt medium, 

devoid of yeast extract and tryptone and aided with a vitamin solution (Table A4.2). After two initial 

batch tests at pH 7 and pH 6.5, respectively (Figure A5.1), aiming to achieve the highest possible 

acetate concentration (~ 12g L
ĭ1

 was achieved) continuous operation was initiated. During continuous 

operation the pH was controlled at pH 6.5, by dosing a 3 M NaOH  solution. The HRT was set to 7 

days (D=0.14 d
ĭ1

), which was calculated based on the growth rate of the mixed microbial community 

obtained at the first batch experiment (Figure A5.1A). New medium was fed to the reactor from a 10-

L storage bottle, connected to a 5-L gas bag filled with N2/CO 2:90/10 gas mixture, to maintain 



Materials and Methods 

136 
 

anaerobic conditions in the medium storage bottle. The new medium was inserted at the bottom of 

the reactor (see Figure 6.1).  

After initial continuous operation in the absence of sulfide, 3 consecutive runs of sulfide stress (1.3 

mM TDS) alternated with sulfide-free-medium periods were conducted. The end of every run was 

defined when the concentration of acetic acid decreased below 0.4 g acetate L
-1

. At that point the 

sulfide-amended medium was replaced with one devoid of sulfide till the acetic acid concentration 

was recovered to concentrations of approximately 2 g acetate L
ĭ1

. After this triplicate run of sulfide 

addition, the reactor was operated under a mimimal stress concentration of 0.5 mM total dissolved 

sulfide (TDS) till the end of the experiment. 

 

6.2.2.1  Medium preparation 

Medium was prepared weekly and resazurin (0.1% final concentration) was added as indicator of 

anaerobic conditions and Na2S stock solution (0.5 mM final concentration) as a reducing agent. 

Consequently, the medium was sparged with a 90:10/N2:CO 2 gas mixture for approximately 1 hour, 

till the solution would become completely transparent. Before use, the trace elements, vitamins and 

tungstate selenium (Table A4.2) were added, under continuous sparging. Finally, the desired 

according to the requirements of the individual experimental steps Na2S volume was added from the 

stock solution,. The bottle was covered with aluminium foil to minimize light exposure and a 5 L gas 

bag filled with a 90:10/N 2:CO 2 gas mixture was connected to the headspace to ensure anaerobic 

conditions. 

 

6.2.3  Sampling and analytical methods 

Liquid samples were taken daily from the reactor mixed liquid and the outflow and were analysed for 

organic acids, sulfide and biomass content. The organic acids and sulfide samples preparation and 

analysis were conducted as described previously(see Chapter 5), as well as the biomass concentration 

analysis with spectrophotometry. In addition, biomass was quantified with Volatile Suspended Solids 

(VSS) analysis according to standard methods (Greenberg et al. 1992), as well as 

spectrophotometrically, measuring the optical density (OD) at 600 nm wavelength. For the specific 

acetate production rates, as well as the carbon and electron balances, calculations, the results of the 

OD measurement were selected, as a OD demonstrated the highest correlation with live (intact) cells 

in the samples analysed with flow cytometry (Figure A5.2). A 0.6 conversion factor between OD and 

cell dry weight (CDW in g L
-1

) (Myers et al. 2013) was then selected to determine the biomass 

concentration. 
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Gas samples were taken daily from the headspace of the reactor and were analysed for H2, O 2, CO 2, 

H2S and CH4 with a Compact GC, as described previously (see Chapter 5). The soluble fraction of 

CH4 was also taken into account in the construction of the carbon and electron balances, using 

1.4×10
-5

 mol m
-3

 Pa
-1

 as Henryõs constant for 25 
o

C. The electron and carbon balances were 

constructed based on the flow of H2 and CO 2 provided to the system and monitored by the LabVIEW 

software.  

In a weekly, or biweekly basis the total cell count of the reactor as well as the ratio of intact to damaged 

cells was determined with flow cytometric analysis (FCM). The samples were diluted in sterile PBS, 

stained with the nucleic acid stain SYBR® Green I and Propidium Iodide for permeabilized cells and 

analysed with a Accuri C6 Plus cytometer (BD Biosciences, Erembodegem, Belgium), as described 

previously (Chatzigiannidou et al. 2020) . The FCM data were imported in R (v 4.0.2) (R Core Team 

2012) using the þowCore package (v2.0.1) (Hahne et al. 2009). A quality control of the data set was 

performed through the þowAI package (v1.18.5) (Monaco et al. 2016). The data were transformed 

using the arcsine hyperbolic function, and the background was removed by manually drawing gates 

on the primary þuorescent channels for the intact and damaged cell population (for an example see 

Figure A5.3). The Phenoflow package (v1.1.2) (Props et al. 2016) was used to assess the phenotypic 

community structure of the intact bacterial populations based on the FL1-H, FL3-H, FSC-H and SSC-

H channels as described in Heyse et al. (Heyse et al. 2019) subsampled to 3000 cells. Alpha diversity 

was calculated with the Hill Diversity (Heyse et al. 2019) number D2 using the Diversity function of the 

Phenoflow package, which corresponds to Inverse Simpson index. 

 

6.2.4  16S rRNA Gene amplicon sequencing  

Samples for DNA extraction were taken weekly (HRT=7d) and pelleted by centrifugation for 5 min at 

14000 g  and the DNA samples processing was conducted as described in paragraph 5.2.4 of this 

thesis. The graphs representing the 12 most relative or absolute abundant genera were generated 

using the phyloseq package (v1.32.0) in R (McMurdie and Holmes 2013). 

 

Accession number(s). Raw FCM data are available on FlowRepository under accession ID FR-FCM-

Z3FWF. Raw 16S rRNA gene sequences for bacteria and archaea were deposited on the NCBI SRA 

under BioProject ID PRJNA698443. 

 

http://flowrepository.org/id/FR-FCM-Z3FW
http://flowrepository.org/id/FR-FCM-Z3FW
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6.3  Results and Discussion 

6.3.1  A concentration of 1.3 mM TDS impairs acetogenic activity, but the effect is reversible 

Continuous inhibition of the acetogenic activity under even a minimal 0.5 mM TDS concentration in 

the fermenter was demonstrated, as the volumetric acetate production rate averaged at 30% of the 

rate achieved during uninhibited operation. The gas fermenter was continuously operated for 168 

days without intermediate re-inoculation. Three consecutive runs of sulfide stress addition and removal 

took place during reactor operation and eventually, the reactor run continuously under ~0.5 mM TDS 

for 35 days (day 133 ð 168) (Figure 6.2 and A5.4 for TDS measurements). This concentration was 

selected after the third round of sulfide addition, as it was the concentration of sulfide remaining in 

the reactor, at which the acetogenic, but not the methanogenic, activity resumed.  

During the uninhibited, initial conti nuous operation of the reactor (days 0 ð 43) the average volumetric 

acetate production rate was 22.5 ± 7.0 mmol C acetate L
-1

 d
-1

 (0.7 ± 0.2 g acetate L
-1

 d
-1

). By the first 

medium amendment with sulfide, resulting in 1.3 mM TDS in the reactor (day 43), the production rate 

dropped from 28.0 ± 1.4 mmol C acetate L
-1

 d
-1 

(0.8 ± 0.0 g acetate L
-1

 d
-1

) to 2.0 ± 0.1 mmol C acetate 

L
-1

 d
-1 

(0.1 ± 0.0 g acetate L
-1

 d
-1

) (day 63). Next, medium amendment was stopped and the reactor 

was allowed to recover till the next sulfide addition (day 77). During this period the acetogenic activity 

resumed, but only at around half of the one previously achieved, as the maximum rate was 11.3 ± 

0.5 mmol C acetate L
-1

 d
-1 

(0.3 ± 0.0 g acetate L
-1

 d
-1

). Upon the second sulfide addition the production 

dropped again to 2.2 ± 0.1 mmol C acetate L
-1

 d
-1

 (0.1 ± 0.0 g acetate L
-1

 d
-1

) within 14 days (2×HRT) 

(day 91) and resumed back to 11.6 ± 0.9 mmol C acetate L
-1

 d
-1

 (0.3 ± 0.0 g acetate L
-1

 d
-1

) within 

another 15 days of operation with non-amended medium (day 106). Next, the third cycle of sulfide 

inhibition started and within the next 2 weeks of operation the acetate volumetric production rate 

dropped to as low as 0.6 ± 0.0 mmol C acetate L
-1

 d
-1 

(0.0 ± 0.0 g acetate L
-1

 d
-1

) (day 121). 

Subsequently, the final resumption of the acetogenic activity started, up to when the TDS concentration 

in the reactor had dropped to 0.5 mM (day 133), when the rate achieved was 7.5 ± 0.5 mmol C acetate 

L
-1

 d
-1 

(0.2 ± 0.0 g acetate L
-1

 d
-1

).  
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Figure 6.2 ð  Panel A: Volumetric acetate production rate (in mmol C L
-1

 d
-1

) (pink). Panel B: Volumetric 

production rate of the carboxylic acids, exempting acetate, (in mmol C L
-1 

d
-1

) obtained in the reactor, 

during the total 168 days of continuous operation: formic acid (green), propionic acid (yellow), lactic 

acid (grey) butyric acid (blue), during the total 168 days of continuous operation. The pH was 

maintained at 6.5. The two dotted vertical lines represent a batch operation after a failure of the 

continuously operated reactor and the parts in between TDS addition, the reactor recovery periods.  

 

Starting from day 133, the TDS concentration in the reactor was maintained at 0.5 mM and the 

average production rate during this final 35 days period (days 133 ð 168) was 7.1 ± 1.5 mmolC L
-1

 

d
-1

 (0.2 ± 0.0 g acetate L
-1

 d
-1

) (Figure 6.2A). Concurrently, 1.0 ± 0.3 mmolC butyrate L
-1

 d
-1 

and 0.6 ± 

0.1 mmolC formate L
-1

 d
-1

 were produced (Figure 6.2B and A5.5). Comparing the rates achieved here 

with previously reported ones is an intricate process, as not only an inhibitor was affecting the overall 

performance of the reactor studied here, but in addition, different operational conditions and reactor 

configurations have been studied throughout the gas fermentation research. For example, Zhang et 

al. (F. Zhang et al. 2013) with a similar HRT (9 days) in a continuous H2 fed reactor with cell retention 

via a hollow fiber membrane achieved 13 mmol C (as acetate) L
-1

 d
-1

 under uninhibited conditions, 

which was an order of magnitude lower than the one achieved by Wang and colleagues (256 mmol 

C L
-1

 d
-1

) (Y. Q. Wang et al. 2017)  with a 2.5 days HRT. Therefore, the selection of an optimal HRT is 

crucial for obtaining high acetate production rates, however, in case of inhibited conditions production 
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optimisation should be focused on microbial community acclimation to the inhibitor. 

 

 

Figure 6.3 ð Volumetric acetate production rate (in mmol Cacetate L
-1

 d
-1

) (pink circles) and the specific 

acetate production rate (mmol Cacetate mmol Cbiomass

-1

 d
-1

) (black triangles) during the total 168 days of 

continuous operation (n = 2 technical replicates). The two dotted vertical lines represent a batch 

operation after a failure of the continuously operated reactor and the parts in between TDS addition, 

the reactor recovery periods. 

 

During uninhibited operation (day 0 ð 43) the specific acetate production rate averaged at 0.5 ± 0.3 

mmol Cacetate mmol Cbiomass

-1

 d
-1

 (0.7 ± 0.4 g acetate g CDW
-1

 d
-1

) (Figure 6.3) with an average 1.0 ± 

0.3 g CDW L
-1

 (OD600 = 1.7 ± 0.5) (Figure A5.6). For the rest of the periods the specific acetate 

production rate was maintained at a minimum 0.1 mmol C acetate mmol Cbiomass

-1

 d
-1

, which is expected 

as the biomass concentration experiences small changes during the inhibition, maintained at an 

average 1.4 ± 0.5 g CDW L
-1

 during sulfide stress application and removal. In the last 35 days the 

biomass concentration measured averaged at 2.5 ± 0.1 g CDW L
-1

, which can most probably 

attributed to an increase in dead biomass in the reactor that was picked up by the analytical tools for 

biomass analysis (additional biomass concerns are further raised in paragraphs 6.3.3 and 6.3.4). 

The highest acetate concentration achieved here (4.5 ± 1.0 g L
-1

) during uninhibited operation is 

almost 4 times lower than the highest reported for continuously operated gas fermenters in literature 

(~17 g acetate L
-1

) (Kantzow et al. 2015; Steger et al. 2017), whilst the one achieved under inhibition 

is more than ten times lower (1.5 ± 0.3 g L
-1

) (Figure A5.5). This difference in production can be 

attributed to sulfide as an inhibitor at first, but also to a rather high HRT (7 days) applied and the 

mixed nature of the microbial community employed. Toxicity concentrations higher than 1.3 mM TDS 

have been reported in literature for anaerobic microorganisms, such as sulfate reducers and 

concentrations up to 3.4 mM are detected in a healthy human digestion system. However, it has been 

reported that when sulfide is exogenously supplied, and not produced intracellularly, concentrations 

as low as 50 ˃ɾ can be detrimental to cell viability and thus, metabolic activity (Cao et al. 2010) . 
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The microbial community here showed a resilient response towards sulfide inhibition, as after removal 

of sulfide the acetogenic activity resumed, after 48h (Figure 6.2A). However, an acclimation of the 

microbial community in sulfide cannot be claimed, as the average acetate production rate achieved 

under ~0.5 mM TDS was only 30% of the one obtained under uninhibited operation. The continuous 

and stable production of acetate under a minimal sulfide concentration during the last 35 days of 

operation (Figure 6.2A) shows an opportunity for future community acclimation and stable organic 

acids production with less stringent requirements for gas pre-treatment. Adaptation to elevated 

concentrations of sulfide has been demonstrated for photosynthetic cyanobacteria (Cohen et al. 

1986), microbial  communities colonizing bio-trickling filters for waste gas desulfurization (Sercu et al. 

2005) and for nitrifiers (Sekine et al. 2020). In these studies, microbial adaptation has been assumed 

through maintenance of activity or reactor efficiency, or by acquiring a stable, in terms of diversity, 

microbial community. However, differentiation in gene expression triggered by sulfide stress (Kelley et 

al. 2016)  was not demonstrated. For a sound comment on potential long-term adaptation of the 

community, molecular studies on gene expression under sulfide as a physicochemical stressor should 

be considered. 

 

6.3.2  Methanogenesis is suppressed under 0.5 mM TDS 

After addition of 1.3 mM TDS, both acetogenesis and methanogenesis were inhibited. Acetogenic 

activity resumed within 48 h of operation with non-amended medium, however, methanogenic activity 

only resumed after 7 days (1×HRT) and only after the sulfide concentration in the reactor had dropped 

to lower than 0.5 mM TDS. This was consistently observed across the three cycles of adding and 

removing sulfide. Therefore, methanogenic activity required a lag-phase after stress recovery 

compared to acetogenic activity. In addition, methanogenic activity was suppressed after cyclic sulfide 

inhibition and this suppression was maintained, during the last 35 days of continuous operation under 

0.5 mM TDS (Figure 6.4 and A5.7). A similar response was not observed for acetogenesis, as the 

production rates resumed during the 0.5 mM TDS period back to values obtained during previous 

recovery periods. The distribution of electrons and carbon towards CH4 was decreased compared to 

all previous periods, as a result of the cyclic addition of sulfide. In particular, between days 133 and 

168, 0.6 ± 1.3% of the carbon and 0.9 ± 2.1% of the electrons distributed to the reactor were directed 

to CH4, as opposed to 2.5 ± 2.3% and 4.0 ± 3.6%, respectively, during periods of recovery from 

sulfide inhibition (Figure 6.4).  

As such, the inhibition of methanogenesis appears to be irreversible as opposed to acetogenesis that 

could be considered reversible. Irreversibility in whole or in part of the methanogenic community has 

been reported in literature for a wide array of inhibitors including sulfide, formaldehyde, oxygen and  

selenium oxyanions (Gonzalez-Gil et al. 2000; P. N.L. Lens et al. 2003; Lenz et al. 2008; Pedizzi et 
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al. 2016) . The absence, or decrease in previously non-inhibiting levels after inhibitor removal, of 

methanogenic activity, as well as in some cases the decrease in the absolute archaeal cell numbers 

have been used as indicators of the irreversibility. However, in our study, only the microbial community 

composition was studied, therefore it is not possible to conclude whether the suppressed methanogenic 

activity was a result of irreversible toxicity (cell disruption) of part of the archaeal community or of a 

decreased activity due to sulfide tolerance development from the total community (Windels et al. 

2020). 

 

 

Figure 6.4 ð Panel A: Carbon balance. Panel B: Electron balance for the four distinct periods of 

operation: formic acid (green), acetic acid (pink), propionic acid (yellow), butyric acid (blue), lactic 

acid (grey), methane (purple), biomass (orange), CH4% in headspace (black circle), biomass 

concentration measured with OD at 600 nm (black diamond). The standard deviation arises from the 

distribution of every balance during the four periods: 1) Continuous fermentation ð no sulfide: days 0 

ð 43, 2) Sulfide stress: 1.3 mM TDS: days 46 ð 63, 79 ð 91, 108 ð 121, 3) Recovery period after sulfide 

stress: days 65 ð 77 and 93 ð 106 and 4) Sulfide stress 0.5 mM TDS: days 135 ð 168.  

 

Methanogenesis is one of the two crucial bottlenecks to overcome for successful application of mixed 

culture gas fermentations, the other one being product separation. The importance of strict inhibition 

of both aceticlastic and hydrogenotrophic methanogenesis is highlighted in Agler et al 2011 (Agler et 

al. 2011) , where three inhibition options are proposed :1) heat-shock of the inoculum, which limits 
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applicability to batch systems, 2) lower pH levels and 3) adding a selective inhibitor, such as BES 

(bromoethanosulfonate). Additionally, selective enrichment of acetogens over methanogens by 

sequential community transfers after limited inoculation time has been proposed in literature (Patil et 

al. 2015) . The approach followed here relates to the third option, although sulfide cannot be 

considered a selective inhibitor, as upon addition both acetogenic and methanogenic activity is 

suspended. However, the lag-phase in the methanogenic activity underlines a selective recovery after 

initial inhibition, hence sulfide could be a potential selective methanogenic activity suppressor in mixed 

community waste gas fermentations. A differentiation in inhibition by sulfide between propionate 

degrading bacteria and archaea has been reported in literature (H.-Z. Wang et al. 2019) , as well as 

among members of the nitrogen cycle (Sekine et al. 2020; Seuntjens et al. 2018).  

Addition of BES is usually cost prohibitive for large scale operation, thus alternatives ought to be sought 

to favour acetogenesis over methanogenesis (Agler et al. 2011). Thus, the results shown above 

highlight an opportunity for sulfide, an inhibit or inherent in the waste gases used for fermentation, to 

prove a fit for use alternative. Sulfide could be occasionally used, in a similar way as the heat-shocks, 

as it was shown from the repetitive, occasional sulfide-shock, in the present study. Additional 

advantage would be that sulfide can be applied during a continuous operation and represents a low 

energy investment. In case sulfide containing gases are used as feedstock for the bioreactors, the pre-

treatment could be occasionally shut down, and therefore contribute to lower pre-treatment 

operational costs and at the same time inhibit methanogenesis. 

 

6.3.3  Carbon and electrons are distributed towards acetate and butyrate under sulfide 

stress 

The main metabolic product detected in the reactor was acetate, regardless of the presence or absence 

of sulfide. During the initial uninhibited operation and the two recovery periods, 44 ± 12 % and 39 

± 11 % of the carbon provided to the system was directed to acetate, whilst during the 1.3 mM and 

0.5 mM TDS periods, the distribution of carbon averaged at 50 ± 21 % and 52 ± 19 % (Figure 6.5A). 

This coincides well with the observation that during sulfide inhibition methanogenesis is intensively 

inhibited, which allows for a higher availability of carbon and electrons for acetogenesis. Additionally, 

during the periods of inhibited operation, more carbon was distributed to the rest of the fermentation 

products. The distribution of carbon to formate averaged at 14 ± 9 % during the cycles of 1.3 mM 

sulfide and at 5 ± 2 % at 0. 5 mM TDS. Similarly, for the same periods carbon was distributed to 

butyrate by 15 ± 5 % and 7 ± 4 %, respectively. The high standard deviations obtained for the 

production rates indicate the transient conditions of the system, at least in the first three periods of 

operation.  
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A similar trend was followed in the distribution of electrons within the fermentation products. During 

the initial uninhibited operation and the two recovery periods, 36 ± 9 % and 33 ± 9 % of the electrons 

provided to the system was directed to acetate, whilst during the 1.3 mM and 0.5 mM TDS periods, 

the distribution of electrons averaged at 42 ± 17 % and 44 ± 16 % (Figure 6.5B). Electrons were 

distributed by 6 ± 4 % during the cycles of 1.3 mM sulfide and at 2 ± 1 % at 0.5 mM TDS to  formate 

and by 15 ± 5 % and 8 ± 4 % to butyrate. The bigger challenge in closing the electron balance 

(Figure 6.5B), compared to the carbon balance, could be attributed to the lower solubility of H2 and 

most likely gas losses taking place in the tubing connections between the electrochemical cell and the 

main reactor part (Figure 6.1). Loss of H2 from the cathodic to the anodic compartment of the 

electrolysis cell was excluded as no H2 gas could be detected at the headspace of the anolyte 

recirculation bottle.   

An interesting observation was the transient increase in butyrate and formate production, after sulfide 

addition, in contrast to an immediate decrease in acetate production (Figure A5.8). This is also 

depicted in the higher distribution of carbon and electrons to those two products under strict inhibition, 

compared to the numbers at the 0.5 mM TDS inhibition period. It has been reported previously in 

literature that a molybdate and sulfide complex inhibited the formation of active hydrogenase during 

glucose fermentation, ultimately resulting in electron uptake for CO2 reduction to formate (Wolin and 

Miller 1980) . It is therefore possible that a similar mechanism might take place in the case of sulfide 

inhibition, where the available electrons, otherwise used in acetate formation, are used in butyrate 

production, possibly again from more resistant to inhibition butyrate producing bacteria. Another 

plausible scenario could be that upon methanogenesis inhibition, the spared H2 is incorporated into 

butyrate and formate. A shift from acetate to propionate, for example, has been described when 

methanogenesis was inhibited in the rumen (Ungerfeld 2015), however here, an increase of 

propionate production under stress periods was not as prominent as the shifts towards formate and 

bytyrate. 

Under increased inhibition, a 0.9 ± 2.0 % of the carbon and 3.6 ± 7.0 % of the electrons were 

directed to new biomass formation, as opposed to 1.0 ± 1.4 % C and 3.9 ± 6.0 % e
Ƅ
 during initial 

uninhibited operation and 2.3 ± 2.3 % C and 9.1 ± 9.2 % e
Ƅ
 during recovery periods. The average 

percentages for, at least, electrons, thus hydrogen, distribution to biomass is on par with the commonly 

reported 10% for hydrogen consuming anaerobes (Parameswaran et al. 2010). Nevertheless, in the 

last period of operation, under 0.5 mM both the carbon and electrons distribution to biomass seemed 

to increase, to levels similar to the uninhibited periods. During the final 35 days of operation the 

carbon distribution to biomass averaged at 2.7 ± 3.2 % and the distribution of electrons at 10.7 ± 

12.9 %. This higher percentage could be attributed to the higher cell debris accumulated in the reactor 

over the operation under inhibition. During this period the average biomass concentration in the 

reactor was 2.5 ± 0.1 CDW g L
-1

 (OD600 = 4.1 ± 0.2) (Figure A5.6), the highest compared to the all 
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the periods tested which is also depicted in the increased content of dead cells in the reactor (Figures 

6.4A and A5.9).  

 

6.3.4  Sulfide treatment increases the phenotypic diversity and decreases the taxonomic 

diversity of the microbial community 

The total cell count in the reactor fluctuated marginally, during the 168 days of operation, ranging 

from a minimum of 1.3×10
9

 to a maximum of 4.8×10
9

 intact cells mL
-1

 (Figure A5.9) and from a 

minimum of 9.2×10
8

 to a maximum of 5.3×10
9 

damaged cells mL
-1

. The highest number of 

damaged and the lowest of intact cells were observed in the beginning of the continuous operation, 

depicted by the lowest intact to damaged cell ratio (Figure 6.5A), as a result of the previous batch 

operation of the reactor. Further on, this ratio increased as intact cells retention was aided by the 

hollow fiber membrane connected to the reactor (Figure 6.1) and lysed cells were discarded with the 

continuous effluent. Eventually, after consecutive sulfide inhibition steps, cell decay was faster than the 

growth rate in the reactor, depicted in the decrease of the intact over damaged cells ratio that from a 

maximum of 2.4 dropped to 1.2 at the end of the operation (Figure 6.5A). The higher than 1.2 value 

obtained for day 168, is a result of a decrease in dead cells measured in FCM (Figure A5.9), that 

does not coincide with an operational failure, therefore cannot be explained otherwise currently. 

 The phenotypic diversity among the samples clearly increased (Figure 6.5B) during the continuous 

operation and thus, during consecutive application of sulfide stress. When pure cultures are 

considered, this is an expected observation as it is well documented that phenotypic heterogeneity can 

be triggered by exogenous environmental stress factors, such as antibiotics, (García-Timermans et al. 

2020) or in the case of this study, sulfide. Phenotypic heterogeneity is not necessarily an unwanted 

treat, as it promotes adaptation to dynamic and often extreme environments, nonetheless at the cost 

of decreased metabolic efficiency and thus, bioproduction (Badyaev 2005; J. Kim et al. 2020).  

A negative effect of sulfide on the taxonomic diversity was demonstrated by the calculation of the D2 

number (see Figure A5.10 and Table A5.1). The D2 calculated for the initial bacterial sample (Batch 

1) was 8.2 and already decreased to 4.9 in the start of the continuous operation (day 0) and dropped 

to 3.5 by the end of the operational period (day 168) (Table A5.1). Decreased taxonomic diversity 

has been reported in fermentation related studies, where the microbial community was inhibited by 

ammonia evolution (Lv et al. 2019) and chloroform-cyclodextrin addition (Martinez-Fernandez et al. 

2016). Although in previous studies, the phenotypic diversity was found to correlate with the taxonomic 

diversity (Props et al. 2016), here we observed the opposite trend, phenotypic diversity increased 

whereas taxonomic diversity was decreasing (Figures 6.5A and 6.5B). A possible explanation is that 

although only a few taxa dominate the community their phenotypic fingerprint might change due to 

the sulfide imposed, or a shift in metabolic activity. 
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Figure 6.5 ð Panel A: Intact to damaged cells ratio Panel B: Phenotypic diversity evolution. The graph 

was produced based on the cell count of intact cells, during the 168 days of operation. The vertical 

lines represent the standard deviation of the diversity indices averages.   

 

The decrease in taxonomic diversity is also depicted in the changes in the relative abundances of the 

most abundant phyla and genera. The sum of the relative abundances of the three most dominant 

phyla Firmicutes, Bacteroidetes and Actinobacteria increased from an initial 77% to a final 96% (Figure 

6.6A). During during the 0.5 mM TDS period, only three genera, Proteiniphilum, Eubacterium and an 

unclassified Eggerthellaceae made up to 80% of the total relative abundance, highlighting a 

community of decreased diversity. A low diversity could be assumed also for the archaeal community 

dominated by only two genera with a shift from monodominance of the one strain to monodominan ce 

of the other, observed during reactor operation. Initially, the archaeal community was dominated by 

the genus of Methanobacterium, with 100% abundance, which eventually shifted to 100% of the genus 

Methanobrevibacter (Figure A5.12). This shift however cannot be attributed solely to sensitivity towards 

sulfide inhibition, as it started well before the first sulfide addition.  

 



CHAPTER 6 

147 
 

 

Figure 6.6 ð Panel A: Relative abundance of the most abundant phyla, detected in the reactor biomass 

samples, during continuous operation and consecutive sulfide stress addition. Panel B: Relative 

abundance of the 12 most abundant bacterial genera (see Figure A5.11 for the 20 most abundant 

genera)  

 

6.3.5  Sulfide treatment selects for unclassified Eggerthellaceae, Eubacterium and 

Proteiniphilum as the dominating genera 

At the genus level, a clear shift in the predominance of specific genera from the phylum of Firmicutes 

was observed. The initial bacterial community (Batch 1, Figure 6.6B) was dominated by the genera 

Acetobacterium and Sporomusa. Acetobacterium was negatively affected by the addition of sulfide, 

depicted in a relative abundance decrease after day 43 that sulfide was initially added, but differently, 

Sporomusa decreased before inhibition, already by switching from batch to continuous operation. 

Eubacterium, the third abundant genus of Firmicutes in the seed community, followed the opposite 

trend. Initially present with a 0.8% relative abundance, eventually it became the dominant genus in 

the Firmicutes phylum, with a final ~25% relative abundance in the last 35 days of operation (Figures 

6.6B and A5.13). Thus this genus demonstrated increased resistance towards sulfide, reflected 
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through the Firmicutes community shift from an Acetobacterium and Sporomusa dominated to a 

Eubacterium dominated one.  

A switch from a prevalence of acetate production and presence of Acetobacterium to butyrate 

production with a switch from batch to continuous operation of a microbial electrolysis cell (MES) has 

been observed by Arends et al (Arends et al. 2017), although in their case they pointed at 

Rummeliibacillus as the genus most probably responsible for butyrate production. Eubacteria are 

commonly associated with CO fermentation (Diender et al. 2015; Park et al. 2017)  and although no 

information could be traced on a specific Eubacterium resistance to sulfide, this genus has been 

identified in microbial samples from environments with increased presence of sulfide, such as oil-fields 

(Voordouw et al. 1996) and the human gut (Mukherjee et al. 2020). Strains of Eubacterium are known 

butyrate producers (Genthner et al. 1981; Rode et al. 1981), therefore, the establishment of a stable 

butyrate concentration in the reactor could be a result of an establishment of a stable Eubacterium 

presence in the mixed microbial community.  

The increase in the abundance of the Actinobacteriota phylum from only 3% in the seed community 

(Batch1, Figure 6.6A) to a 47% relative abundance at the end of the operation (day 168, Figure 6.6A) 

was mainly a result of the increase in the abundance of Eggerthellaceae (Figures 6.6B and A5.14). 

Thus, a positive time effect on the selection of this genus in the reactor community could be observed, 

and a resistance, towards sulfide. For these unclassified bacteria, information is not available, 

therefore, an attempt to explain their dominant presence in the reactor will be done based on the 

genus that shares the same name with the family, Eggerthella. Originally isolated by Eggerth from 

human faeces and assigned to the genus Bacteroidetes (Eggerth 1935), they are commonly associated 

with human pathogenicity, such as infections of the gastrointestinal tract (GIT) (Gardiner et al. 2015) .  

The third most abundant phylum positively correlated with sulfide stress (Figure 6.6A) was 

Bacteroidetes, commonly found in anaerobic environments such as the human gut (Faith et al. 2013), 

anaerobic digesters (S. Chen and Dong 2005; L. Sun et al. 2016) and microbial electrosynthesis cells 

that conduct reductive acetogenesis (Arends et al. 2017; Croese et al. 2013; Y. Jiang et al. 2020) . 

The three genera that dominated the Bacteroidetes phylum were Bacteroides, Proteiniphilum and 

Lentimicrobium (Figure 6.6B). Resistance towards sulfide stress was demonstrated by the genus 

Proteiniphilum, that was established in the final community landscape with a ~12% relative 

abundance (Figures 6.6B and A5.15). Members of the genus Proteiniphilum are not known for 

homoacetogenesis, thus it is not clear what might have caused the increased presence of this genus. 

However, Proteiniphilum is a known fermentative acetogen able to grow on organic substrates (Duan 

et al. 2016)  and can even use specific amino acids as a carbon source (S. Chen and Dong 2005; 

Marshall et al. 2017) . Therefore, it is possible that the increase of its abundance at the end of the 

cycle was a result of a dead biomass increase in the reactor (Figure 6.5A). 
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6.3.6  Technological implications and further research 

Industrial waste gases fermentation has the potential to compete conventional acetic acid production 

both in sustainability and financial terms. When using waste CO2 for acetic acid production, the 

industrial route for the production of methanol and iodomethane is avoided and even the chemicals 

for pH control of the fermentative route can be produced via electrolysis. A deep understanding of the 

effect of pollutants, inherent in waste gases, on the gas fermentation productivity and products 

distribution will allow for optimal design of future fermentation units, by limiting the gas pre-treatment 

to the absolutely essential.  

A key challenge we addressed here was the competition between acetogenesis and methanogenesis. 

In parallel, the selective inhibition effect of sulfide on methanogenesis was demonstrated. Here we 

achieved methanogenesis suppression, first in a cyclic trend, by adding and removing the sulfide stress 

and by taking advantage of the slower recovery of methanogens opposed to acetogens. Next to that 

continuous methanogenesis suppression was achieved, by working under a limited, but constant, 

sulfide stress.  Furthermore, we elucidated the steering of the gas fermentation from acetate to 

butyrate, upon addition of sulfide. Butyrate was the second most abundant product of acetogenesis 

under sulfide stress, giving an indication of a possible steering of the fermentation products, using an 

inhibitor, rather than a vitamin or a trace element, to ultimately push the production towards a 

desirable product. However, it is not yet clear whether this could be considered as a permanent effect 

on the production characteristics and the possibility of steering the fermentation towards specific 

products by addition of sulfide requires further warrant. 

A further screening of the microbial community could reveal the specific function of the most abundant 

genera identified by illumina sequencing here and comment on whether they were actively involved 

in the production of acetate. Acetogens are a very versatile physiologically and phylogenetically 

bacterial group, and the genera Acetobacterium and Clostridium harbor the most acetogenic species 

isolated to date. Therefore, the next step would be to conduct a gene targeted PCR and next, illumina 

sequencing to identify genes specific to the metabolic functions essential for acetogenesis. One of the 

function specific genes within the acetyl-CoA pathway, common in all acetogens, is the gene sequence 

formyltetrahydrofolate synthetase (FTHFS) which is rather conservative (Lovell and Leaphart 2005), 

consequently it has been widely used as a molecular marker for the identification of reductive 

acetogenesis (Hylemon et al. 2018; Ottesen and Leadbetter 2010). For example, there have been a 

number of recent studies that identified the fhs gene in the genome of different Eggerthella strains 

(Hädrich et al. 2012; Harris et al. 2018; Hylemon et al. 2018; Ottesen and Leadbetter 2010) . Thus, 

new acetogenic species will have to show similarities with the genes harboured by Clostridia and 

Acetobacteria, to prove their acetogenic activity.  
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At last, the recovery of the fermentation products, being either a single or a mix of VFA will have to be 

considered, in order to provide a product of commercial significance. Physicochemical approaches 

including membrane extraction, distillation, electrodialysis and adsorption (Ramos-Suarez et al. 2021) 

have been primarily explored so far for the recovery of VFA from the fermentation broth. However, 

mixes of VFA as well as low titers, such as the ones obtained here (2 g L
-1

 acetate and 0.2 g L
-1

 

butyrate), will require a combination of recovery techniques and will result in increased energy 

consumption. Thus, another approach could be suggested for the produced here fermentation 

effluent, which contains acetate and butyrate, as well as traces of formate, and is already devoid of 

bacterial cells, after filtration via the hollow fiber membrane. This mix of VFA could be directly used 

as the carbon source for the production of either polyhydroxyalkanoates (PHA) or microbial protein, 

in subsequent biological steps. In a similar concept Al-Rowaihi and colleagues combined H2/CO 2 

fermentation with acetate-fed polyhydroxybutyrate (PHB) production (Al Rowaihi et al. 2018). 

Individual, as well as mixes of, VFA have been tested for the production of fungal (Wainaina et al. 

2020) and bacterial (Alloul et al. 2019; Sakarika et al. 2020)  protein. The presence of butyrate and 

formate, rather than solely acetate, in the fermentation broth, is expected to boost  microbial protein 

and PHB production, but it will also affect the nutritional value of the first and the mechanical 

properties of the second one (Alloul et al. 2019; Chakraborty et al. 2009) . 

 

6.4  Conclusion 

The long-term operation of a 10 -liter scale mixed community acetogenic system and the recovery after 

sulfide stress addition of the tested system show the potential for scaled-up application of acetate 

bioproduction from waste gases and electrolytically produced hydrogen. During the 0.5 mM TDS run, 

the acetate production rate averaged at 7.1 ± 1.5 mmolC L
-1

 d
-1

 with a 44 ± 16 % provided as H 2 

and 52 ± 19 % of the carbon provided as CO 2 were distributed to acetate and 8 ± 4 % of the electrons 

and 7 ± 4 % of the carbon to butyrate, as the second most abundant fermentation product. Less than 

1% of the electrons was directed to CH4 production, showing a strong inhibition of methanogenesis 

even at low TDS concentrations, after consecutive sulfide inhibition. In addition, the results highlight 

the microbial community changes that occur in a reactor system that under operational changes 

preserved a stable cell count. A less diverse microbial community was developed, with the genera, 

Eubacterium, Proteiniphilum and the unclassified Eggerthellaceae showcasing robustness to sulfide 

stress and a potential future application in waste gas fermentation reactors. 
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7.1  Summary of key-findings 

This thesis is centered around electrochemical processes as the link between waste gas treatment and 

bioproduction. Several aspects, key for electrochemical treatment for sulfide removal from waste 

gases, were studied, as well as the limitations that sulfide as a pollutant poses for waste gases 

fermentation, hence bioproduction. The key-findings of this thesis are summarized below, in a 

chapter-by-chapter demonstration. 

In Chapter 2 a large-scale gas absorption column to treat 0.4 kg of gas per second was simulated 

using the Aspen Plus software. Next, the resulting liquid stream was effectively downsized to examine 

electrochemical treatment in a lab-scale system. The electrochemical cell configuration selected here 

demonstrated no need for additional electrolytes, i.e. chemicals, as the produced scrubber effluent 

was serving as both anolyte and catholyte, which is rarely the case in electrochemical wastewater 

treatment. The operational time was limited to 10 h due to heavy S
0

 precipitation in the reactor and 

the connection tubing, clogging the flow. Therefore, future electrochemical set-ups treating high flows 

of sulfide (59 g S L
-1

 d
-1

) need to address clogging issues, by efficient S
0

 separation, preferably inside 

the electrochemical reactor. HS
Ƅ
 was efficiently removed with this system operated at 300 A m

-2

 with 

90% efficiency and with 4.96 ± 0.11 kWh kg S
-1

 energy investment. Concurrently a continuous flow 

of 46 g d
-1

 NaOH was obtained at the electrochemical cell effluent, ready for reuse. Future 

applications can rely on a direct connection of a scrubber with an electrochemical cell for immediate 

HS
Ƅ
 removal, without the need for long-term storage of scrubbing liquids. The gas absorption 

operation of a H 2S loaded gas stream can partially rely on the electrochemical system for regeneration 

of the scrubbing solution. As demonstrated here, 60% of the initial scrubbing liquid, NaOH solution, 

could be continuously recovered. 

In Chapter 3 we investigated the impact of the anode catalyst choice on the catalytic activity towards 

sulfide oxidation and the robustness against passivation from deposited elemental sulfur (S
0

) under 

highly alkaline conditions. Six commercially available electrode materials (Ir Mixed Metal Oxide 

(MMO), Ru MMO, Pt/IrOx, Pt, PbOx and TiO2/IrTaO 2 coated titanium-based electrodes) were tested 

to evaluate the sulfide removal and final sulfide oxidation product, as well as to determine the stability 

of the electrocatalyst. The results of the study highlighted that the catalyst type impacts the anode 

potential and the sulfide oxidation reaction products while a high differentiation in stability 

performance among the catalysts is to be expected. Ir MMO should be considered as the most stable 

electrode for sulfide oxidation as no catalyst loss was observed and only a small increase in potential 

(< 0.5 V) during the stability tests. Ru MMO is an active material towards sulfide oxidation with a 

CEHSƄ of 63.2 ± 0.5% and an average anode potential of 0.92 V ± 0.17 V vs SHE for a constant 

current density of 50 A m
-2

, however the of activity this catalyst was counteracted by a lower stability 

than Ir MMO.  The TiO2/IrTaO 2 electrode cannot yet be considered as a suitable material towards 

sulfide oxidation, as it was unable to operate at the low anode potential that is desired for direct 
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sulfide oxidation. The experimental conditions applied in this study highlighted the instability of Pt/IrOx 

for sulfide oxidation. High alkaline, sulfidic and oxidative conditions deteriorated the electrocatalyst 

loading and a good trade -off will need to be established between activity, stability and cost for a future 

educated selection of the suitable electrocatalyst to treat sulfur containing wastewater. 

Chapter 4 covered the study of electrochemical treatment applied for removal of sulfide and NaOH 

recovery from an industrial, sulfidic, spent caustic stream (SCS). The feasibility of the treatment was 

demonstrated for 20 days of continuous operation at 300 A m
-2

 by a maximum CEHSƄ of 80% achieved 

and the low cell voltage (1.75 ± 0.12 V ) maintained throughout the experimental period. The 

operation demonstrated a low energy input towards pollutant removal, with 3.7 kWh kg
-1

 S removed 

and moderate energy input for wastewater treatment with 75.3 kWh m
-3

 SCS treated. An industrially 

relevant ~12 wt.% NaOH solution can be recovered from industrial sulfidic SCS, at 6.3 ± 0.4 kWh 

kg
-1

 NaOH recovered, an energy input not far from the one invested in conventional brine electrolysis 

widely applied in the chlor-alkali industry. The on-site NaOH recovery in the proposed configuration 

illustrates a great future potential in decreasing the costs associated with the purchase and the 

transport of this chemical to industrial sites at the present time. The maximum concentration of NaOH 

achieved was limited by alkalinity differences between the two electrode compartments and more 

robust membranes in that aspect should be the focus of further investigation. A preliminary economic 

assessment that compared the proposed solution with the common treatment method currently 

applied for SCS treatment, oxidation via H2O2, implies cost-efficiency, mostly due to NaOH recovery 

and replacement of H2O2 as the oxidative agent.  

In Chapter 5 the effect of hydrogen sulfide (H2S) in the microbial communities employed in CO2 

containing gas fermentation was studied, as a means to estimate the required gas pretreatment 

needed. Indeed, the effect of gas pollutants that may be toxic to fermentation communities as well as 

the extend of inhibition is of utmost importance for the design of successful and cost-effective waste 

gas fermentation for bioproduction, linked directly to operational and capital costs. A series of toxicity 

experiments were conducted, with a mixed homoacetogenic culture, total dissolved sulfide 

concentrations ([TDS]) varied between 0 and 5 mM and pH between 5 and 7. The extent of inhibition 

was evaluated based on acetate production rates and microbial growth. Key finding of this study is 

the identification of the inhibitory concentrations window for sulfide, with IC50

rAc

 values between 0.86 

and 1.36 mM [TDS]. A [TDS] above 3.33 mM, completely inhibits acetate production and microbial 

growth at a pH window of 5 ð 7. Sulfide and pH combinations will determine the microbiological 

landscape in a gas fermenter performing acetogenesis, as different tolerance levels are exhibited by 

the bacterial genera constituting a mixed microbial community. Higher tolerance levels were exhibited 

at pH 5, possibly due to higher community robustness developed already at cultivation of lower than 

physiological pH. 16S rRNA gene Amplicon sequencing in combination with flow cytometry can be 

used as a tool to identify changes in the community and highlight strains that exhibit higher robustness 
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towards an inhibitor. This would help for future applications of pure cultures obtained, that show 

higher tolerance to inhibitions and therefore would allow operation at lesser clean waste gases.  Whilst 

correlations could be made of sulfide impact on these key community members, definitive statements 

on key homoacetogens in these communities could not be made. 

In Chapter 6 a continuous, sulfide inhibited, 10-L scale fermentation of a CO 2 gas stream using 

reducing power obtained by electrolysis was examined. Main objectives were to demonstrate, large 

scale potential of waste gas fermentation, the possibility for powering the fermentation with renewable 

energy and the limitations arising from pollutants inherent to waste gases. The fermentation activity, 

projected in the acetate production rate was transiently decreased, after sulfide inhibition at 1.3 mM 

TDS and recovered with removal of the inhibition. In this study it was demonstrated that 

methanogenesis presents a lag-phase in sulfide post-inhibition recovery compared to acetogenesis. 

In addition, cyclic sulfide inhibition treatment can be applied to selectively suppress methanogens in 

a mixed microbial community operated in a gas fermenter. A volumetric acetate production rate of 

7.1 ± 1.5 mmolC L
-1

 d
-1

 can be achieved and maintained under minimal inhibition at 0.5 mM TDS 

and after microbial community inhibition treatment at  higher inhibitory concentrations of 1.3 mM TDS. 

In addition, the results highlight the microbial community changes that occur in a reactor system that 

under operational changes preserved a stable cell count. A less diverse microbial community was 

developed, with the genera, Eubacterium, Proteiniphilum and the unclassified Eggerthellaceae 

showcasing robustness to sulfide stress and a potential future application in waste gas fermentation 

reactors. It was thus clearly demonstrated that sulfide as an inhibitor induces taxonomic diversity 

decrease. Under sulfide stress the product spectrum is shifted towards higher butyrate and formate 

production. Known acetogenic genera such as Acetobacterium and Moorella are strongly inhibited by 

sulfide and future studies should focus on the effect of sulfide on individual bacterial strains to confirm 

the observations here.   

 

7.2  Linking electrochemical technology with gas fermentation: Impact and significance  

There are numerous industrial activities that emit waste, polluting gases and as life expectancy and 

standards are increased within the human society, the industry will intensify its activities to meet the 

increasing demands for commodities. Electrochemical treatment as a technology places itself in the 

junction were intensification of industrial activities and increase of renewable energy availability in the 

near future meet. It can aid the increasing demands of modern society in parallel with aiding its 

decarbonisation by recovering highly consumed chemical commodities, while relying on renewable 

energy. Additionally, it can decrease substantially the water and salts consumption, a concurrently 

environmental and financial burden for the waste and wastewater treatment.   
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Figure 7.1 ð Proposed process scheme of waste gases treatment that will enable bioproduction, by 

linking waste gas clean-up through absorption, electrochemical treatment for the absorbed pollutant 

removal and chemical commodities recovery and further valorisation of the gas stream via gas 

fermentation  

 

The separate studies conducted in this thesis are ultimately concerned with making a proposal for a 

waste gases treatment process scheme that will enable bioproduction, by linking waste gas clean-up 

through absorption, electrochemical treatment for the absorbed pollutant removal and chemical 

commodities recovery and further valorisation of the gas stream via gas fermentation (Figure 7.1). 

The proposed scheme is expected to have primarily a significant impact on the current operational 

mode of H2S emitting industrial activities and plants that are utilizing caustic scrubbers to treat the 

produced waste gases. The proposed electrochemical step will reduce consumption of hazardous 

chemicals and potentially provide additional revenue and enable downstream bioproduction of 

commodity chemicals. Next to the possible revenue, electrochemistry aided on-site chemicals recovery 

can render the treatment facilities independent from the highly variable commodity chemicals market.  

Currently, caustic consumption for gas absorption constitutes the primary contributor to the 

operational costs of caustic scrubbers. In addition, the resulting scrubbing liquid poses a hazard for 

the industry due to long-term storage, or otherwise adds to the total costs, as further treatment at 

elevated temperature and pressure is required to ultimately remove H2S in the form of S
0

. The 

advantage of electrochemical over the currently applied processes for H2S treatment is that it relies on 

the excellent redox properties of H2S, making the process thermodynamically and financially 

favourable. Among the gas treatment approaches so far it is the only one that can provide recoverable 

caustic for scrubbing without the extreme conditions applied currently in industries. In addition, 

cathodic H2 recovery serves as energy source for the bioproduction of chemicals, such as acetic acid. 

As the shift towards biorefinery and waste gases valorisation becomes more prominent, the 

identification of inhibitors in waste gases and the thorough study of their effects on the bioproduction 
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efficiency is of utmost importance. In short, the highlight of the process is that removes H2S which is a 

toxicant, through an elegant process, avoiding the use of additional chemicals and limiting  the energy 

input. And the latter is only additional to alleviating the environmental and health impacts that arise 

from the daily, gas emitting, industrial activities.    

 

7.3  Bottlenecks encountered and strategies to unlock them 

When one considers the individual studies presented in the chapters of this thesis, one becomes aware 

of certain limitations that have been encountered during the tests. To unlock the full potential of 

electrochemical treatment for sulfide removal, NaOH recovery and enable unhindered waste gas 

fermentation, these limitations need to be taken into consideration and, wherever possible, addressed. 

Through this paragraph the most important and reoccurring bottlenecks will be summarized and 

possible strategies to overcome them will be unfolded.  

 

7.3.1  Electrochemical treatment 

7.3.1.1  Formation and accumulation of sulfur in the electrochemical cell 

First and foremost comes the accumulation of formed S
0

 in the electrochemical reactor and the 

obstruction of liquid flows. Sustained S
0

 production without further oxidation rate decrease, as 

successfully demonstrated in Chapter 2 and reflected through maintaining a stable anode potential, 

is a ratification of potential long -term stable and successful operation. However, the clogging issues 

encountered during operation, point towards the opposite direction. It is rather clear that before large-

scale application this limitation should be addressed by selecting for a different electrochemical cell 

design. In the studies presented in Chapters 2 and 5, a parallel plate channel-flow cell was applied, 

a configuration largely applied in the chlor -alkali industry and in many cases in electrolytic wastewater 

treatment. Main advantage is the increased mass-transfer and therefore the fast reactant conversion 

(Arenas et al. 2020). Nevertheless, electrolytic engineering solutions rarely involve solids formation, 

except for some recent exceptions such as the electrochemical recovery of calcium phosphate (Lei et 

al. 2019)  and generally, electro-coagulation approaches (Moussa et al. 2017). 

Consequently, we propose here as a solution the vertical plates in a stirred-tank (generally referred to 

as óplate-in-tankó cells) configuration, similar to the one used in the electroplating industry (Arenas et 

al. 2020) . The tank should be additionally equipped with an embedded, conical precipitation part for 

easy separation and recovery of the S
0

. This was the idea behind designing a larger lab -scale reactor 

for the treatment of petrochemical wastewater and NaOH recovery in our lab (Figure 7.2). Agitation 

in this case is not recommended, especially not in the precipitation area, as it can interfere with the 

precipitation process. Ultimately in this scenario, some of the reactant conversion efficiency will have 
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to be compensated with efficient solids removal and the avoidance of clogging that adds to the 

maintenance costs.  

 

 

Figure 7.2 ð Lab-scale electrochemical reactor for efficient S
0

 removal with embedded precipitation 

tank. Panel A: side view showcasing the precipitation tank. Panel B: side view showcasing the catholyte 

chamber and one of the anodes 

 

Additional steps that could be proposed to minimize operation hindrance from S
0

 deposition and 

clogging are intermittent mechanical removal of the S
0

 film formed on the electrode surface aided by 

soft, moving brushes incorporated in the cell reactor, or intermittent cleaning steps. In the latter,  the 

reactor, and thus the anodes, can be immersed in an alkaline sulfidic solution and S
0

 can be removed 

chemically as polysulfides. This solution can be reused up to a point of saturation, having some very 

limited impact in the operational costs. The intermittent cleaning steps suggest a batch, rather than 

continuous, operation. Indeed, during batch operation the S
0

 produced can efficiently precipitate and 

be collected at the bottom of the reactor by the end of the operation. After separation of the particles, 

the electrode surface can be washed again with the alkaline sulfidic solution under current relaxation. 

This is presumably the least invasive approach for the electrode surface cleaning, as it does not involve 

application of high anode potentials that could destruct the catalytic surface. In addition, NaOH can 

be recovered in batches in lower strength, however in higher current efficiency, by avoiding osmotic 

pressure phenomena (see further paragraph 7.3.1.3).  

 

7.3.1.2  Limited electrode lifetime 

The high capital cost of electrochemical cells is a principal  concern when electrochemistry, as opposed 

to conventional chemistry, is proposed for wastewater treatment. Although it is commonly accepted 
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that the anode catalyst, usually consisted of noble-metals such as Pt, Ir, Ru, holds the lionõs share of 

the capital costs, it has been estimated that it only contributes to around 6% of it (Spöri et al. 2017). 

However, the noble character of these metals and market changes in the availability and demand of 

the catalysts have raised the interest for production of electrodes that can exhibit a longer lifetime. In 

Chapter 3, the electrode lifetime of different commercial electrodes was tested for 305 h, under 

operating conditions relevant to alkaline sulfidic streams. This experimental time was determined by 

the first failing electrode, Pt/IrOx. During this limited, considering the relatively low applied current 

density (Spöri et al. 2017), experimental time, all electrodes, but Ir MMO, experienced a certain 

catalyst loss, different for every electrode. This observation signifies that proving the financial 

competence of long-term electrochemical sulfide application at conditions relevant for electrochemical 

treatment of SCS will be a challenge.  

The actual lifetime of the Ir MMO catalyst under the conditions applied here is a key point that is yet 

to be addressed. Although, in comparison, its behaviour seems promising, the absolute lifetime of this 

electrode under the specific tested conditions is yet to be quantified. Longer-term (field) studies of the 

electrode performance operated with real SCS are needed to quantify it. A number of researchers 

have investigated different approaches to enhance the activity, or stability, as well as to reduce the 

catalyst loading, and thus the cost, of MMO electrodes used in oxygen evolution reactions (OER). 

These include different methods of electrode preparation, combination of the Ru and Ir noble metals 

with less noble catalysts such as Sn or Ta or routes to effectively reduce the Ir catalyst loading, without 

sacrificing the activity or stability of the electrode (Santos et al. 2019; Spöri et al. 2017). An example 

of reducing the catalyst loading but maintaining a longer robust performance is the TiO2/IrTaO 2 tested 

here (Y. Yang and Hoffmann 2016). However, it exhibited an oxidation performance not desired for 

the application and the stability was not evaluated here. Further research and additional lab-scale 

experimental data with the aforementioned electrodes at alkaline and sulfidic solutions could give us 

an indication of their suitability for electrochemical sulfide oxidation applications, thus possibly a future 

opportunity to strike a good balance between, activity and stability, hence removal efficiency and cost 

of the electrodes. 

 

7.3.1.3  Concentrated NaOH solutions recovery 

Next in the limitations encountered in the electrochemical cell operation is the decrease in the alkalinity 

recovery rate over time, demonstrated in Chapter 4. The maximum NaOH that can be recovered, in 

a system that is concentrating NaOH by batch operation of the cathodic compartment, will be dictated 

also by the concentration gradient, thus by the NaOH concentration differences between the anodic 

and cathodic compartment (Allen J. Bard and Faulkner 2001; Budiarto et al. 2017). The 

permselectivity of the membrane will also play a role, as a decrease of it can result in OH
Ƅ
 back 
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diffusion and thus loss of cathodic current efficiency (Mendoza et al. 2017). In addition, osmotic 

pressure differences can lead to water cross-over from the anodic to the cathodic compartment, 

ultimately diluting the already produced NaOH. This is a limitation commonly addressed in alkaline 

electrochemical systems for NaOH recovery (Jörissen and Simmrock 1991; Wei et al. 2013) and it is 

often attributed to the inability of the ion-exchange membrane to resist pH/alkalinity differences 

between the electrode compartments. An increase in coulombic efficiency could be achieved either 

with the fabrication of ion-exchange membranes that are more resistant to high alkalinity and high 

alkalinity differences between the electrochemical cell compartments. Alternatively, several batches of 

recovered NaOH of lower concentration can be produced and in a next step up-concentrated to the 

concentration desired by the party interested in the NaOH, with residual heat. Residual heat is the by-

product of many industrial processes, but also is produced in the electrochemical cell as a result of 

the ohmic losses and the operational temperature and pressure. For example, Saxe and Alvfors have 

calculated that an alkaline electrolysis cell for H2 production, operated at 80 °C and 10 bar, with 

incoming electrolyte temperature at 20 °C can produce up to 1.42 kWh Nm
-3

 H2 waste heat (Saxe and 

Alvfors 2007).   

 

7.3.2  Bioproduction 

7.3.2.1  Acetogenic community evolution 

An implication applying to both Chapters 5 and 6 is that the microbial community evolution in the 

system is limited to the specific system studied. This is reflected through the differences in the genera 

comprising the microbial communities of the flask (Chapter 5) and the continuous larger-scale 

fermentation experiments (Chapter 6). The reason behind that could be that when an inhibitor is 

applied to a mixed community the general response will not only be a function of the concentration 

of the inhibitor but it will always be a function of the operational parameters applied in the system, as 

this will as well select for a certain microbial landscape. Differences between the two systems, except 

for the liquid and headspace volume, were the experimental time, the hydrogen concentration and 

the gas mixing conditions. All of the aforementioned can select first for specific acetogens to thrive. 

Consequently, the inhibition will be relevant only for the species that initially prevailed. Sulfide is 

reportedly inhibiting microbial growth and thus bioproduction, by interfering with certain cytochromes 

in the respiratory chain, while different detoxification mechanisms have been reported so far, including 

among others mitochondrial sulfide oxidation (Jingjing Jiang et al. 2016; Rubright et al. 2017) . In 

order for sulfide to interfere with the respiratory chain, the first step is to cross the cellular membrane 

and as the latter is cell type specific (N. J. Yang and Hinner 2015), a different sulfide inhibition extent 

could be expected by different bacterial strains. Hence, the actual sulfide concentrations causing 

inhibition, could also be strain specific. 
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Furthermore, a toxicant applied in a mixed microbial community will trigger different responses at 

different groups of bacteria, thus the inhibition effect to specific genera will not be a clear response to 

the inhibitor. Hence the conclusions cannot be generalised, but they apply specifically to the specific 

system tested. In order to make a more universal and scientific just argument for the sulfide toxicity in 

homoacetogenesis, experiments with pure homoacetogenic strains, generally encountered in 

acetogenic reactors need to be conducted. A good start would be the study of sulfide inhibition to pure 

cultures of Eubacterium strains, a known acetogenic genus that has demonstrated increased 

robustness towards sulfide inhibition, as highlighted in Chapter 6.  

 

7.4  Adding value through product recovery 

Waste treatment is of utmost important to secure human health and a safe living environment. 

However, in the context of circular economy waste removal is not of added-value. To ensure 

application attractiveness and make a sound economic argument for novel waste treatment 

technologies, economically attractive products recovery needs to be demonstrated. Within the context 

of gas clean-up and gas fermentation that are highlighted in this thesis, value-added product recovery 

can be demonstrated too. A list of potentially recoverable chemicals through the process train 

proposed here is given below in increasing price order. One should keep in mind however, that a 

substantial burden on the actual price of these chemicals is the transport to the utilization site. Except 

for adding value, the risks of handling and storage of chemicals on-site are minimized, as well as 

financial and carbon emissions burdens, associated with their transport.  

 

7.4.1  Elemental sulfur (S
0

)  

Upon sulfide (H2S/HS
Ƅ
) oxidation at the anode surface, elemental sulfur (S

0

) is produced, which can 

be easily separated from the electrolyte solution through common precipitation or filtration (Figure 

7.3). The produced elemental sulfur (S
0

), via electrolysis is in the pure, orthorhombic chemical form 

usually purchased industrially and can be used on-site as is, or after thermal treatment, such as simple 

evaporation, to remove any remaining liquid electrolyte.  

Sulfur is commercially produced from H2S contained in the exhaust gases of the oil refinery through 

the Claus process and is majorly used for sulfuric acid (H2SO4) production. The latter is a chemical 

building block primarily used in the production of phosphate-based and other fertilizers (Rubright et 

al. 2017) . Additionally, it can be used in autotrophic wastewater treatment processes, such as in sulfur 

based drinking or underground water denitrification reactors, as an electron donor and a 

compensator for decreased alkalinity (Ucar et al. 2020). A breakthrough application for S
0 

is as 

building additive or in sulfur batteries, but these are applications still under research and they do not 
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constitute actual markets currently. Sulfur is a low value commodity, especially as it is produced in 

excess in oil refineries. The price of sulfur produced by the EU oil refinery in 2016 was 22$/t, reported 

in CONCAWE 2020 (Valdenaire and Mennecier 2020) and an average, between 2014 and 2019 , 

price for clean sulfur could be considered as 70 ú t
-1

 (Statista 2019). The low value of S
0

 blocks 

financial arguments for transport from the place of recovery to an industry that would use it, so a 

simple solution for use would be on-site use as a fertilizer on the green areas surrounding the industry. 

 

 

Figure 7.3 ð Panel A: Sulfur precipitation on the electrode surface and Panel B: Sulfur particles recovery 

on the cloth filter used for S
0

 particles separation in Chapter 2 

 

7.4.2  Caustic soda (NaOH)  

The main recoverable product of the electrochemical treatment proposed in this thesis is sodium 

hydroxide (NaOH) or commonly known as caustic soda, obtained through cathodic reduction of water 

to hydroxyl ions (OH
Ƅ
) and hydrogen gas (H2).  It is a commodity chemical majorly used in the pulp 

and paper and the alumina industry, as well as in the chemical manufacturing industry, the 

petrochemical refinery and in wastewater treatment (Euro Chlor 2010). As the common name 

suggests, it is highly corrosive and irritating to human skin, therefore considered a hazard for storage 

and handling. Caustic soda production is inherently linked to chlorine production due to the brine 

electrolysis process that co-produces these two commodities. However linked in production, the two 

products are of interest for different industries, therefore their supply and demand, and hence their 

price, is often conflicting. As an example, during the COVID-19 pandemic the availability of the 

European caustic soda drastically decreased, as a cascading effect of the reduced automobiles 

demand and thus, the chlorine demand from the automobile industry. The total chlor-alkali demand 
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decreased by 74% (ICIS 2020). Therefore, price volatility for caustic soda is rather expected, with the 

prices ranging from 250 to 1000 ú and a general stable average of 400 ú m-1

 dry ton (Bowen 2019; 

C.Baker 2020).  

Several advantages arise only from producing NaOH on-site, aside from the sustainability argument 

of producing it from waste streams. First of all avoiding the need for transport, which contributes 

substantially to the commodities price and in addition to the carbon footprint of the chemical. 

Therefore production on-site makes for a sound economical, but also environmental argument. 

Secondly, storing of hazardous chemicals on-site raises health and safety concerns that can be 

avoided with on-site and on-demand production. Thirdly, independence from price and production 

fluctuations and therefore stable operation. Additionally, the modular nature of electrochemical 

treatment allows for applications of on-site, small scale testing equipment, where the wastewater to 

treat can be easily electrochemically treated and the produced NaOH can be fast checked in terms of 

purity to conclude on its fit for specific purposes. At last, the production of NaOH by the membrane 

process mainly applied in Europe, requires 3 kWh kg
-1

 NaOH produced (Euro Chlor 2010), therefore, 

electrochemical treatment of highly conductive SCS that decrease the power input per kg NaOH 

recovered can be not only environmentally advantageous, but also financially competitive. 

 

7.4.3  Acetic acid (CH3COOH)  

The main product of gas fermentation in this thesis was acetic acid (CH3COOH), with a minimum in 

parallel production of butyric acid. As acetic acid was produced in excess, an evaluation of the 

recovery benefits of acetic acid for the industry will be explained further. Acetic acid is a moderate 

value commodity chemical, with a similar price range to caustic soda and similar price volatility due 

to its production dependence on petrochemical industry. However the moderate price, it is an 

industrially significant commodity chemical, with global size market expected to reach almost 12 

million tonnes by 2026 (Expert Market Research 2020). It is used largely in the production of polymers 

fit for the paint industry, but also important for the food industry and as a precursor for the production 

of butyric acid and ethanol. It is categorized as hazardous and is irritating for the human skin, 

therefore its production on-site entails a health risk, however the smaller the volumes stored on-site, 

the lower the occupational risk. 

Acetic acid is largely produced industrially through methanol carbonylation, with iodomethane used 

as a reaction intermediate (Pulidindi and Pandey 2019), or via microbial ethanol oxidation to acetate 

(Agler et al. 2011; Li et al. 2015) . By substituting the general industrial acetic acid production route 

with a biological fermentative process, the advantages are both financial and environmental. They 

arise from the bypass of chemicals with increased carbon footprint and the use of waste CO2. In the 

first case, the bypass of methanol, the process can be sustained by avoidance of a chemical that has 
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a fluctuating cost, but also avoidance of the use of iodomethane, which is not only an additional cost 

in the process, but also possesses toxic properties. In the case of using waste CO2, the industrial route 

for the production of methanol and iodomethane is avoided and even the chemicals for pH control 

of the fermentative route can be produced via electrolysis and thus potentially renewable power.  

After fermentation downstream processing will be necessary to reach desired purity of the product, as 

acetic acid is rarely produced as the sole product of gas fermentations. Additionally thermal treatment 

is to be expected for up-concentration, as well as a membrane process for the removal of bacterial 

cells. In the scheme proposed in this thesis, the last step can be avoided as the cell retention and thus 

separation, is already taking place as part of the reactor set-up, through the incorporation of a hollow -

fiber membrane at the recirculation of the fermentation liquid.  

 

7.4.4  Hydrogen gas (H2)   

Hydrogen gas (H2) is produced via water reduction at the cathodic compartment of the electrolysis cell 

treating SCS. The resulting H2 is a clean gas, devoid of other pollutants, due to membrane separation 

between the anodic and cell compartments, therefore fit-for-use at the site of production. In particular, 

electrolysis of highly-loaded industrial wastewater, like SCS, is conducted at high current densities, 10 

ð 40 mA cm
Ƅ2

 (Szpyrkowicz et al. 2005; Vaiopoulou et al. 2016), therefore allowing for increased 

daily flows of pure H2 on-site. H2 is an energy carrier extensively discussed within the context of circular 

economy as it has the potential, along with electrification, to drive the transition towards a carbon-

free economy. 

The shift towards electrification and clean H2 production couldnõt be better reflected than through the 

North-CCU-Hub project. The project was launched in 2018, aiming to serve with methanol the North 

Sea Industry, by capturing its CO2 emissions and turning them into green methanol with the help of 

H2 production powered by wind energy (North-CCU-Hub 2021) . Ultimate aim is to scale up to a 600 

MW electrolyzer by 2030 and extend its chemical platform to ammonia and formic acid production. 

The scale and the vision of this project demonstrate that Environmental, Societal and Governmental 

(EGS) will most likely be the drivers for industrial development in the coming decades (Hydrogen 

Council 2020) . The current global demand for hydrogen is 70 Mt/a with 96% of it being produced by 

CO2 emitting processes such as natural gas reforming, coal gasification and partial oil oxidation and 

only 4% by electrolysis (S&P Global Platts 2020; Valente et al. 2020). With the decarbonisation and 

desulfurization of the industrial and transport sectors directives globally introduced (European 

Commission 2019; IMO 2020) , the hydrogen demand is expected to reach 41 Mt/a, only as demand 

for oil refineries, that constitute 33% of the total global H2 consumption (IEA 2019).  

Main processes that consume H2 in the oil refinery are hydrotreating and hydrocracking for sulfur 

compounds removal (De Crisci et al. 2019). Secondly, H2 constitutes an industrial feedstock for 
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ammonia fertilizers and methanol production (IEA 2019; S&P Global Platts 2020). The market price 

of conventional H2 in 2020 hit a global average of 2 ú/kg H 2 with lowest margin less than 1 ú/kg H 2 

in the Middle East. Green hydrogen, produced via PEM electrolysis is currently produced at 4.5 ú/kg 

H2, which needs to drop to at least the conventional price, to become financially attractive (Hydrogen 

Council 2020; IEA 2019; S&P Global Platts 2020). The advantage of electrochemical treatment of 

sulfur containing waste gas streams at the production site of for example petrochemical refineries is 

that the produced H2 can be reused for hydrotreating, therefore completing elegantly a cyclic process. 

In another, newer concept, H2 can be used as an energy booster of CO/CO 2 fermentations for low-

grade acids or alcohols generation (Liew et al. 2016). In industrial applications were hydrogen is not 

of use for specific applications, it can serve as a boiler fuel for heating purposes.  

 

7.5  Taking the process to full-scale  

The overview scheme of treatment of waste gases to enable bioproduction proposed in this thesis 

considers a treatment train of three processes: selective H2S absorption in a simple caustic (NaOH) 

scrubber ð electrochemical treatment of the produced scrubber liquid for H2S removal and recovery 

of primarily NaOH and secondarily S
0

 and H2 ð gas fermentation of CO2/H 2 escaping the caustic 

absorption and electrochemically produced H2 for acetic acid production.  

 

7.5.1  Up-scaling and evaluating gas absorption  

The first unit that is considered is a caustic scrubber that is applied to treat a H2S loaded gas stream, 

product of geothermal power production activities. The characteristics of the gas stream considered 

have been presented in Chapter 2 and the treatment process can be applied to any relevant stream 

with H2S content similar or lower, as this simple approach of scrubbers is usually reported for a daily 

sulfur removal of maximum 10 ton (Mcintush et al. 2013). In principle, a simple caustic scrubbing 

process set-up would include the gas absorption column, a heat exchanger and a basic pumping 

system. Therefore the daily operational costs will arise from the use of concentrated NaOH streams 

and the electricity use of the heat exchanger and the recirculation pumps. A preliminary cost evaluation 

was conducted based on the gas and NaOH flows calculated in Chapter 2.  

The scenario examined was a caustic scrubber, to treat daily 34.56 ton gas with absorption in 15.55 

ton NaOH per day , resulting in a liquid stream  of 7.04 ton S d
-1

 to be directed to electrochemical 

treatment. In the simulation of Chapter 2 a packed column 2 m of height and 0.5 m of diameter was 

considered, however here the CAPEX costs were based on an installed gas absorption unit for biogas 

desulfurization, of similar gas volumetric flow rate as in our study (1000 m
3

 h
-1

 vs 1243.86 m
3

 h
-1

 in 

our case) (Lemmens et al. 2007). In the daily cost distribution, a CAPEX contribution per day was 
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considered, as well as average recent prices for the electricity and NaOH (Table 7.1).  

 

Table 7.1 - Cost distribution in gas absorption calculated based on the unit simulated with ASPEN Plus 

in Chapter 2, to treat 30 × 10
3

 m
3

 waste gas daily 

Component 

Daily 

consumption 

Daily cost 

(EUR d
-1

) 

Contribution to 

daily costs (%) 

Baseline 

information 

Caustic soda 

(NaOH) 

15.55 (ton d
-1

) -9,720.00  -99.52  [1.1]  

Electricity 

consumption 

17.91 (kWh d
-1

) -1.79 -0.02 [1.2]  

Daily personnel 

costs 

 Ƅ -13.70  -0.14 [1.3]  

CAPEX daily 

distribution 

Ƅ -41.10  -0.32 [1.4]  

Total daily costs 

(EUR d
-1

) 

Ƅ -9,767.00  Ƅ  

[1.1] Based on 250 ð 1000 ú ton
-1

 dry NaOH (Bowen 2019; C.Baker 2020) 

[1.2] Based on lower and higher energy use for gas absorption (0.2 ð 1 kWh/ 1000m3 h
-1

) 

(VITO/Infomil 2009)  and electricity price for industries in Belgium in 2019 (0.08 ð 0.12 ú kWh
-1

) 

(statista 2020) 

[1.3] Based on assumed 5000 ú invested yearly for personnel costs, with an average of 4 h per week 

occupation (VITO/Infomil 2009)  

[1.4] Based on 80000 ð 150000/ 1000 m3 h
-1

 CAPEX cost (Lemmens et al. 2007) and an assumed 

CAPEX depreciation time of 10 years  

 

With a 99.52% contribution, the NaOH holds the lionõs share in the daily costs, while electricity, 

salaries and the construction costs represent less than 1%. By recovering 60% of the NaOH with the 

electrochemical system, as demonstrated in Chapter 2, we can assume a 60% recovery of the daily 

operational costs for the gas absorption column. However, the electrochemical treatment of the 

scrubbing liquid serves additionally for H2S removal, as well as possible H2 and S
0

 recovery. The first 

one serves for decreasing the environmental burden of the process and aids abidance of the industrial 

activity with environmental regulations, and the two last ones are a source of possible revenue for the 
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industrial site. In the following section the cost analysis and possibility for scale-up of an electrolysis 

cell applied for the treatment of the produced scrubbing liquid will be developed.   

 

7.5.2  Up-scaling and evaluating the electrolysis of scrubbing liquid  

The scrubbing liquid, product of the ASPEN Plus simulation was downsized to enable electrochemical 

treatment in a lab-scale system, which has been discussed in Chapter 2. For this discussion chapter, 

the electrochemical cell cost analysis was up-scaled by 2×10
5

 times to meet the treatment needs of a 

large sized gas absorption system, as presented in the previous paragraph. Up-scaling of 

electrochemical systems is conducted via increasing the total electroactive surface area where the 

reactions of interest are conducted. The latter can be achieved by  increasing the electrode size and 

by adding and connecting together several electrochemical subunits (Arenas et al. 2020). The design 

of an up-scaled electrochemical cell as proposed here should consider a total anode surface area of 

2000 m
2

 for an applied 300 A m
-2

 current density (Chapter 2), to treat daily 576 m
3

 of produced 

scrubbing liquid. The lab-scale electrochemical treatment performance results, selected here as 

calculation inputs, were 6.5 V operating cell voltage, 6.4 tonnes of sulfur removed (and also assumed 

recovered as S
0

) and 9.2 tonnes NaOH recovered, daily. A daily cost CAPEX contribution with a 10 

years depreciation time was considered as well as average, recent prices for the electricity and all the 

chemicals (Table 7.2). Baseline information for the NaOH and energy pricing and the personnel costs 

can already be found in Table 7.1.  

A total cost recovery of 31.15% is possible within the current scheme and performance, with the NaOH 

recovery being the highest contributor to the cost recovery. Additional daily revenue from the H2 

production and S
0

 recovery can be obtained, although their contribution to the cost recovery is one 

order of magnitude smaller than the one of NaOH. As expected, the construction costs are the primary 

contributor to the total costs of electrochemical treatment, which is confirmed by the 60% contribution 

of CAPEX to the daily costs (Table 7.2). The CAPEX costs for water electrolysis cells are at the moment 

at around 30  thousand euros per square meter of electrode projected surface area (Spurgeon and 

Kumar 2018) which renders electrochemical waste treatment a technology difficult to prove financially 

interesting. However, to prove the former argument wrong, one could increase the current density and 

therefore decrease the electrode surface needed, hence the capital cost. Attention should be paid 

here, to ensure ideal mixing conditions and optimal contact of the electrolyte with the active sites of 

the electrode.  

Based on the aforementioned argument, a second case was built assuming a higher applied current 

density to estimate how the decrease in electrochemical cell assembly area, hence CAPEX, would affect 

the cost efficiency of the process. The Danish company "Electrocell" designs electrochemical cell 

modules for lab- to full-scale applications. The biggest module provided is the "Electro Prod Cell", with 
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16 m
2

 maximum projected electrode surface area and maximum allowed applied current density 4 

kA m
-2

 (ElectroCell 2017). Based on this maximum current density the second case was built with a 

calculated 150 m
2

 projected anode surface area required. A comparison of the daily costs between 

the two cases, highlights that in the first case, 300 A m
-2

, the CAPEX dominates the daily expenses 

while in the second case, 4 kA m
-2

, it is the electricity consumption that is dominating, with a 90% 

contribution to daily costs. In the second case it would also possible to recover 70% of the total daily 

costs, as the initial investment costs are lowered by 14 times, due to the decreased surface area of the 

electrochemical cell selected.   

 

Table 7.2 ð Cost distribution in the electrochemical cell, up-scaled at 2000 and 150 m
2

 projected 

electrode surface area, for the treatment of scrubbing liquid  

Component 

Daily 

consumption/production 

Daily costs 

(EUR d
-1

) 

Contribution to 

daily costs (%) 

Baseline 

information 

Electricity 

consumption 

93.60 (MWh d
-1

) -9,360.00  -40.09   

Daily personnel 

costs 

Ƅ -13.70  -0.06  

CAPEX daily 

distribution 

Ƅ -13,972.60  -59.85  [2.1]  

Total daily costs 

(EUR d
-1

) 

Ƅ -23,346.30  Ƅ  

Caustic soda 

(NaOH) 

9.20 (ton d
-1

) +5,750.00  +24.63   

Hydrogen gas 

(H2) 

0.54 (ton d
-1

) +1074.57  +4.60  [2.2]  

Sulfur powder 

(S
0

) 

6.40 (ton d
-1

) +448.00  +1.92  [2.3]  

Alternative operation at 4 kA m
-2

 current density 

Electricity 

consumption 

93.60 (MWh d
-1

) -9,360.00  -89.81   

Daily personnel 

costs 

Ƅ -13.70  -0.13  
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CAPEX daily 

distribution 

Ƅ -1,047.95  -10.06  [2.1]  

Total daily costs 

(EUR d
-1

) 

Ƅ -10,421.64  Ƅ  

Caustic soda 

(NaOH) 

9.20 (ton d
-1

) +5,750.00  +55.17   

Hydrogen gas 

(H2) 

0.54 (ton d
-1

) +1 ,074.57  +10.31  [2.2]  

Sulfur powder 

(S
0

) 

6.4 (ton d
-1

) +448  +4.30  [2.3]  

[2.1] Based on 25,500 ú m
-2

 as base case CAPEX for water electrolysis (15464 ð 46391 $ m
-2

)  

(Spurgeon and Kumar 2018) 

[2.2] 2000 ú ton
-1

 H2, current average price of conventionally produced H2 (Hydrogen Council 2020; 

IEA 2019; S&P Global Platts 2020) 

[2.3] Average value between 2014 and 2019 and calculated with current $ to ú ratio, 70 ú ton
-1

 S
0 

(Statista 2019)
 

      

  

A common practice industrially applied to treat produced on-site spent caustic streams (SCS) is 

oxidation with hydrogen peroxide (H2O2). The latter is a powerful chemical that oxidizes the sulfide in 

SCS to SO4

2Ƅ
 under a 4:1 molar ratio. However, in addition to the problematic secondary pollution 

creation (SO4

2Ƅ
 streams need to be further treated), H2O2 has a high price, between 500 ð 1000 ú 

ton
-1

 H2O2 (Ciriminna et al. 2016) , which is also on the rise in the future, as announced by one of the 

biggest worldwide producers, the Belgian company "Solvay" (Solvay S.A. 2018). Therefore, the 

advantages of the electrochemical approach in terms of avoiding the purchase and use of H2O2 for 

sulfide oxidation are highlighted here as well.  

First, the electrochemical cell as an autonomous unit was studied (Table 7.2) and as a second step, 

the electrochemical cell in connection with the gas absorption unit were considered to comment on 

the cost efficiency of the synched units (Table 7.3). Three different scenarios were considered: 1) 

whether the recovery of chemicals can cover the daily costs of construction and operation of the 

electrochemical cell solely, 2) whether electrochemical treatment can offer a revenue in SCS treatment 

facilities, by replacing the current practice, sulfide oxidation by H2O2  and 3) whether the chemicals 

recovery and avoiding H2O2 can cover the combined daily costs of gas absorption and electrochemical 

cell treatment (Table 7.3). As it can be seen, the electrochemical recovery of NaOH, H2 and S
0

 already 

provides a financial benefit to treatment facilities, that otherwise would only constitute a cost for the 
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industry. Based on the operation achieved in the lab-scale electrochemical test, a 31.15% of the daily 

costs of the electrochemical cell can already be recovered. In the second scenario, where a company 

wold select to switch between current treatment with H2O2 and future electrochemical treatment of 

SCS, profit can be achieved, up to 6500 ú d-1

. In the third scenario, where a company would decide 

to treat the waste gases produced on-site, as well as the scrubber effluent, a 22% recovery of the daily 

costs can be achieved. 

 

Table 7.3 ð Comparison of the 3 scenarios examined for the cost effectiveness of the waste gas 

treatment through gas absorption and electrochemical sulfide treatment  

 Scenario 1 Scenario 2 Scenario 3 

Daily costs (EUR d
-1

) 23,346.30  23,346.30  33,113.30  

Daily CAPEX cost 

contribution (EUR d
-1

) 

13,972.60  13,972.60  14,004.11  

Percentage of cost 

recovery (%) 

31.15  884.74  21.96  

 

 

7.5.3  Up-scaling and evaluating waste gas (H2/CO 2) fermentation  

The H2S is quite selectively removed in the scrubber as proved in Chapter 2, with the CO2 only partially 

co-absorbed (17%) and with H2 completely escaping the scrubber. The resulting gas mixture escaping 

the scrubber, H2/CO 2, can be directed to the gas fermenter as microbial feed to allow for acetic acid 

bioproduction. However, as reported in Chapters 4 and 5, the ideal theoretical molar ratio of H 2:CO 2 

for acetic acid production is 2. The daily molar flow rates of the two gases escaping the scrubber 

(reported in Chapter 2) are 273.63 kmol H 2 d
-1

 and 453.51 kmol CO 2 d
-1

 and an addit ional flow of 

270.00 kmol H 2 d
-1

 can be produced by the up-scaled electrochemical cell considered previously. Still, 

the molar ratio of the two gases is at 1.2, lower than 2, hence in the case of this specific gas stream, 

an additional 0.73 ton of H 2 needs to be purchased daily, to at least, meet the stoichiometric demand. 

A complete stroichiometric production of acetic acid was assumed, resulting in 13.62 ton acetic acid 

d
-1

, based on the incoming CO 2 flow escaping the gas scrubber.  For the reactor sizing, the best 

scenario in continuous acetogenesis was selected, which is the highest acetic acid production rate 

reported so far, 147 g acetate L
-1

 d
-1

. The theoretically expected up-scaled acetate daily production in 

combination with the aforementioned production rate, result in an estimated 92.63 m
3

 reactor volume. 
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The cost analysis in the fermenter is built around the additional H2 that needs to be purchased (Table 

7.4) and acetic acid as the product to provide revenue. In addition, the consumption of NaOH for pH 

regulation is taken into account. The process of chemicals and CAPEX depreciation years are similar 

with the above cost analyses, but the man-hours were increased to 12 hours per week, as the 

fermenter requires a more intensive monitoring and maintenance compared to the other two systems.  

 

Table 7.4 ð Cost distribution in the waste gas fermentation unit, receiving19.96 ton CO2 d
-1

 to produce 

acetic acid 

Component 

Daily 

consumption/production 

Daily costs 

(EUR d
-1

) 

Contribution to 

daily costs (%) 

Baseline 

information 

Hydrogen gas 

(H2) 

0.73 (ton d
-1

) -1,816.99  -11.23   

Caustic soda 

(NaOH)  

9.07 (ton d
-1

) -5,668.92  -35.04   

Electricity 

consumption  

24.51 (MWh d
-1

) -2,451.10  -15.15   

Daily personnel 

costs  

Ƅ -41.10  -0.25 [4.1]  

CAPEX daily 

distribution 

Ƅ -4,383.56  -27.09  [4.2]  

Total daily costs 

(EUR d
-1

) 

Ƅ -23,346.30  Ƅ  

Acetic acid 

(CH3COOH)  

13.62 (ton d
-1

) +6127.74  37.88  [4.3]  

[4.1] Based on assumed 15000 ú invested yearly for personnel costs, with an average of 12 h per 

week occupation 

[4.2] Based on a 16 Mú capital investment, calculated based on the average capital investments of 

two syngas fermentation installations by INEOS, with 24 kt ethanol y
-1

 production capacity, downsized 

5 times to meet the production capacity assumed for this unit (Aresta et al. 2012) 

[4.3] Based on 300 ð 600 ú t-1 acetic acid price range (Echemi 2019a)  

 

Although it is a common perception that the high CAPEX is what hinders biorefinery from wider 
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application, as usually chemicals consumption for pH control are taken out of the calculation, it can 

be seen here that NaOH costs are the ones that are dominating. NaOH contributes to 35% of costs, 

a cost that could be completely recovered if gas fermentation was coupled to the electrochemical cell 

instead of the gas absorption (Table 7.2). In addition, a total of 60% of the H 2 and 100% of the CO 2 

needed as inputs for the acetic acid production are already provided by a waste gas/electrolysis 

system, which not only highlights the cost efficiency of the process in terms of raw inputs, but also how 

environmental benign can be considered. In short, in both of the technologies, gas absorption and 

gas fermentation NaOH dominates the total costs, while in the electrochemical cell NaOH dominates 

the revenue, therefore it makes absolute sense to link these two technologies with the electrochemical 

cell in the center.  

 

7.6  Outlook ð Electrochemical gas treatment for sulfide removal in the oil refinery 

In principle the 3-unit-treatment scheme proposed here could be applicable to any of the heavy gas 

producing industries, such as  geothermal power stations, natural gas plants or oil refineries, which 

are also reportedly the point sources of industrially generated H2S emissions (Habeeb et al. 2018) . 

The cost effectiveness of the scheme will be also determined by the industry applied, as different 

CO2/H 2S/H2 ratios in the gas mixtures will not only affect the H2S removal efficiency, but also the 

availability of residual gases H2/CO 2 for gas fermentation. Moreover, the need for consumption of 

specific chemicals on-site, will also provide a more sound economic argument for the proposed 

technology. In addition, the availability of renewable energy in the vicinity of the application will affect 

the circularity of the process. In this section a niche application of the proposed system, as a whole 

treatment train or solely the gas absorption together with the electrochemical cell treatment will be 

proposed. 

Petrochemical refineries are among the primary emitters of H2S,  which results from the processes of 

hydrotreating/hydrocracking, applied for desulfurization of crude oil. This applies mainly to the 

treatment of  heavy, marine oil and jet fuel, that come with a higher sulfur content. In this context pure 

H2 is used to remove sulfur compounds from the oil, in order to meet SO2, released upon fuel 

combustion, emissions regulations. In particular, the IMO Global Sulphur Cap came into force in the 

1st of January 2020 as an effort to ensure SO2 reduction emissions by shipping and thereby improve 

air quality and ultimately human health. The directive requires limiting the sulfur content in marine 

fuels to as low as 0.5% m/m (500 ppm) from the previously allowed 3.5% m/m (3500 ppm) by either 

using low sulfur fuels or by applying gas exhaust treatment strategies on board (IMO 2020) . As the 

regulations for sulfur emissions become more and more stringent, the petrochemical refinery in 

Europe is targeting investments on hydrotreating units, such as Distillate Hydrocrackers (DHC), Residue 

Hydrocrackers (RHC), Diesel Hydrodesulphurisation (HDS) and Coking (COK) units, in an attempt to 



Outlook ð Electrochemical gas treatment for sulfide removal in the oil refinery 

172 
 

produce distillation products that would compete in sustainability the bio-based fuels (CONCAWE 

Refinery Technology Support Group 2013).  

Between 6 and 7 Mt sulfur per annum need to be removed from the total sum of the crude oil that is 

produced in Europe. This requires an additional 1.6 Mt of H 2 for the total hydrodesulfurization 

processes (CONCAWE Refinery Technology Support Group 2013) and thus, additional capital 

investment from the oil refineries, which is also their main concern. The total european refinery energy 

investment in 2030 is expected to be around 40 Mtoe y
-1

 and the specific energy investment 66 toe kt
-

1

 feed. The two are expected to follow an inverse trend, with the first one decreasing as a result of 

general fuel energy efficiency increase and the second increasing due to the anticipated intensification 

of desulfurization processes (CONCAWE Refinery Technology Support Group 2013).  

However, capital investment is not the only challenge encountered, but also the  sustainability of the 

process is questioned, as currently, close to 100% of all the H2 available comes from steam reforming 

processes. The total CO2 emissions from the European refinery are expected to reach 154 Mt in 2030. 

There are currently 76 refineries in Europe and if it were to assume that the total sulfur to be removed 

can be divided equally to each of them, the flow of sulfur that they would be called to treat daily can 

be calculated at an average 235 tonnes. Considering our previously studied case, this would call for 

a 35 times up-scaling of our system, resulting in a total electrochemical surface area of 70000 m
2

. 

The operation of such an electrochemical cell at 300 A m
-2

 would result in a daily production of 322 

tonnes of NaOH, as well as 19 tonnes of H2. This daily production of H2 could cover 1/3 of the total 

additional H 2 needed for hydrocracking (1.6 Mt to be divided over 76 refineries). At the same time 

the system could recover 60% of the NaOH needed to absorb the H2S, by-product of hydrocracking, 

while removing all of the sulfur that would otherwise result in SO2 and in addi tion recover daily more 

than 200 tonnes of S
0

. Therefore, the application of our technology in oil refineries would not only 

allow for efficient H2S treatment, but also for NaOH and H 2 recovery for reuse on-site, thereby 

reducing substantially the operational costs and the environmental burden. As the electrolytically 

produced H2 will be redirected to the hydrocracking process, depending on the CO2 point emissions 

produced in the oil refinery, a case for turning these emissions into acetic acid, or other commodity 

chemicals could be made, with application of additional electrolysis units. 

Bringing the specific technology however at large scale for on-site treatment for such high flows will 

require optimization of the system. More cost-effective materials with longer lifetime should be 

employed to allow for cost minimization, in parallel with higher applied current densities. So far, the 

hydrodynamic behaviour of electrochemical cells as reactors for wastewater treatment has not been 

studied as extensively as for bioreactors. Modelling and simulation tools will be crucial in the effort of 

up-scaling, by allowing deep understanding of the hydrodynamic behaviour of the system, by making 

a uniform proposal on the effect of current density on the removal efficiency of different pollutants 

and by optimizing the mass and charge transfer (Arenas et al. 2020; Garcia-Rodriguez et al. 2020). 
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Increased mass transfer, by ensuring well mixed-conditions, with rotating cylinder electrodes or 

reactors along with solids efficient removal with embedded in the electrochemical reactor precipitation 

tanks, should be promoted for an increase in operational efficiency. Ultimately, ensuring higher quality 

product or, in good communication with the company, ensuring the product quality of interest will 

allow for product use on-site, which will eliminate transport costs and thus increase the total cost 

efficiency of the process. 

 

7.7  Opportunities for further research  

Integrated systems are of utmost importance in industrial waste treatment, urged by the complexity of 

the streams and the need for circularity. A single technology is not sufficient anymore neither to meet 

the governmental regulations for certain pollutants, nor to take full advantage of the recovery 

possibilities of every stream. In this thesis, two technologies aimed for integration were tested in a 

laboratory scale and one was simulated, however not linked to each other. An integrated system 

connecting a gas absorption column, an electrochemical cell and a gas fermenter should be the next 

step investigated. Connecting and balancing the flows and recoverable products of these three 

modules is expected to be challenging and the design and operation of it could be a task for an 

applied study, close to process engineering. The results of the proposed study will also demonstrate 

whether continuous connection of these three systems is realistic, or whether they will need to be 

operated separately, with intermediate storage of products and flows where and when needed. 

To aid further optimization of the electrochemical treatment, the reaction mechanisms at the 

electrode/electrolyte interface and in the bulk electrolyte need to be studied. These may differ 

depending on the nature of the electrode material and the electrolyte and on operational conditions, 

such as the concentration of HS
Ƅ
, the HS

Ƅ
 loading rate and the pH. Based on operational data 

obtained in this thesis, it is hypothesized that the HS
Ƅ
 oxidation reaction rate shifts, after initial 

deposition of S
0

 particles on the electrode surface in the first operational stages. Yet, the exact 

mechanism of the S
0

 deposition on the electrode surface and the interactions of the S
0

 deposited film 

with the HS
Ƅ
 containing bulk electrolyte have not yet been studied. Understanding these interactions 

is of great importance as they will determine the final product of HS
Ƅ
 oxidation in a continuously 

operated electrochemical reactor, or the activity of the electrode over time (inactivation by S
0

 

deposition). 

Regarding the fermentation part, known acetogenic genera such as Acetobacterium and Moorella 

have demonstrated here strong inhibition by sulfide. Future studies should focus on sulfide effects on 

individual bacterial strains to confirm the observations in this thesis, however in the expense of 

excluding any syntrophic or synergistic interactions that are common in mixed community reactor 

systems. This should be studied in particular when pure culture fermentation is of interest and gas pre-
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treatment is desired to be minimized to reduce costs. In addition, Eubacterium as the known acetogen 

that demonstrated increased robustness to sulfide can be studied as a strain capable of cultivation as 

a pure culture that can tolerate higher sulfide levels.  Metatranscriptomic and proteomic approaches 

can be employed to gain insight into the molecular mechanisms responsible for higher tolerance to 

H2S. Furthermore, these techniques could shed light upon the differential expression of certain stress 

factors or mechanisms developed by bacteria to tolerate sulfide stress and help understanding 

differences in toleration levels, developed among different taxa. 

Finally, the decreased acetate production rate and whether this would increase with ultimate 

adaptation of the community to higher levels of sulfide warrants further research. Special focus on 

operational parameters, such as HRT and pH to optimize acetate production under sulfide inhibition 

could also satisfy the need for higher production rates. As highlighted in Chapter 6, under sulfide 

stress the product spectrum was shifted towards higher butyrate and formate production. Further 

research could reveal whether this product shift is permanent and sulfide can be a driver for steering 

production towards more reduced products. what is the exact function in acetic and butyric acid and 

how could sulfide affect individually the highlighted members of the gas fermentation column. 
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A1.1 Supplementary material for Chapter 2 

 

 

Figure A1.1 ð Results of the open circuit potential (OCP) test performed prior to the experiments to test 

changes in: A) sulfur concentration, B) conductivity and C) pH. The OCP test was conducted for 24 h 

with no experimental replicates 

 

 

Figure A1.2 ð Calibration curve for CO2/HCO 3

Ƅ
 headspace analysis constructed with 0.16×10

-3

, 

0.8×10
-3

, 4×10
-3

, 20 ×10
-3

 and 100 ×10
-3

 M NaHCO 3 and NaHS standard solutions (n = 4 

replicates)  
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Figure A1.3 ð Synthetic solution progression during the electrochemical treatment starting from: A) a 

0.5 M H2S + 0.16 M CO 2 yellow coloured solution, B) Elemental sulfur (S
0

) production and precipitation 

in the bottom of the anodic compartment, C) precipitation in the cloth filter, and in the precipitation 

bottle between the anodic and cathodic compartments in and D) clear NaOH recovered solution, 

containing ~0.04 M H 2S + 0.03 M CO 2 

 

 

 

Figure A1.4 ð Sulfur balance across the electrochemical cell over the 10 h of the experimental period 

(n = 3 experimental replicates). The outflowing HS-S, SO4-S and SO3-S  concentrations were measured 

at sampling point 3 (catholyte outflow) and the solid S (S
0

 particles) was recovered from the 

precipitation bottle as well as partially from the anodic compartment. 



APPENDIX 1 

177 
 

 

 

Table A1.1 ð Uncompensated resistance between anode and reference electrode (Ru) and cell 

resistance (Rcell) obtained with the current interrupt (CI) method performed in synthetic SCS (0.5 M 

NaHS + 0.16 M NaHCO 3) (n = 3 experimental replicates) 

Cell configuration Ru (Ý) Rcell (Ý) 

Two compartment 
0.33 ± 0.016  0.472 ± 0.056  
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A2.1 Supplementary material for Chapter 3 

 

 

 

Figure A2.1 ð Two compartment reactor setup for activity and stability tests. The reactor allows to 

simultaneously test multiple anodes in identical conditions with a common counter electrode and a 

common reference electrode. Sufficient mixing with a magnetic stirrer insures good homogeneity 

(Adapted from  (K. Guo et al. 2014)).  
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Figure A2.2 ð Cyclic voltammograms of the different electrode materials in 50 mM NaOH, recorded at 

5 mV s
ĭ1

 between 0 and 1.2 V vs SHE. The Capp results are presented in Table A2.1. 

 

 

Figure A2.3 ð Cyclic voltammograms of Ir MMO electrode with and without sulfide as electron donor 

recorded at 5 mV s
ĭ1

 between 0.1 and 1.2 V vs SHE and between -0.1 and 1.4 V vs SHE, for 50 mM 

NaOH and 50 mM Na 2S electrolytes, respectively. On the figure the onset potential of sulfide oxidation 

is noted at 0.3 V vs SHE. 
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Figure A2.4 ð Activity tests of 24 h for all electrode materials. Evolution over time of the: 1) Sulfur 

species speciation, 2) Sulfide removal efficiency (%) and coulombic efficiency (%). The electrode 

materials tested are stated by their name accordingly. Coulombic efficiencies higher than 100 % 

observed in some of the materials are here attributed to the formation of polysulfides (regarding the 

pH > 12 preserved in this study), occurring via chemical dissolution of S
0

 in the sulfide containing 

alkaline solution (Behm and Simonsson 1997; Mao et al. 1991; Vaiopoulou et al. 2016) . 
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Figure A2.5 ð Evolution of the anode potential in the electrode materials during the activity tests at a 

constant current density of j = 50 A m
-2

. Triplicates of the chronopotentiograms of the activity tests for 

all the electrodes tested. The potentials are reported with uncompensated resistance correction. 
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Figure A2.6 ð Elemental sulfur (S
0

) produced during the 24 h activity tests with Pt electrode contributed 

to the yellowish colour of the anolyte obtained during the experiment: a) Anolyte yellowish colour after 

production of S
0

, b) Triplicates of used Pt electrodes in comparison with an unused Pt electrode. Particles 

of S
0

 can be seen deposited on the electrode surface 

 

 

 

Figure A2.7 ð Evolution of anode potential during incremental increase of  current density, recorded at 

the end of the stability tests during the last 27 hours for the different electrode materials (Anolyte: 50 

mM Na2S, 50 mM NaOH) 
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Figure A2.8 ð SEM images after the stability tests of a) Ir MMO, b) Ru MMO, c) Pt/IrOx, d) PbOx, e) 

Pt and f) TiO2/IrTaO 2. Magnification 400 X using 20 keV, before electrochemical sulfide oxidation. The 

white bars represent 10 µm. 

 

 

Figure A2.9 ð Lead dissolution in the alkaline anolyte during the 24 h activity tests with PbOx as anode 

material: a) Anolyte obtained a brown - reddish colour after apparent dissolution of PbO2, b) Triplicates 

of PbOx electrodes used, in comparison with an unused PbOx electrode. Reddish deposition on the 

epoxy glue is associated with PbO2 dissolution. 
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Table A2.1 ð Uncompensated resistance (Ru) measured for the three replicates electrodes during the 

activity tests 

Electrode 

material 

Ru 1 (Ohm) Ru 2 (Ohm) Ru 3 (Ohm) Average +/ĭ 

SD 

Ir MMO 7.3 8.2 4.8 6.8 ± 1.4  

Ru MMO 8.3 6.8 9.0 8.0 ± 0.9  

Pt/IrOx 12.7  7.4 21.7  13.9 ± 5.9  

PbOx 10.8  20.3  11.4  14.2 ± 4.3  

Pt 9.6 12.3  16.1  12.7 ± 2.7  

TiO2/IrTaO 2 9.1 7.8 9.7 8.9 ± 0.8  

 

 

Table A2.2 ð Uncompensated resistance (Ru) measured before and after the stability tests 

Electrode material Initial Ru (Ohm) Final Ru (Ohm) 

Ir MMO 6.5  8.6  

Ru MMO 6.4 6.0 

Pt/IrOx 8.9 10.5  

PbOx 9.4 8.8 

Pt 9.1 7.8 

TiO2/IrTaO 2 9.0 7.8 

 

 

Table A2.3 ð Intrinsic properties comparison among electrodes. Apparent capacitance (Capp) calculated 

based on the equation A2.1.1.2 measured, from the cyclic voltammograms in Figure A2.3, oxygen 

evolution onset potential (OEP) and sulfide oxidation potential (SOP) for Ir MMO, Ru MMO, Pt/IrOx, 

Pt and TiO2/IrTaO 2 electrodes. The Capp and OEP were determined at 50 mM NaOH electrolyte and 

the SOP at 50 mM Na2S + 50 mM NaOH solution .  

Electrode material Capp (mF cm
-2

) OEP (V vs SHE) SOP (V vs. SHE) 
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Ir MMO 19.44  0.80 -0.01 

Ru MMO 27.19  0.75 0.04 

Pt/IrOx 7.63  0.77 -0.35 

PbOx N/A  1.06 0.51 

Pt 3.06  1.01 0.58 

TiO2/IrTaO 2 7.63  0.75 -0.05 

 

 

Table A2.4 ð Activity performance of the electrode materials: the sulfide removal efficiency (REHS

-

 %); 

the coulombic efficiency (CEHS

-

 %); the initial potential (Ei), final potential (Ef) and averaged potential 

recorded all along the experiment (Eav) of the anodes (V vs SHE). Values reported for the total 

experimental period of the activity tests. The potentials are reported without uncompensated resistance 

correction. All experiments were conducted in triplicate. 

Electrode material RHS

-

 

(mmol/h)  

CEHS

-

 

(%) 

Ei  

(V) 

Ef 

(V) 

Eav 

(V) 

Ir MMO 0.5 ± 0.0  43.9 ± 0.2  0.38 ± 0.02  1.24 ± 0.01  1.01 ± 0.30  

Ru MMO 0.8 ± 0.0  63.2 ± 0.5  0.57 ± 0.03  1.23 ± 0.03  1.08 ± 0.17  

Pt/IrOx 0.6 ± 0.0  47.7 ± 1.3  0.62 ± 0.09  1.95 ± 0.10  1.54 ± 0.60  

PbOx 0.8 ± 0.0  64.7 ± 0.3  0.53 ± 0.10  1.75 ± 0.05  1.14 ± 0.37  

Pt 0.7 ± 0.0  58.9 ± 0.1  1.00 ± 0.11  2.00 ± 0.07  1.84 ± 0.32  

TiO2/IrTaO 2 0.5 ± 0.0  41.1 ± 4.2  1.68 ± 0.06  1.67 ± 0.02  1.66 ± 0.03  

 

 

Table A2.5 ð Anode  potential values of the different electrode materials during the last step of stability 

tests (200 A m
-2

 applied for 14 hrs), initial (EWE, i), final (EWE, f) and average WE potential (EWE, av) (V 

vs SHE) 

Electrode material EWE, i  EWE, f  EWE, av  

Ir MMO 1.73 1.80 1.82 ± 0.07  

Ru MMO 1.54 1.59 1.56 ± 0.02  
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Pt/IrOx 2.93  6.60 3.89 ± 1.01  

PbOx 2.22  2.03 2.04 ± 0.04  

Pt 2.59  2.60 2.60 ± 0.01  

TiO2/IrTaO 2 2.49  2.51 2.48 ± 0.01  

 

 

Table A2.6 ð Compositional variations based on SEM-EDX surface analysis, before (initial) and after 

(final) the stability tests   

Electrode 

material 

Initial Catalyst 

Content (wt%) 

Initial base metal 

content (wt%) 

Final Catalyst 

Content (wt%) 

Final base metal 

content (%) 

Ir MMO 37.3 ± 0.7  1.4 ± 0.0  57.2 ± 0.1  2.9 ± 0.1  

Ru MMO 23.7 ± 0.1  37.1 ± 0.2  19.7 ± 0.1  36.0 ± 0.7  

Pt/IrOx Pt: 29.8 ± 0.4, 

Ir: 9.5 ± 0.4  

43.3 ± 0.8  Pt: 0.4 ± 0.1,   

Ir: 0.5 ± 0.1  

77.4 ± 0.2  

PbOx 79.1 ± 5.4   -  79.8 ± 0.8   -  

Pt 73.3 ± 1.9  12.4 ±  0.2 67.1 ± 0.7  11.1 ± 0.4  

TiO2/IrTaO 2 Ti: 65.5 ± 0.3   -  Ti: 46.1 ± 1.4, 

Ir: 3.4 ± 0.3, Ta: 

1.4 ± 0.3  

 -  

 

A2.1.1  Calculations 

 

¶ Resistance measurements 

The uncompensated resistance between each WE and the reference was assessed by the current 

interrupt method. An electrical current i of 5 mA was imposed across the cell then switched off (i.e. 

open circuit) with a period of 10 ms 5 times successively. The evolution of the WE potential was 

recorded every 0.2 ms. The instantaneous change in potential (during the first interval of 0.2 ms after 

switching on or off the current) can be assumed to be the ohmic drop i×R since the other processes 

involved in the voltage amplitude (faradaic and diffusional) present much slower relaxation times. The 

uncompensated resistance is then obtained by the Ohmõs law: 

Ὑ                            (A2.1.1.1), 
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where R is the uncompensated resistance between the WE and the reference electrode (Ý), ɲE is the 

instantaneous ohmic drop (V) and i the current drop (A). 

  

¶ Capacitance measurements 

Ὦὸ ὅ                          (A2.1.1.2), 

where j is the (pseudo)capacitive current density (A m
ĭ2

), Capp is the apparent, geometric capacitance 

of the material with respect to the projected surface area (F m
ĭ2

), dV/dt is the scan rate of the cyclic 

voltammetry (V s
ĭ1

). The capacitance is here called òapparentó since: (i) the value strongly depends 

on the specific surface area of the electrode and (ii) pseudocapacitive phenomena can also arise in 

the catalyst layer, i.e. an oxidation/reduction cycle of some catalyst element (faradaic process). 

 

¶ Reported electrode potential 

EWE = E app ð ɲE                  (A2.1.1.3 ), 

where EWE (V) is the reported electrode potential, Eapp (V) is the apparent electrode potential measured 

by the potentiostat and ɲE is the instantaneous ohmic drop (V). 
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A3.1 Supplementary material for Chapter 4 

 

A3.1.1  Materials and Methods 

 

Table A3.1 ð Uncompensated resistance between anode and reference electrode (Ru) and cell 

resistance (Rcell) obtained with the current interrupt (CI) method performed in synthetic SCS 

Cell configuration Ru (Ý) Rcell (Ý) 

Two compartment 
0.02 0.25 

 

Table A3.2 ð Sulfide oxidation reactions putatively taking place in a galvanostatically controlled cell 

depending on the obtained anode potential, based on Bouroushian (Bouroushian 2010)  

Electrochemical reactions E
0

 (V vs SHE) 

HS
- ź S

0 

+ H
+

 + 2e
-

 -0.065  

nHS
-

 ź Sn

2-

 + nH
+

 + 2e
- 

 -0.053 to +0.298  

2HS
- 

+ 3H 2O 
 Ÿ  S2O3

2-

 + 8H
+

 + 8e
-

 +0.200  

HS
- 

+ 4H 2O
  Ÿ SO4

2- 

+ 9H
+

 + 8e
-

 +0.252  

 

 

A3.1.2  Introduction to the three compartment cell 

 

The three compartment cell was constructed as described in Chapter 2 by creating a middle 

compartment between the anodic and the cathodic compartment (Fig. A3.1b). An anion exchange 

membrane (AEM) (fumasep® FAB PK-130, Fumatech GmbH, Germany) separates the anodic and 

middle compartment and a cation exchange membrane (CEM) (Fumasep© FKL-PK-130, Fumatech 

GmbH, Germany) separates the cathodic from the middle compartment, allowing internal volume of 

200 mL for each compartment. An iridium mixed metal oxide (Ir MMO) titanium-based (Ti) electrode 

(Magneto special anodes B.V., The Netherlands) was used as anode. As cathode, a stainless steel thin 
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mesh (Solana, Belgium) was used. All electrodes had a projected surface area of 20 x 5 cm. The three 

compartment cell was operated with real SCS in batch for 8 h, in increasing current densities of 100, 

200 and 300 A m
-2

. The influent was inserted in the middle compartment with 1.67 L d
-1

 flow rate, 

the same as in the anodic flow rate of the two-compartment cell.  As anolyte and catholyte initially a 

4 wt.% NaOH solution was used to ensure sufficient initial conductivity and avoided putative non-

electrically driven diffusion of sodium across the CEM (Vaiopoulou et al. 2016). 

 

 

Figure A3.1 ð Schematic representation of a) the two compartment electrolysis cell separated by a 

cation exchange membrane (CEM) and b) the three compartment cell, where an anion exchange 

membrane (AEM) separates the anodic and middle compartment and a CEM separates the cathodic 

from the middle compartment 

 

A3.1.3  Results and Discussion 

 

Table A3.3 - Process cost estimation, based on an electrochemical unit treating 40 m
3

 of SCS per day 

Operational conditions References  

Average cell voltage (V) 1.75  

SCS flow rate (m
3

 d
-1

) 40 0.5 ð 15 gallon per minute (gpm) 

are the typical NaOH flow rates in 

refineries (European Comission 

2000; Barthe et al. 2015) . 
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Hydraulic residence time (h) 2.87 Selected based on experimental 

setup, taking into account the flow 

rate (1.67 L d
-1

) and the volume of 

each electrode compartment (0.2 L). 

H2O2 market price (ú ton
-1

) 500 The market price of H2O2 was 

selected for 90% (Ciriminna et al. 

2016). 

NaOH market price (ú ton
-1

) 450 The market price of NaOH was 

selected based on the average 

market prices between January 

2016 and 2019 (Echemi 2019b; 

Jonathan Chou 2018).  

Electricity cost (ú kWh
-1

) 0.11 Industrial electricity charge input cost 

for small industries (500 ð 2,000 

MWh annual electricity 

consumption) in Belgium (2017) 

(statista 2020). 

   

 

 

 

Figure A3.2 ð Anode potential oscillations of Ir MMO anode, during the batch tests with synthetic SCS 

at 300 A m
-2

 (n=2) The different colours represent the two replicates.  
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Figure A3.3 ð Contact angle (̒  in °) measurement results for the S
0

 produced particles with A) water 

and B) glycerol  

 

 

 

Figure A3.4 ð Organics (ethanol) concentrations (g L
-1

) in the SCS influent, anodic effluent and cathodic 

batch, during the 20 days of continuous operation at 300 A m
-2

 applied current density 

 

 

 

Figure A3.5 ð Averaged mole balance of OH
-

 and H
+

 formed during the continuous tests with industrial 

SCS in the anodic chamber with Ir MMO electrode, based on the reactions given in Bouroushian 

(Bouroushian 2010) given in Table A3.2 
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Figure A3.6 ð Coulombic efficiency (CE, %) versus the current density (j, A m
-2

), obtained from 

preliminary batch tests with a 3-compartment cell and an Ir MMO electrode (Fig. A3.1b), with synthetic 

SCS. The CEHS-% was calculated based on the removal of HS
-

 from the middle compartment and the 

CEOH% based on the NaOH recovery in the cathodic compartment. 
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A4.1 Supplementary material for Chapter 5 

 

A4.1.1  Materials and methods 

16S rRNA Gene amplicon sequencing. In brief, DNA extraction was performed by means of bead 

beating with a PowerLyzer instrument (Qiagen, Venlo, Netherlands) and phenol/chloroform 

extraction. The 16S rRNA gene V3-V4 hypervariable regions were amplified by PCR using primers 

341F (5õ-CCT ACG GGN GGC WGC AG -3õ) and 785Rmod (5õ-GAC TAC HVG GGT ATC TAA KCC-

3õ). The reverse primer was adapted from Klindworth et al. (Klindworth et al. 2013), to increase 

coverage. PCR was performed using Taq DNA Polymerase with the Fermentas PCR Kit according to 

the manufacturersõ specifications (ThermoFisher Scientific, Waltham, MA, USA). The obtained PCR 

product was ran on a 2% agarose gel for 30 minutes at 100V. 10µl of the original genomic DNA 

extract was send out to LGC Genomics GmbH (Berlin, Germany) for library preparation and 

sequencing on an Illumina Miseq platform with v3 chemistry with the primers mentioned above. Read 

assembly and cleanup was largely derived from the MiSeq SOP described by the Schloss lab (Kozich 

et al. 2013; Schloss et al. 2011). In brief, mothur (v.1.39.5) was used to assemble reads into contigs, 

perform alignment-based quality filtering (alignment to the mothur-reconstructed SILVA SEED 

alignment, v. 123), remove chimeras, assign taxonomy using a naïve Bayesian classifier (Q. Wang et 

al. 2007)  and and SILVA NR v128 and cluster contigs into OTUs at 97% sequence similarity. All 

sequences that were classified as Eukaryota, Archaea, Chloroplasts and Mitochondria were removed. 

Also, if sequences could not be classified at all (even at (super)Kingdom level) they were removed. For 

each OTU representative sequences were picked as the most abundant sequence within that OTU.  

Clone library. PCR was performed using a recombinant Taq DNA Polymerase kit, Fermentas (Thermo 

Fischer Scientific, Waltham, MA, USA), in 25µl reactions containing: 2.5 µl 10x Taq buffer (+KCl ð 

MgCl2), 0.5 µl of 10mM dNTP, 2 µl of 25 mM MgCl 2, 2.5 µl of 10µM Primer 27f  

AGAGTTTGATCMTGGCTCAG, 2.5 µl of 10µM Primer 1492r TACGGYTACCTTGTTACGACTT, 0.125 

µl of 5 U/µL Taq polymerase, 0.065 µl of 20mg/ mL BSA (Roche Holding AG, Basel, Switzerland), 

14.81 µl PCR-water and 1 µl Sample. Amplification was ran including initial denaturation for 7 min 

at 95°C, followed by 32 cycles of 1 min denaturation at 95°C, 1 min anneal at 55°C and 2 min 

extension at 72°C. A final elongation step was included at 72°C for 10 min. The product was ran for 

30 min at 100V on a 2% agarose gel and was visualized using a UV transilluminator. The fragment 

was purified using the innuPREP PCRpure Kit (Analytik Jena, Jena, Germany) and the concentration 

was measured with a DS-11 Microvolume Spectrophotometer (DeNovix, Wilmington, DE,  USA). The 

purified fragment was cloned into a pCRÊ2.1-TOPO® vector and subsequently introduced into One 
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Shot® DH5 Êh-TOP10 cells using the TOPO® TA Cloning® kit (Thermo Fisher Scientific, Waltham, 

MA, USA). Following blue-white screening, 16 white colonies were picked and used in colony-PCR 

using the above mentioned protocol and primers M13F GTAAAACGACGGCCAG and M13R 

CAGGAAACAGCTATGAC. The PCR was checked on a 2% agarose gel, the 16 positive products were 

purified with the innuPREP PCRpure Kit and their concentrations measured with a DS-11 Microvolume 

Spectrophotometer (DeNovix, Wilmington, DE,  USA). Subsequently, 4 µl from a 5 µM stock of one of 

the M13 primers was added to 10 µl of 40 ng/µl of PCR product, for both forward and reverse 

sequencing reactions. The reactions were send out to LGC Genomics (LGC Genomics GmbH, Berlin, 

Germany). The resulting sequences were blasted using NCBIõs BLAST ( 

https://blast.ncbi.nlm.nih.gov/Blast.cgi).  

Calculations 

The [H2Saq] concentrations were calculated using measured pressure and CGC (Compact Gas 

Chromatograph) mol % H2S, according to the following equation: 

 

ὌὛ ὑ ὖz  ὑ ὖz άzέὰϷὌὛ                                                                        (A4.1.1.1 )  

, where KH2S = 10
-3

 mol m
-3

 Pa
-1

 (Sander 2015) 

  

ὴὑὥȾ ὰέὫ                                                                                                       (A4.1.1.2) 

 

Table A4.1 ð Initial conditions in flask experiments. Three pH values (7, 6 and 5) were tested with 8 

initial sulfide concentrations in triplicate. Initial (t=0) total dissolved sulfide concentration ([TDS], mM), 

measured pH values, H2Saq concentration ([H2Saq], mM), acetate concentration ([Ac
-

], mM) and cell 

density ([Cells], Cells mL
-1

) after inoculation are presented.  

Run Set [TDS] (mM) pH [H2Saq] (mM) [Ac
-

] (mM) [Cells]              

(10
7

 Cells) 

mL
-1

) 

 Average n.a. 6.81 ± 0.12  n.a. 3.32 ± 0.23  7.36 ± 0.89  

 

pH 7 

1 0.06  ± 

0.01 

6.80 ± 0.09  0.04 ± 0.01  3.48 ± 0.11  7.63 ± 0.56  

2 0.18  ± 

0.04 

6.74 ± 0.05  0.12 ± 0.02  3.41 ± 0.29  7.35 ± 0.95  

3 0.31  ± 

0.04 

6.73 ± 0.04  0.20 ± 0.03  3.39 ± 0.09  7.05 ± 1.04  

4 0.58  ± 

0.06 

6.78 ± 0.07  0.37 ± 0.04  3.27 ± 0.36  7.53 ± 0.96 

5 0.93  ± 

0.05 

6.67 ± 0.08  0.63 ± 0.01  3.30 ± 0.23  6.94 ± 1.32  
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6 1.56  ± 

0.25 

6.89 ± 0.06  0.79 ± 0.06  3.35 ± 0.09  8.05 ± 0.05  

7 1.73  ± 

0.24 

6.86 ± 0.09  0.96 ± 0.05  3.15 ± 0.15  7.27 ± 0.65  

8 3.79  ± 

0.34 

6.99 ± 0.06  1.96 ± 0.09  3.21 ± 0.17  7.05 ± 0.25  

 Average n.a. 6.06 ± 0.16  n.a. 1.77 ± 0.25  6.13 ± 0.79  

pH 6 

1 0.06 ± 0.01  5.91 ± 0.04  0.06 ± 0.01  2.04 ± 0.42  6.07 ± 0.77  

2 0.13 ± 0.03  5.94 ± 0.01  0.12 ± 0.03  1.85 ± 0.13  5.72 ± 0.68  

3 0.27 ± 0.05  5.95 ± 0.00  0.24 ± 0.05  1.90 ± 0.01  6.46 ± 0.71  

4 0.51 ± 0.07  6.02 ± 0.04  0.46 ± 0.06  1.73 ± 0.12  5.60 ± 0.90  

5 0.85 ± 0.04  6.05 ± 0.04  0.76 ± 0.04  1.70 ± 0.18  6.20 ± 0.52  

6 0.99 ± 0.12  6.09 ± 0.02  0.88 ± 0.11  1.63 ± 0.27  5.81 ± 0.45  

7 1.18 ± 0.10  6.15 ± 0.04  1.04 ± 0.10  1.69 ± 0.18  6.38 ± 0.76  

8 3.00 ± 0.21  6.41 ± 0.04  2.37 ± 0.21  1.64 ± 0.16  6.83 ± 0.58  

 Average n.a. 5.58 ± 0.28  n.a. 1.35 ± 0.10  6.13 ± 0.49  

pH 5 

1 0.04 ± 0.00  5.23 ± 0.03  0.04 ± 0.00  1.43 ± 0.07  6.22 ± 0.32  

2 0.20 ± 0.02  5.29 ± 0.02  0.20 ± 0.02  1.46 ± 0.04  6.48 ± 0.19 

3 0.30 ± 0.02  5.39 ± 0.01  0.29 ± 0.02  1.43 ± 0.03  6.64 ± 0.37  

4 0.63 ± 0.03  5.52 ± 0.03  0.61 ± 0.03  1.37 ± 0.05  5.97 ± 0.17  

5 0.78 ± 0.02  5.58 ± 0.02  0.75 ± 0.02  1.37 ± 0.05  6.10 ± 0.37  

6 1.24 ± 0.14  5.72 ± 0.03  1.18 ± 0.13  1.35 ± 0.05  5.77 ± 0.41 

7 1.45 ± 0.06  5.80 ± 0.03  1.37 ± 0.06  1.26 ± 0.05  6.23 ± 0.32  

8 3.19 ± 0.07  6.13 ± 0.05  2.81 ± 0.06  1.17 ± 0.06  5.60 ± 0.63  

 

 

Table A4.2 ð Composition of modified homoacetogenic medium adapted from Patil et al. (2015) 

(Patil et al. 2015) 

K2HPO4  0.2 g L
-1

  

NH4Cl  0.25 g L
-1

  

KCl  0.5 g L
-1

  

CaCl2.2H2O  0.15 g L
-1

  

MgCl2.6H2O  0.6 g L
-1

  

NaCl  1.2 g L
-1

  

Tryptone 0.2 g L
-1
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Yeast extract  0.5 g L
-1 

 

 

Addition in 1 L of medium  

Trace metal solution*     1 mL  

Vitamin solution**  2.5 mL  

Tungstate-selenium solution***  0.1 mL  

 

*Composition of trace metal solution (g L
-1

)   

Nitrilotriacetic acid (dissolve with KOH; pH 6.5)     1.5 

Mg2Cl2.6H2O  3.0  

MnCl2.2H2O  0.5  

NaCl  1  

FeCl2  0.1  

CoCl2  0.1  

CaCl2.2H2O  0.1  

ZnCl2  0.1  

CuCl2  0.01  

AlCl3.6H2O  0.01  

H3BO3  0.01  

Na2MoO 4.2H2O  0.01  

 

**Composition of vitamin solution (mg L
-1

)  

 

 

Sodium ascorbate 10 

Biotin  4  

Folic acid  4  

Pyridoxine hydrochoride  20  
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Thiamine hydrocloride  10  

Riboflavin  10  

Nicotinic acid  10  

DL-calcium pantothenate  10  

Vitamin B12  0.2  

p-aminobenzoic acid  10  

Lipoic(thioctic) acid  10  

Myo-inositol  10  

Choline chloride  10  

Niacinamide  10  

Pyridoxal hydrochloride  10  

 

***Composition of tunstate- selenium solution  

 

0.1mM Na 2WO4 + 0.1mM Na 2SeO3 in 20mM NaOH  

 

 

  

Table A4.3 ð Metal availability with increasing sulfide concentrations at the end of the experimental 

cycle (t = 240 h) conducted at pH 7, analysed with ICP-MS, as previously described (Folens et al. 

2018)  

samples [TDS] (mM) Fe (µg L
-1

) Mn (µg L
-1

) Mg (mg L
-1

) 

inoculated 0.06 634 168 74.7  

inoculated 1.26 254 159 69.6  

inoculated 3.33 241 157 64.8  

control 0.06 854 209 80.3  

control  1.26 424 208 78.1  

control 3.33 384 187 72.3  
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Table A4.4 ð Sulfide fractionation based on acid-base equilibria for a pH = 4.5 ð 7.5, derived by 

Visual MINTEQ 

pH HS
Ƅ
 % H2S (aq) % 

4.5 0.335  99.665  

4.6 0.422  99.578  

4.7 0.532  99.468  

4.8 0.670  99.330  

4.9 0.844  99.156  

5.0 1.064  98.936  

5.1 1.341  98.659  

5.2 1.690  98.310  

5.3 2.128  97.872  

5.4 2.364  97.636  

5.5 2.960  97.040  

5.6 3.703  96.297  

5.7 4.623  95.377  

5.8 5.758  94.242  

5.9 7.153  92.847  

6.0 8.856  91.144  

6.1 10.917  89.083  

6.2 13.389  86.611  

6.3 16.320  83.680  

6.4 19.748  80.252  

6.5 23.695  76.305  

6.6 28.155  71.845  

6.7 33.092  66.908  
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6.8 38.430  61.570  

6.9 44.062  55.938  

7.0 49.848  50.152  

7.1 55.634  44.366  

7.2 61.268  38.732  

7.3 66.611  33.389  

7.4 71.555  28.445  

7.5 76.027  23.973  

 

 

A4.1.2  Results 

Table A4.5 ð Maximum values obtained during the batch experiments, for the 3 different runs (pH 7, 6 

and 5). Total acetate production rate (rAc, mM h
-1

), maximum acetate production rate (rAc

max

, mM h
-1

), 

maximum delta optical density measured at 600 nm (ɻOD600

max

) and cell density ([Cells], Cells mL
-1

), 

measured at the end of each batch experiment (t=240h) are presented. 

Run Set rAc          

(mM h
-1

) 

rAc

max

  

(mM h
-1

) 

OɻD 600

max

    

(-) 

[Cells]                    

(10
7

 Cells 

mL
-1

) 

pH 

 Average n.a. n.a.  n.a. n.a. 6.56 ±  0.34  

 

pH 7 

1 0.12 ± 0.03  0.21 ± 0.08  0.71 ± 0.14  95.2 ± 6.77  6.03 ± 0.45  

2 0.11 ± 0.01  0.15 ± 0.07  0.57 ± 0.02  91.7 ± 24.5  6.31 ± 0.17  

3 0.07 ± 0.01  0.09 ± 0.04  0.57 ± 0.11  95.1 ± 11.7  6.56 ± 0.05  

4 0.09 ± 0.01  0.10 ± 0.00  0.42 ± 0.05  65.4 ± 9.96  6.49 ± 0.03  

5 0.09 ± 0.01  0.11 ± 0.01  0.33 ± 0.04  48.1 ± 4.67  6.47 ± 0.10  

6 0.04 ± 0.01  0.05 ± 0.02  0.24 ± 0.02  51.9 ± 3.28  6.80 ± 0.10  

7 0.03 ± 0.02  0.04 ± 0.03  0.20 ± 0.07  44.2 ± 1.79  6.83 ± 0.05  

8 0.01 ± 0.01  0.01 ± 0.02  0.15 ± 0.08  21.6 ± 3.62  6.99 ± 0.03  

 Average n.a. n.a. n.a. n.a. 5.47 ± 0.38  

 

pH 6 

1 0.09 ± 0.02  0.20 ± 0.02  0.74 ± 0.12  72. ± 8.53  5.09 ± 0.11  

2 0.12 ± 0.00  0.24 ± 0.03  0.89 ± 0.06  87.4 ± 11.9  4.99 ± 0.03  

3 0.10 ± 0.00  0.19 ± 0.02  0.78 ± 0.10  84.5  ± 16.0  5.21 ± 0.03  
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4 0.09 ± 0.01  0.16 ± 0.04  0.67 ± 0.09  88.9 ± 22.2  5.44 ± 0.07  

5 0.08 ± 0.00  0.14 ± 0.01  0.51 ± 0.05  90.9 ± 0.00  5.55 ± 0.03  

6 0.09 ± 0.01  0.16 ± 0.07  0.49 ± 0.12  62.9 ± 14.5  5.53 ± 0.10  

7 0.07 ± 0.02  0.14 ± 0.03  0.54 ± 0.15  56.1 ± 10.6  5.71 ± 0.10  

8 0.02 ± 0.00  0.02 ± 0.01  0.08 ± 0.01  21.6 ± 2.03  6.27 ± 0.01  

 Average n.a. n.a. n.a. n.a. 5.21 ± 0.45  

 

pH 5 

1 0.04 ± 0.00  0.12 ± 0.02  0.71 ± 0.10  100 ± 29.5  4.80 ± 0.07  

2 0.05 ± 0.00  0.10 ± 0.02  0.71 ± 0.12  92.6 ± 22.8  4.79 ± 0.04  

3 0.05 ± 0.00  0.10 ±  0.01 0.75 ± 0.10  94.5 ± 11.5  4.84 ± 0.04  

4 0.06 ± 0.00  0.11 ± 0.01  0.66 ± 0.04  96.1 ± 19.2  4.96 ± 0.01  

5 0.05 ± 0.01  0.09 ± 0.03  0.48 ± 0.04  76.0 ± 23.0  5.13 ± 0.15  

6 0.04 ± 0.00  0.09 ± 0.01  0.33 ± 0.04  72.5 ± 6.85  5.44 ± 0.03  

7 0.03 ± 0.00  0.05 ±  0.01 0.22 ± 0.08  39.4 ± 22.6  5.67 ± 0.04  

8 0.01 ± 0.00  0.03 ± 0.02  0.09 ± 0.02  12.9 ± 0.54  6.09 ± 0.01  

 

 

 

Figure A4.1 ð Initial inoculation at different pH values. Every inoculation lasted for ~7 days and on the 

figure,  4 consecutive transfers are displayed. 
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Figure A4.2 ð Total cell counts for the different incubation experiments obtained with flow cytometry 

(FCM) at t=0 h and t=240 h. In the plot the average TDS concentrations of the different incubations 

are presented, at pH 7 (   ), 6 (   ) and 5 (   ), respectively. Data are averages of 3 incubations, error 

bars represent standard deviations of biological triplicates. 
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Figure A4.3 ð Time course graph for acetate production (mM) at pH 5 and 0.06, 1.26 and 3.33 mM 

TDS. Example representative of all incubations at different pH levels and TDS concentrations. Data are 

averages of 3 incubations, error bars represent standard deviations of biological triplicates. 

 

 

Figure A4.4 ð Total acetate production rate (rAc) (mM h
-1

) as a function of: (a) initial total dissolved 

sulfide concentration ([TDS]) (mM), (b) initial hydrogen sulfide dissolved ([H2Saq]) (mM) and (c) initial 
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bisulfide concentration ([HS
Ƅ
]) (mM) at pH 7 (   ), 6 (    ) and 5 (   ). Data are averages of 3 incubations, 

error bars represent standard deviations of biological triplicates. 

 

 

 

Figure A4.5 ð Maximum acetate production rate (mM h
-1

), calculated in a 48 h basis, plotted against: 

(a) initial total dissolved sulfide concentration ([TDS]) (mM), (b) initial dissolved hydrogen sulfide 

concentration ([H2Saq]) (mM) and (c) initial bisulfide concentration ([HS
Ƅ
]) (mM) at pH 7 (   ), 6 (   ) and 

5 (  ). Data are averages of 3 incubations, error bars represent standard deviations of biological 

triplicates. 
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Figure A4.6 ð Relative Abundances (%) of the 15 most abundant OTUs, in 3 biological replicates (2 

biological replicates at pH 6 and 1.26 mM [TDS]) at t=240h  

 

 

Figure A4.7 ð Estimated Absolute Abundances (EEA) in (cells mL
-1

) of the 15 most abundant OTUs, 

calculated as relative abundances normalised for the flow cytometric counts at t0, after culture 

preconditioning (4 transfers over 28 days) at pH 7, 6 and 5, respectively 

 

 

A4.1.3  Clone library results 

Forward sequencies where the genus Sphingobium was identified. 

 

>ElefF08.F 
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AGAGTTTGATCCTGGCTCAGAACGAACGCTGGCGGCATGCCTAATACATGCAAGTCGAACGAAC

TCTTCGGAGTTAGTGGCGCACGGGTGCGTAACGCGTGGGAATCTACCCAGAGGTTCGGAATAA

CGGTTGGAAACGACTGCTAATACCGGACGATGTCGAGAGACCAAAGATTTATCGCCTTTGGATGA

GCCCGCGTAAGATTAGCTAGTTGGTGAGGTAAAGGCTCACCAAGGCTACGATCTTTAGCTGGTCT

GAGAGGATGATCAGCCACACTGGGACTGAGACACGGCCCAGACTCCTACGGGAGGCAGCAGT

AGGGAATATTGGACAATGGGGGCAACCCTGATCCAGCAATGCCGCGTGAGTGATGAAGGCCTT

AGGGTTGTAAAGCTCTTTTACCCGGGATGATAATGACAGTACCGGGAGAATAAGCTCCGGCTAAC

TCCGTGCCAGCAGCCGCGGTAATACGGAGGGAGCTAGCGTTGTTCGGAATTACTGGGCGTAAA

GCGCACGTAGGCGGGCTATTTAAGTCAGAGGTGAAAGCCCGGGGCTCAACCCCGGAACTGCC

TTTGAGACTGGATAGCTTGAATCCTGGAGAGGTGAGTGGAATTCCGAGTGTAGGAGGTG 

>ElefF10.F 

TACGGCTACCTTGTTACGACTTCACCCCAGTCGCTGATCCCACCGTGGTCGCCTGCCTCTCTTGC

GAGTTAGCGCAGCGCCTTCGGGTGAAACCAACTCCCATGGTGTGACGGGCGGTGTGTACAAGG

CCTGGGAACGTATTCACCGCGGCATGCTGATCCGCGATTACTAGCGATTCCGCCTTCATGCTCTC

GAGTTGCAGAGAACAATCCGAACTGAGACGACTTTTGGAGATTAGCTACCCCTCGCAGGGTTGCT

GCCCACTGTAGTCGCCATTGTAGCACGTGTGTAGCCCAACGCGTAAGGGCCATGAGGACTTGA

CGTCATCCCCACCTTCCTCCGGCTTATCACCGGCGGTTACCTTAGAGTGCCCAACTAAATGATGG

CAACTAAGGTCGAGGGTTGCGCTCGTTGCGGGACTTAACCCAACATCTCACGACACGAGCTGAC

GACAGCCATGCAGCACCTGTCACTTATCCAGCCGAACTGAAGAAAAGCATCTCTGCTAATCACGA

TAAGGATGTCAAACGTTGGTAAGGTTCTGCGCGTTGCTTCGAATTAAACCACATGCTCCACCGCTT

GTGCAGGCCCCCGTCAATTCCTTTGAGTTTTAATCTTGCGACCGTACTCCCCAGGCGGATAACTTA

ATGCGTTAGCTGCGCCACCCAAGTTCCATGAACCCGGACAGCTAGTTATCATCGTTTACGGCGTG

GACTACCAGGGTATCTAATCCTGTTTGCTCCCCACGCTTTCGCACCTCAGCGTCAATACCTGTCCA

GTGAGCCGCCTTCGCCACTGGTGTTCTTCCGAATATCTACGAATTTCACCTCTACACTCGGAATTC

CACTCACCTCTCCAGGATTCAAGCTATCCAGTCTCAAAGGCAGTTCCGGGGTTGAACCCCGGGC

TTTCACCTCTGACTTAAATAGCCGCCTACTGGCGCTTTACTCCCAGGAATTCCGAACAACGCT 

>ElefF11.F 

AGAGTTTGATCCTGGCTCAGAACGAACGCTGGCGGCATGCCTAATACATGCAAGTCGAACGAAC

TCTTCGGAGTTAGTGGCGCACGGGTGCGTAACGCGTGGGAATCTACCCAGAGGTTCGGAATAA

CGGTTGGAAACGACTGCTAATACCGGACGATGTCGAGAGACCAAAGATTTATCGCCTTTGGATGA

GCCCGCGTAAGATTAGCTAGTTGGTGAGGTAAAGGCTCACCAAGGCTACGATCTTTAGCTGGTCT

GAGAGGATGATCAGCCACACTGGGACTGAGACACGGCCCAGACTCCTACGGGAGGCAGCAGT

AGGGAATATTGGACAATGGGGGCAACCCTGATCCAGCAATGCCGCGTGAGTGATGAAGGCCTT

AGGGTTGTAAAGCTCTTTTACCCGGGATGATAATGACAGTACCGGGAGAATAAGCTCCGGCTAAC

TCCGTGCCAGCAGCCGCGGTAATACGGAGGGAGCTAGCGTTGTTCGGAATTACTGGGCGTAAA
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GCGCACGTAGGCGGCTATTTAAGTCAGAGGTGAAAGCCCGGGGCTCAACCCCGGAACTGCCTT

TGAGACTGGATAGCTTGAATCCTGGAGAGGTGAGTGGAATTCCGAGTGTAGAGGTGAAATTCGTA

GATATTCGGAAGAACACCAGTGGCGAAGGCGGCTCACTGGACAGGTATTGACGCTGAGGTGCG

AAAGCGTGGGGAGCAAACAGGATTAGATACCCTGGTAGTCCACGCCGTAAACGATGATAACTAG

CTGTCCGGGTTCATGGAACTTGGGTGGCGCAGCTAACGCATTAAGGTTATCCGACCTGGGG 

>ElefF16.F 

TACGGTTACCTTGTTACGACTTCACCCCAGTCGCTGATCCCACCGTGGTCGCCTGCCTCTCTTGC

GAGTTAGCGCAGCGCCTTCGGGTGAAACCAACTCCCATGGTGTGACGGGCGGTGTGTACAAGG

CCTGGGAACGTATTCACCGCGGCATGCTGATCCGCGATTACTAGCGATTCCGCCTTCATGCTCTC

GAGTTGCAGAGAACAATCCGAACTGAGACGACTTTTGGAGATTAGCTACCCCTCGCAGGGTTGCT

GCCCACTGTAGTCGCCATTGTAGCACGTGTGTAGCCCAACGCGTAAGGGCCATGAGGACTTGA

CGTCATCCCCACCTTCCTCCGGCTTATCACCGGCGGTTACCTTAGAGTGCCCAACTAAATGATGG

CAACTAAGGTCGAGGGTTGCGCTCGTTGCGGGACTTAACCCAACATCTCACGACACGAGCTGAC

GACAGCCATGCAGCACCTGTCACTTATCCAGCCGAACTGAAGAAAAGCATCTCTGCTAATCACGA

TAAGGATGTCAAACGTTGGTAAGGTTCTGCGCGTTGCTTCGAATTAAACCACATGCTCCACCGCTT

GTGCAGGCCCCCGTCAATTCCTTTGAGTTTTAATCTTGCGACCGTACTCCCCAGGCGGATAACTTA

ATGCGTTAGCTGCGCCACCCAAGTTCCATGAACCCGGACAGCTAGTTATCATCGTTTACGGCGTG

GACTACCAGGGTATCTAATCCTGTTTGCTCCCCACGCTTTCGCACCTCAGCGTCAATACCTGTCCA

GTGAGCCGCCTTCGCCACTGGTGTTCTTCCGAATATCTACGAATTTCACCTCTACACTCGGAATTC

CACTCACCTCTCCAGGATTCAAGCTATCCAGTCTCAAAGGCAGTTCCGGGGTTGAGCCCCGGGC

TTTCGCCTCTGACTTAAATAAGCCGCCTACGTGCGCTTTACGCCCAGTAATTCCGAACAACGCTAG

CTCCCTCCGTATTACCGCGGCTGCTG 
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A5.1 Supplementary material for Chapter 6 

 

A5.1.1  Materials and Methods 

 

 

 

Figure A5.1 ð Organic acids concentration during: Panel A: First batch operation at pH 7, lasted 60 

days, Panel B: Second batch operation at pH 6.5, lasted 37 days, after which, continuous operation 

started: formic acid (orange), acetic acid (black), propionic acid (yellow), butyric acid (dark blue), lactic 

acid (light blue) 
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Figure A5.2 ð Correlation of two methods for biomass analysis with the intact cells concentration 

measured by flow cytometry (FCM). Panel A: Volatile suspended solids (VSS) vs Intact cells. Panel B: 

Optical density (OD) vs Intact cells 

 

 

Figure A5.3 ð The analysis of the flow cytometry (FCM) data was conducted by splitting the detected 

cells in an intact and a damaged population by creating two gates on the primary þuorescent 

channels. 
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A5.1.2  Results 

 

 

Figure A5.4 ð Time course measurement of the total dissolved sulfide (TDS) concentration in the 

fermenter 

 

 

Figure A5.5 ð Profile of carboxylic acids (in mmol C L
-1

) distribution in the reactor, during the total 168 

days of continuous operation: formic acid (green), acetic acid (pink), propionic acid (yellow), butyric 

acid (blue), lactic acid (grey). during the total 168 days of continuous operation (n = 2 technical 

replicates). The two dotted vertical lines represent a batch operation after a failure of the continuously 

operated reactor and the parts in between TDS addition, the reactor recovery periods. 

 

 

 

 






























































































