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Abstract  12 

This paper presents a 2D Computational Fluid Dynamics (CFD) study to investigate the 13 

performance of our high-throughput fixed-bed reactor used for the total oxidation of diluted 14 

volatile organic compounds (VOCs) in a continuous gas stream. The CFD model, based on 15 

a porous media and a power law kinetic model, is validated by comparing the calculated and 16 

experimentally determined conversion of methane, the selected VOC, over the β-17 

cyclodextrin-Cu/Hydroxyapatite catalyst for different operating conditions. The CFD model 18 

captures the effect of varying partial pressures of methane and oxygen on the methane 19 

conversion at various space time and temperature. Overall, simulation results qualitatively 20 

agree with experimental data within an average deviation of 17%. Analysis of the flow field, 21 

calculated using CFD, suggests that the reactor behavior resembles that of an ideal plug flow 22 

reactor. The findings set out the lines for creating a simplified 1D model of the high-23 

throughput reactor in our future research.  24 

1. Introduction 25 

As most people spend 70% to 90% of their time indoors,1 there is a growing attention for 26 

the effects of indoor air quality on health and well-being.2-3 Volatile Organic Compounds 27 

(VOCs) are major indoor air pollutants generated from various emission sources, including 28 

cooking, heating, and common household items.2, 4-5 Many VOCs are considered hazardous 29 

as they may cause impairment of the nervous system, respiratory diseases, and cancer.6-8 30 

Several technologies have been identified to reduce indoor VOC pollutants,9-10 including 31 

heterogeneous catalytic oxidation. Catalytic oxidation is a promising technology, enabling 32 
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nearly complete conversion of dilute VOCs into less harmful products at low operating 33 

temperatures.5, 11 The process is versatile, as it is possible to use a range of catalysts that can 34 

be prepared to meet the characteristics of the VOCs.8, 12 Consequently, catalytic oxidation 35 

offers an excellent opportunity to design tailor-made catalysts that effectively reduce VOCs 36 

emission indoors. 37 

Research into the catalytic oxidation of numerous VOCs has been conducted using various 38 

catalysts, as documented in several review articles.8, 11-14 However, in-depth experimental 39 

studies, including kinetic modeling, are still required to find the best catalyst to remove 40 

selected VOCs. Choudhary and Deshmukh investigated the total oxidation of diluted propane 41 

and methyl ethyl ketone over a Cr-doped ZrO2 catalyst in a continuous fixed-bed micro-42 

reactor.15 They evaluated two kinetic models using a power law and a Mars-Van Krevelen 43 

kinetic expression. The Mars-Van Krevelen redox model was found to give a better fit than 44 

the power law model for both propane and methyl ethyl ketone. The total catalytic oxidation 45 

of methane over supported CuO catalysts at 633 – 933 K was investigated by Águila et al.16 46 

The effect of adding reaction products to the gas inlet flow on methane conversion was also 47 

studied.16 Heynderickx et al. presented the results for the total oxidation of propane in a 48 

conventional fixed-bed reactor, operating at 543 – 648 K, using a commercial CuO-CeO2/γ-49 

Al2O3 catalyst.17 These authors constructed a comprehensive kinetic model using a 50 

mechanistic approach, i.e., based on the elementary reaction step in the reaction 51 

mechanism.17 They concluded that a Langmuir-Hinshelwood type of rate equation describes 52 

the oxidation of propane adequately.17  53 

Several researchers investigated the VOCs total oxidation, but only few of those18-21 54 

combined a hydrodynamic study of the applied reactor with reaction rate calculations. The 55 
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use of reaction rate is essential for determining the proper size of a reactor, thus, offering 56 

opportunities to minimize capital costs without sacrificing reactor performance. The lack of 57 

combining hydrodynamics and reaction chemistry can be effectively tackled by performing 58 

reactive flow Computational Fluid Dynamics (CFD) simulations. CFD is a powerful tool to 59 

model reactor hydrodynamics accounting for the reactions taking place. Once the combined 60 

model is validated, it can be used to understand reactor behavior, to optimize operating 61 

conditions and reactor geometry, to design new reactor technology, or to scale up the 62 

process.22 Although CFD modeling was already demonstrated to be applicable for various 63 

reactor geometries, including a gas-solid vortex reactor,23 a lateral flow reactor,24 and a fixed-64 

bed reactor,25 there is hardly any report on CFD modeling of catalytic VOC oxidation 65 

reactors. Choi and Yi performed CFD simulations of a three-bed regenerative thermal 66 

oxidizer treating a gas stream containing benzene, toluene, and xylene to evaluate the 67 

destruction of the VOCs as well as assess the flow field and temperature distribution within 68 

the reactor.18 Odiba et al. used CFD to simulate a microreactor comprising eleven parallel 69 

channels with a square cross-section to remove propane in order to assist in designing a new 70 

reactor.21 In this reactor, the catalyst was uniformly deposited on the channel walls as a thin 71 

and homogeneous layer. A hybrid model combining CFD with an Artificial Neural Network 72 

(ANN) approach for kinetic modeling was developed by Sokhansanj et al. to remove benzene 73 

and toluene.19 In this study, the CFD was utilized to predict and study the behavior of the 74 

catalytic reactor in an efficient manner. They used a cobalt-based Metal Organic Framework 75 

(MOF) on activated carbon as a catalyst in a tubular fixed-bed reactor.19 Niaei et al. 76 

developed a 3D CFD model including Mars-Van Krevelen kinetics to simulate the catalytic 77 

oxidation of ethyl acetate.20 The CFD study was valuable to predict the flow field and 78 
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temperature distribution as well as to investigate the reactor behavior without the need to 79 

carry out extended experimental works.20 They used a tubular reactor characterized by a tube-80 

to-particle diameter ratio of two, containing 20 spherical solid particles of Cr-HZSM-5 81 

catalyst. 82 

The present work aims at developing a CFD model that describes the performance of a β-83 

cyclodextrin-Cu/Hydroxyapatite (βCD-Cu/HAP) catalyst for the total oxidation of methane, 84 

a prominent VOC, in a high-throughput fixed-bed reactor exclusively designed to screen and 85 

develop new catalysts.26-29 The βCD-Cu/HAP catalyst is selected in this study as the 86 

incorporation of β-cyclodextrin enhances the catalytic performance of CuO supported HAP 87 

due to the enhanced Cu dispersion, as described by Ibrahim et al.30 The calculated methane 88 

conversion is compared to experimental data gathered over a wide range of operating 89 

conditions, including space time, reaction temperature, and partial pressure of both methane 90 

and oxygen. 91 

 92 

2. Experimental setup 93 

The High-Throughput Kinetic Screening (HTK-S) reactor is a fixed bed reactor built as an 94 

efficient setup to develop new catalysts. The HTK-S is comprehensively described in the 95 

work of Van der Borght et al.27 Experimental data obtained in the HTK-S allows the 96 

determination of intrinsic kinetics.29 The HTK-S setup comprises three main parts: a feed 97 

section, a reactor section, and an analysis section, as illustrated in Figure 1. The feed section 98 

is designed to mix several gases, to control the volumetric gas flow, and to ensure a uniform 99 

gas distribution from a single line to four parallel lines of fixed-bed reactors.  100 
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 101 

 102 

Figure 1. Schematic diagram of the HTK-S experimental setup 103 

 104 
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The computational domain covers just one of those four identical fixed-bed reactors, as 105 

shown in Figure 2. In summary, the fixed-bed reactor is 850 mm long and has an inner 106 

diameter of 2.2 mm, resulting in a high length-over-diameter ratio. The reactor is assumed to 107 

have a uniform bed porosity of 0.4.31 The reactor section is equipped with a back-pressure 108 

valve to regulate the reactor pressure and an electric oven to control the reaction temperature. 109 

The effluent composition is analyzed using a Gas Chromatograph (Thermo Fisher Scientific) 110 

equipped with a thermal conductivity detector. The methane conversions are calculated and 111 

used as validation data for the proposed CFD model. 112 

 113 
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  114 

Figure 2. Computational domain of the high-throughput catalytic fixed-bed reactor. Total 115 

height of a reactor tube is 850 mm. 116 

 117 

Table 1 provides detailed information about operating and boundary conditions. Several 118 

sets of experiments at different process parameters are carried out while keeping some 119 

parameters constant at all times, such as the total gas inlet volumetric flow rate (5.1 NL/h), 120 
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the combined weight of catalyst and inert (1.3 grams combined), and the outlet gas pressure 121 

(500 kPag).  122 

The experiments are varied by imposing different process parameters, including space 123 

time, temperature, and partial pressure of methane and oxygen. Firstly, the amount of catalyst 124 

in the middle (or reaction) zone of the fixed-bed reactor (see Table 1) is changed per 125 

experiment to vary the space time. For example, when a catalyst mass of 0.073 and 0.200 126 

grams is specified for a methane partial pressure of 2.91 kPa, the space time equals 196 and 127 

535 kgcat∙s∙molCH4

-1
, respectively. Given the design of the HTK-S reactor setup, the weight 128 

of the catalyst in the reactor is limited to 0.2 grams, needed to disregard a radial temperature 129 

gradient in the catalyst bed. The lowest amount of catalyst required to achieve a notable 130 

methane conversion corresponds to 0.073 grams. The catalyst weights of 0.113 and 0.153 131 

grams are selected to realize a well-distributed space time interval, as determined by the 132 

minimum and maximum catalyst weight. Remark that for a given space time, the amount of 133 

inert in the reaction zone is calculated by subtracting the specified amount of catalyst from 134 

the total weight of 1.3 grams. The catalyst used in the presented study is prepared according 135 

to the method described by the work of Ibrahim et al.30  136 

Secondly, when the methane partial pressure is set at 2.91, 4.52, and 7.97 kPa, the oxygen 137 

partial pressure is kept constant at 32.65 kPa, and the total outlet gas pressure is kept at 500 138 

kPag by the back-pressure valve. Similarly, when the oxygen partial pressure has set values 139 

of 16.64 and 32.65 kPa, the methane partial pressure is kept constant at 2.91 kPa, and the N2 140 

partial pressure is adapted to maintain the imposed gas pressure at the outlet. Changing partial 141 

pressures is done by adapting each species’ inlet volumetric flow rate. Finally, the reactor 142 
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wall temperature, crucial for determining the reaction temperature, is determined by the oven 143 

set-point temperature and varies throughout the experimental work. 144 

 145 

Table 1. Overview of operating conditions and boundary conditions 146 

Solid bed properties 

Catalyst βCD-Cu/HAP 

Inert material α-Al2O3 

Total weight catalyst + inert 1.3 g (all experiments) 

Catalyst weight 0.073, 0.113, 0.153, 0.200 g  

Mean particle diameter 0.125 mm 

Bed porosity 0.4 

Particle density 3,900 kg∙m-3 

Heat capacity 1,255 J∙kg-1∙K-1 

Heat conductivity 7 W∙m-1∙K-1 

Gas feed 

Composition 2.91, 4.57, 7.97 kPa CH4 

16.64, 32.65 kPa O2 

N2 as balance gas 

Density calculation Ideal gas 

Transport and 

thermophysical properties 

Kinetic gas theory 

Viscous model Laminar 
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Boundary conditions (all experiments) 

Inlet (mass flow rate inlet) 5.1 NL/hour gas at 293 K 

Outlet (pressure outlet) 500 kPag 

Walls No slip condition 

Wall thickness 4.25 mm 

Wall temperatures 623, 648, 673, 698, 723 K 

 147 

3. Model description 148 

3.1. Governing equations 149 

The HTK-S fixed-bed reactor is modeled as a porous medium with an isotropic bed 150 

porosity in a 2D axisymmetric geometry. This model considers both the gas and solid phase 151 

to be a continuous phase.32 Work by Gao et al. confirms that the 2D porous media model 152 

performs well in the CFD simulation of a fixed-bed reactor.25 The use of this model to 153 

simulate the catalytic fixed-bed reactors was already validated for different processes, 154 

including diethyl oxalate formation from carbon monoxide,25 butylene oxidative 155 

dehydrogenation,26 and methanol to olefins.33 Other research groups have also successfully 156 

used this approach.34-36 Additionally, the high tube-to-particle diameter ratio justifies the use 157 

of the porous media approach.37-41 The disadvantage of the porous media model is that the 158 

calculated gas velocity is not particle-resolved.37, 41  159 

The conservation and constitutive equations that contribute to the porous media model used 160 

for the CFD simulations are listed in Table 2. They include the gas-phase continuity equation 161 

(Eq. 1), gas-phase momentum equation (Eq. 2), energy equation (Eq. 3), and the species 162 
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transport model equation (Eq. 4). The simulations are carried out using the commercial CFD 163 

software package ANSYS FLUENT 2021 R2 (steady-state pressure-based solver with double 164 

precision). The coupled scheme is selected to account for the pressure-velocity coupling. The 165 

second-order upwind scheme is chosen for the spatial discretization of computed variables 166 

to ensure reasonable accuracy. The convergence criteria for the iterative calculations include 167 

residuals that are set to 10-5 for the continuity and species transport equations and set to 10-6 168 

for the other equations.  169 

In the porous media model applied in this work, a source term is added to the gas phase 170 

momentum equation, introducing the effect of the solid bed.42 This source term is calculated 171 

in Eq. 7, with Kperm  representing the permeability of 4.6 × 10-11 m2 and Kloss  the loss 172 

coefficient of 1 × 105 m-1. The permeability contribution in Eq. 7 is equivalent to Darcy’s 173 

law, where the pressure drop in the porous media is proportional to the gas velocity. The 174 

inertial loss contribution in Eq. 7 accounts for a loss coefficient per unit length in the flow 175 

direction. This allows to specify the pressure drop as a function of the dynamic head. The 176 

estimation of the gas-phase pressure drop is taken from the Ergun equation for flow through 177 

a packed bed (Eq. 8),43 which is assumed to be reliable for the HTK-S reactor.44  178 

The energy equation (Eq. 3) is solved to obtain the temperature field.42 The porous media 179 

model is applied assuming thermal equilibrium conditions, where the gas and solid phases 180 

are considered to have the same temperature. This choice is justified due to the high thermal 181 

conductivity of α-Al2O3 (the inert) with a relatively small mean particle diameter of 0.125 182 

mm in the solid phase. The thermal equilibrium assumption is expressed in the energy 183 

equation by using the effective thermal conductivity of the gas and solid phase. A similar 184 

assumption of thermal equilibrium using effective conductivity is also adopted by other 185 
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researchers using the porous media model.35, 45 In this work, the approach is also justified by 186 

the low total gas mass flow rate (1.7 × 10-6 kg/s) and the limited contribution of reaction 187 

enthalpy, as the methane concentration in the gas stream is only 0.6% mol/mol. 188 

 189 

Table 2. Overview of conservation equations and constitutive equations of the porous 190 

media model 191 

Gas phase continuity equation 

𝛻(𝜀𝜌𝑔�⃗� ) =  0 

(1) 

Gas phase momentum equation 

𝛻(𝜀𝜌𝑔�⃗� �⃗� ) =  −𝜀 𝛻𝑝 +  𝛻𝜀 𝜏̿ + 𝑆 𝑃𝑀 

(2) 

Energy equation 

𝛻[𝜀 �⃗� (𝜌𝑔𝐸𝑔 + 𝑝)] =  𝛻 [(𝜀𝜆𝑔 + (1 − 𝜀)𝜆𝑠)𝛻𝑇 − ∑(ℎ𝑖𝐽𝑖⃗⃗ ) + 𝜏̿ �⃗� ] −  ∑
ℎ𝑖

𝑓

𝑀𝑖
 𝑅𝑖 

(3) 

Species transport equation 

𝛻(𝜀𝜌𝑔�⃗� 𝑌𝑖) = − 𝛻𝐽 𝑖 + 𝑅𝑖 

(4) 

Gas phase equation of state 

𝑝 =  
𝜌𝑔𝑅𝑔𝑎𝑠𝑇

𝑀
 

(5) 

Gas phase stress tensor 

𝜏̿ =  𝜇𝑔 [𝛻�⃗� −  
2

3
𝛻�⃗� 𝐼]̿ 

(6) 

Porous media source term 

𝑆 𝑃𝑀 = −(
𝜇𝑔�⃗� 

𝐾𝑝𝑒𝑟𝑚
+ 𝐾𝑙𝑜𝑠𝑠  

1

2
 𝜌𝑔𝑢|𝑢|) 

(7) 
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𝐾𝑝𝑒𝑟𝑚 =  
𝑑𝑝

2

150
 

𝜀3

(1 − 𝜀)2
  

𝐾𝑙𝑜𝑠𝑠 =  
3.5

𝑑𝑝
 
(1 − 𝜀)

𝜀3
 

Ergun equation 

∆𝑝

𝐿
=

150𝜇𝑔

𝑑𝑝
2

(1 − 𝜀)3

𝜀3
𝑢 +

1.75𝜌𝑔

𝑑𝑝

(1 − 𝜀)

𝜀3
𝑢2 

(8) 

Species diffusional transport 

𝐽 𝑖 = −∑𝜌𝑔𝐷𝑖
𝐾𝑇𝛻𝑌𝑖  − 𝐷𝑖,𝑇

𝐾𝑇
𝛻𝑇

𝑇
 

(9) 

 192 

Three meshes of structured quadrilateral elements of various sizes are prepared for the grid 193 

independency study, performed according to Roache’s Grid Convergence Index (GCI) based 194 

on the Richardson extrapolation.46 The evaluated variable is the pressure drop over the HTK-195 

S fixed bed reactor for a reactive calculation at a space time of 535 kgcat∙s∙molCH4

-1
 and a 196 

temperature of 723 K. The analysis uses an average order of convergence of 1.53 and a safety 197 

factor of 1.25. The results are listed in Table 3. The medium size grid comprising 701,250 198 

cells is selected as the computational grid for the simulations because it provides good 199 

accuracy at a reasonable computational cost. The GCI results of the selected medium size-200 

grid show GCIfine-medium and GCImedium-coarse values of 0.12% and 0.28%, respectively. The 201 

latter indicates that the calculation results using the medium grid are within the asymptotic 202 

range of convergence. 203 

 204 

Table 3. Results of grid independent study 205 
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Grid Total number of cells Pressure drop 

(kPa) 

Coarse 252,450 94.76 

Medium 701,250 95.04 

Fine 1,374,450 95.17 

 206 

3.2. Methane catalytic oxidation model 207 

The reaction equation for the total oxidation of methane over βCD-Cu/HAP reads: 208 

𝐶𝐻4  +  2 𝑂2  →  𝐶𝑂2  + 2 𝐻2𝑂 (10) 

Several researchers already used a power law kinetic model as a first approximation to 209 

estimate VOC oxidation rates.11, 15, 17, 47 210 

The power law reaction rate for methane oxidation reads:  

𝑟 = 𝑘 𝑝𝐶𝐻4

𝑚  𝑝𝑂2

𝑛  

(11)  

with a rate constant equation (Arrhenius equation): 

𝑘 = 𝐴 𝑒𝑥𝑝 (−
𝐸𝑎𝑐𝑡

𝑅𝑔𝑎𝑠 𝑇
)   

(12) 

The partial reaction order of methane, 𝑚, and oxygen, 𝑛, is 0.61 and 0.09, respectively.48 211 

The pre-exponential factor, 𝐴, has a value of 578 mol∙kgcat-1∙s-1∙kPaCH4

-0.61
∙kPaO2

-0.09
,48 and the 212 

apparent activation energy, Eact , is estimated to be 78 kJ∙mol
−1. 48 The Rgas  refers to the 213 

universal gas constant, 8.314 J∙mol
−1

∙K−1.48 This power law equation for methane oxidation 214 

is used as a kinetic model in the CFD calculations by implementing a User Defined Function 215 

(UDF). 216 
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 217 

4. Results and discussions 218 

4.1. Parity plot and model validation 219 

Figure 3 presents a parity plot that compares the experimental and simulated methane 220 

conversion, gathering the data obtained for all operating conditions. The figure includes two 221 

lines deviating from the first diagonal, set at  20%. The CFD model combined with power 222 

law kinetics is seen to approximate the experimental conversion of methane over a wide 223 

range of operating conditions with an average deviation of 17%. 224 

 225 

 226 
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Figure 3. Parity plot for measured and calculated methane conversion at all operating 227 

conditions (including  20% deviation lines). 228 

 229 

A quantitative agreement is obtained when the catalyst weight in the reactor amounts to 230 

0.200 grams. With a catalyst weight of only 0.073 grams, the deviation between measured 231 

and calculated methane conversion exceeds 20% for most operating conditions, with a 232 

maximum of 38%. For a catalyst weight of 0.113 grams and 0.153 grams, the deviation 233 

reaches or exceeds up to 20% depending on the operation conditions. Based on the validated 234 

CFD model, the effects of operating conditions on the methane conversion are discussed 235 

specifically in the next section.  236 

 237 

4.2. Effects of operating conditions on the methane conversion  238 

4.2.a. Effect of methane inlet partial pressure on the methane conversion 239 

Figure 4 compares the measured and simulated methane conversion in the fixed-bed reactor 240 

as a function of space time for inlet methane partial pressures of 2.91 kPa, 4.52 kPa, and 7.97 241 

kPa. Data at temperatures of 623 K, 673 K, and 723 K are gathered. A changing methane 242 

partial pressure results in significant changes in the measured methane conversion. These 243 

changes are also captured in the calculated methane conversion due to the high partial order 244 

of methane in the power law kinetics, as demonstrated in Eq. 11.  245 

An increase in the methane partial pressure reduces the methane conversion for all catalyst 246 

weights. For a specific catalyst weight, the methane partial pressure is increased while 247 

keeping the volumetric flow rate that enters the reactor at a constant value. Consequently, 248 
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this adjustment reduces the space time value even though the amount of catalyst remains 249 

unchanged. The reduction of the space time at increasing methane partial pressure and 250 

constant catalyst mass is what causes the reduction of the methane conversion. The reduction 251 

of space time is observed in Figure 4, where the maximum value of the space time diminishes 252 

on the x-axis at increasing methane partial pressure. However, increasing the methane partial 253 

pressure also increases the reaction rate, as the power law model describes. The increase of 254 

methane partial pressure can increase the conversion when this occurs at a similar space time. 255 

To demonstrate it, 3 sets of experiments and simulations are done at comparable space time 256 

of 196 kgcat∙s∙molCH4

-1  at increasing methane partial pressure; refer to Table S1 available in 257 

the Supporting information, by increasing methane partial pressure from 2.91 to 4.52 and to 258 

7.97 kPa, the experimental methane conversion rises from 44% to 46% and to 50% while the 259 

simulated conversions shows an increase from 30% to 38% and to 51%.  260 

For a given methane partial pressure and temperature, the methane conversion is seen to 261 

increase with increasing space time, that is with increasing weight of catalyst in the reactor. 262 

This increase becomes more significant with increasing temperature as the reaction rate 263 

increases (see Eqs. 11 and 12). 264 

 265 
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 266 

Figure 4. Methane conversion as a function of space time for methane inlet partial pressure 267 

of (a) 2.91 kPa (b) 4.52 kPa (c) 7.97 kPa. Oxygen partial pressure is 32.65 kPa. 268 

 269 

The applied CFD model combined with the power law kinetic model qualitatively 270 

reproduces all measured data. A more quantitative agreement is obtained for all operating 271 

conditions at lower temperatures. As the temperature increases, the correspondence becomes 272 

more qualitative. This is possibly due to some of the assumptions made in the modeling. At 273 

all conditions, it is assumed that all particles are perfect spheres with a uniform diameter and 274 

that the bed has an isotropic porosity. In reality, the particles can be non-spherical49 and they 275 

have a particle size distribution,50 resulting in a non-uniform bed porosity.51 These non-276 

uniformities affect the bed hydrodynamics, such as the pressure and velocity fields, affecting 277 

the contact time between the gas and the catalyst and, thus, the reaction rate. In a 2D 278 

simulation of fixed-bed reactors, Jakobsen et al. found that pressure and velocity profiles are 279 
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significantly affected when changing the radial bed porosity, while the influence on the 280 

reaction rate is relatively small.52 From the results presented in this work, it must be 281 

concluded that the assumptions have a diminishing effect with decreasing temperature. As 282 

the temperature increases, the reaction rate and methane conversion increase, increasing the 283 

difference between the calculated and measured methane conversion. The latter is discussed 284 

in more detail in section 4.3. 285 

 286 

4.2.b. Effect of oxygen inlet partial pressure on the methane conversion 287 

Figure 5 shows the methane conversion as a function of space time for inlet oxygen partial 288 

pressures of 16.64 kPa and 32.65 kPa. Data are acquired at 623 K, 673 K, and 723 K. For a 289 

given oxygen partial pressure and temperature, the methane conversion increases as a 290 

function of space time, and the increase becomes more pronounced at higher temperature. 291 

Doubling the oxygen partial pressure increases the measured methane conversion only 292 

slightly, indicating a limited impact of the inlet oxygen partial pressure on the reaction rate. 293 

The calculated methane conversion remains nearly constant as well, corresponding to the low 294 

reaction order for oxygen in the power law rate equation (Eq. 11). In section 4.2.a, an increase 295 

in the methane partial pressure is observed to have a more significant effect on methane 296 

conversion.  297 

The calculated methane conversions are in quantitative agreement with the experimental 298 

data at low operating temperatures. The agreement becomes more qualitative at high 299 

temperatures. These observations are in line with the results discussed in section 4.2.a. 300 

Similarly, the difference between the numerical result and the experimental value data 301 

decreases with increasing space time for all operating conditions. 302 
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 303 

 304 

Figure 5. Methane conversion as a function of space time for oxygen inlet partial pressure 305 

of (a) 16.64 kPa (b) 32.65 kPa. Methane partial pressure is 2.91 kPa. 306 

 307 

4.3. Use of a power law reaction model  308 

From the parity plot in Figure 3, it is concluded that relatively high deviations between 309 

experimental and numerical methane conversions are obtained at low catalyst weights. The 310 

latter correspond to the lowest space times, where the measured methane conversion is 311 

between 5% and 45%. The observed deviations at these conditions are attributed to two 312 

factors: (1) the partial reaction orders 𝑚 and 𝑛 in the power law rate equation (Eq. 11) and 313 

(2) the impact of reaction products on the catalyst performance, i.e., on the reaction rate. Each 314 

factor is discussed in more detail in this section. 315 
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Heynderickx et al. reported that the partial reaction order for each reactant in the power 316 

law kinetic model will vary slightly depending on the temperature at which the experimental 317 

data are gathered and the regression is done.17 For the oxidation of propane, another VOC, 318 

the partial reaction order of propane was found to vary slightly from 0.27 at 595 K to 0.21 at 319 

648 K, while the partial reaction order of oxygen varies from 0.25 at 595 K to 0.22 at 648 320 

K.17 It is thus possible to improve the fitting of the model, specifically at low space time and 321 

high temperature, by changing the partial reaction orders. However, modifying the partial 322 

reaction order for methane oxidation from the initially reported values will reduce the 323 

model’s prediction quality at other conditions.48 Consequently, this observation is most likely 324 

not the main reason for the differences between experimental and numerical values at low 325 

space time. 326 

The power law model calculates the reaction rate accounting for the methane and oxygen 327 

partial pressures only. However, the reaction products, CO2 and water (see Eq. 10), could 328 

also influence the reaction rate. It was previously shown that water could play a role in 329 

catalytic processes by opening up a new reaction pathway with a low energy barrier.53-54 For 330 

instance, an optimum amount of water molecules in the gas feed was found to improve the 331 

catalyst performance in the oxidative dehydrogenation of isobutyric acid.53 Águila et al. 332 

reported that CO2 in the gas phase does not affect the performance of a CuO catalyst used for 333 

methane oxidation.16 334 

On the contrary, several works demonstrated that the excess presence of water could reduce 335 

the catalytic activity due to competitive adsorption on the catalyst surface. Ribeiro et al. 336 

observed a noticeable water inhibition effect on the total oxidation of methane over palladium 337 

catalysts.55 Águila et al. also concluded that water inhibits total oxidation of methane when 338 
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using CuO catalyst but also that the effect is reversible.16 Similarly, Heynderickx et al. 339 

observed water’s inhibitive effect when investigating the oxidation of propane over a CuO-340 

CeO2/γ-Al2O3 catalyst.17 Excess water resulted in a competitive adsorption of propane and 341 

water on the active sites of the catalyst.17  342 

The water inhibition effect is not captured by the power law model used here, as confirmed 343 

when comparing experimental and calculated data at high space time and high temperature. 344 

The experimental data presented in Figure 4 and Figure 5 learn that the methane conversion 345 

curve will reach a plateau value at even higher space times than the ones presented while the 346 

simulated methane conversion curve keeps rising almost linearly. Ultimately, a mechanistic 347 

model would unveil the role of water in greater detail and it would be the focus of our future 348 

work. 349 

 350 

4.4. Reactor behavior insights 351 

The numerical data obtained with the validated CFD model is now analyzed to provide 352 

insights into the behavior of the HTK-S reactor. Valuable information on concentration and 353 

temperature profiles inside the reactor is presented and discussed. Figure 6 shows the mole 354 

fraction distribution of all components (see Eq. 10) in the reaction zone at a space time of 355 

535 kgcat∙s∙molCH4

-1  and a median temperature of 673 K. These conditions are selected since 356 

the methane conversion is close to the mean of the methane conversion range (4 – 66%), 357 

when operating at the highest catalyst mass (0.2 g catalyst). Partial pressures of 2.91 kPa for 358 

CH4 and 16.64 kPa for O2 are imposed in the gas feed flow. All species are found to have a 359 

linear concentration profile in the reaction zone. For the reaction products, the water 360 
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concentration exceeds the CO2 concentration. Under the assumption of competitive 361 

adsorption, this result may suggest that, potentially, water would impact the coverage of 362 

catalyst active sites, more than CO2.
17 Although, the power law kinetic model used in this 363 

study disregards the impact of reaction products on the reaction rate, thus, further research is 364 

needed to draw a full conclusion on this hypothesis. As stated in Section 4.3, this is the focus 365 

of our future research. Sokhansanj et al. obtained similar linear concentration profiles when 366 

simulating a tubular fixed-bed reactor treating a diluted benzene and toluene gas stream with 367 

their CFD and ANN kinetic model.19 368 

 369 

 370 

Figure 6. Species mole fraction distribution in the reaction zone at a space time of 535 371 

kgcat∙s∙molCH4

-1
and a temperature of 673 K. 372 

 373 
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 374 

Figure 7. Absolute pressure distribution along the axial direction at a space time of 535 375 

kgcat∙s∙molCH4

-1
and a temperature of 673 K. 376 

 377 

The linear concentration profiles must be attributed to two observations. First, the reaction 378 

rate decreases with increasing axial reactor position as the reactants’ concentration and the 379 

gas pressure decrease. Figure 7 depicts the pressure profile throughout the fixed-bed reactor 380 

along the axial direction. Even though the pressure drop throughout the total length of the 381 

reactor is substantial, the pressure drop throughout the reaction zone is merely 20 kPa. 382 

Second, the reactor is an isothermal reactor due to the significant methane dilution. As a 383 

result, the heat of reaction is minimal, and the gas temperature remains unaffected, as shown 384 

in Figure 8. The gas heats up rapidly at the reactor entrance due to the low mass flow rate 385 

and a (relatively) high amount of highly conductive inert material, α-Al2O3.  386 
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 387 

 388 

Figure 8. Temperature profile throughout the reactor at a space time of 535 389 

kgcat∙s∙molCH4

-1
and a temperature of 673 K (inset figure: zoomed in profile in the entrance 390 

of the reactor). 391 

 392 

Radial distribution of temperature and methane mole fraction from the CFD calculation 393 

results are obtained at several axial directions throughout the reactor and shown in Figure 9 394 

and Figure 10. The radial temperature distribution results support the assumption that a single 395 

temperature model is sufficient to simulate the HTK-S reactor. The gas temperature reaches 396 

the oven temperature at an axial distance of 5 mm from the reactor entrance (Figure 8). At 397 

that position the gas temperature is nearly constant along the reactor diameter as well.  The 398 

small radial thermal effect in the reaction zone (325 – 525 mm) is a consequence of the high 399 
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dilution of the VOC stream. These findings align with the work of Choudhury et al.15 From 400 

Figure 10, it is concluded that the radial methane mole fraction distribution also appears 401 

linear throughout the reaction zone. The flat radial profile of the methane concentration 402 

explains the absence of radial temperature profile shown in Figure 9 due to the heavily diluted 403 

methane in the gas stream. 404 

  405 

 406 

Figure 9. (a) Radial temperature distribution at several axial positions at a space time of 407 

535 kgcat∙s∙molCH4

-1
and a temperature of 673 K (inset figure: zoomed in distribution in the 408 

reaction zone) (b) simulated gas temperature contours in the reaction zone. 409 

 410 
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  411 

Figure 10. Radial methane mole fraction distribution at several axial positions in the 412 

reaction zone at a space time of 535 kgcat∙s∙molCH4

-1
and a temperature of 673 K (inset 413 

figure: zoomed in distribution at the middle of the reaction zone). 414 

 415 

The CFD flow field analysis results are able to provide information as a benchmark on the 416 

reactive information inside the fixed-bed reactor. Hence, a good understanding of the reactor 417 

behavior is obtained. Ultimately, these CFD analysis results suggest that conducting a 418 

simplified 1D reactor model to simulate the total oxidation of methane in the HTK-S reactor 419 

seems adequate.56 The high length-to-diameter ratio of the reactor likely allows a simple 420 

plug-flow model to yield reasonable results. Therefore, the use of such model can be 421 

deployed in our future research. 422 

 423 

5. Conclusions 424 

Based on a porous media and power law kinetic model, a 2D reactive-flow CFD model is 425 

developed to simulate the catalytic oxidation of methane over a βCD-Cu/HAP catalyst in a 426 
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fixed-bed reactor. The calculated methane conversion is in qualitative agreement with the 427 

experimental data obtained for different process parameters, including reaction temperature, 428 

catalyst weight, and partial pressure of methane and oxygen. It is observed that methane 429 

conversion increases with a rise in the reaction temperature and decreases with a rise in the 430 

methane partial pressure due to the decreasing space time, while the oxygen partial pressure 431 

has a limited influence. 432 

A notable deviation between the numerical results and experimental data is repeatedly 433 

observed at lower space time, i.e., for the lowest catalyst weight. The power law kinetic 434 

model does not consider the effects of reaction products on the reaction rate, including a 435 

reduction of the catalyst's performance due to competitive adsorption between methane and 436 

the reaction products, water and CO2. The discrepancy between the experimental and the 437 

numerical data can be attributed to the intensifying or inhibiting effect of the presence of 438 

water on methane conversion. In our future work, the focus will be to reveal the role of water 439 

in more depth. Based on the insights gained through the CFD analysis on the reactor behavior, 440 

a simplified 1D reactor model could be adequate to simulate the reactor. Accordingly, a 441 

simplified reactor model should be adopted in our future research with the HTK-S reactor. 442 
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Nomenclature 477 

𝐴 Pre-exponential factor (mol∙kgcat
-1∙s-1∙kPaCH4

-0.61
∙kPaO2

-0.09
) 

C𝑝 Specific heat capacity (J∙kg-1∙K-1) 

𝑑 Diameter (m) 

𝐷𝑖
𝐾𝑇 Mass diffusion coefficient for species-𝑖 (m2∙s-1) 

𝐷𝑖,𝑇
𝐾𝑇 Thermal diffusion coefficient for species-𝑖 (m2∙s-1) 

𝐸 Total energy (J) 
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𝐸𝑎𝑐𝑡 Apparent activation energy (J∙mol-1) 

𝐹𝐶𝐻4,0
 Initial molar flow rate of methane (molCH4

∙s-1) 

ℎ Enthalpy (J∙kg-1) 

ℎ𝑖
𝑓
 Enthalpy of formation for species-𝑖 (J∙kg-1) 

𝐼 Identity matrix (-) 

𝐽 Diffusion flux (kg∙m-2∙s-1) 

𝐾𝑙𝑜𝑠𝑠 Inertial losses coefficient (m-1) 

𝐾𝑝𝑒𝑟𝑚 Viscous resistance coefficient (m2) 

𝑘 Apparent rate constant (mol∙kgcat
-1∙s-1∙kPaCH4

-0.61
∙kPaO2

-0.09
) 

𝐿 Axial position, reactor length (m) 

𝑀 Molecular mass (kg∙kmol-1) 

𝑁𝑖 Mole fraction for species-𝑖 (-) 

𝑝 Pressure (Pa) 

𝑅𝑔𝑎𝑠 Universal gas constant (J∙mol-1∙K-1) 

𝑅𝑖 Reaction rate for species-𝑖 – FLUENT UDF (kmol∙m-3∙s-1)  
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𝑟 Reaction rate – power law (mol∙kgcat
-1∙s-1)  

𝑆𝑃𝑀 Porous media source term (kg∙m-1∙s-2) 

𝑇 Temperature (K) 

𝑢 Velocity (m∙s-1) 

𝑊𝑐𝑎𝑡 Weight of catalyst (kg) 

𝑋𝑖 Conversion of species-𝑖 (-) 

𝑌𝑖 Mass fraction of species-𝑖 (-) 

 478 

Greek symbols 479 

𝜀 Bed porosity (-) 

𝜆 Thermal conductivity (W∙m-1∙K-1) 

μ Viscosity (Pa∙s) 

𝜌 Density (kg∙m-3) 

𝜏 Stress tensor (kg∙m-1∙s-2) 

 480 

Abbreviations 481 

ANN Artificial neural network 

CFD Computational fluid dynamics 
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GCI Grid convergence index 

HAP Hydroxyapatite 

HTK-S High-throughput kinetic screening 

MOF Metal organic framework 

VOC Volatile organic compound 

 482 

Subscripts and superscripts 483 

𝑐𝑎𝑡 Catalyst 

𝑓 Formation 

𝑔 Gas phase 

𝑖 Species-𝑖 

𝐾𝑇 Kinetic theory 

𝑚 Partial reaction order relative to CH4 

𝑛 Partial reaction order relative to O2 

𝑝 Particle 

𝑃𝑀 Porous media 

𝑠 Solid phase 

𝑇 Thermal 

0 Initial condition 

 484 
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