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A B S T R A C T

The Computational Fluid Dynamics - Discrete Element Method (CFD-DEM) method is extended by coupling with the multi-grain model (MGM) to include particle 
growth due to a gas-solid reaction, as well as intra- and inter-particle phenomena such as heat and mass transfer, and reaction, next to the inter-particle and 
fluid-particle interactions in the reactor. This comprehensive model treats each particle individually and accounts for changes in particle properties due to both the 
particle growth and temporal and spatial variations of the process conditions. It also captures the impact of the change in the particles’ properties on the fluidized 
bed reactor characteristics, such as the hydrodynamic regime. The results of the model revealed that the fluidization characteristics and solids mixing can be altered 
by particle growth. Particle growth also led to the formation of a particle size gradient along the height of the reactor. The coupling allows for monitoring of 
both external and internal mass transfer limitations. For the adopted reaction kinetics, growth rate and properties the external mass transfer limitations remained 
negligible, however the internal mass transfer limitation plays a significant role in the process performance.
1. Introduction

Many chemical processes such as polymerization, oxidative coupling 
of methane, and ThermoCatalytic Decomposition of methane (TCD), 
utilize catalytic fluidized bed reactors. In a catalytic fluidized bed, the 
scale of the effective phenomena can vary from the mass and heat trans-
fer within the micro-scale of a porous particle, to the interaction of 
particles with each other and the fluid phase and the scale of the reactor 
when it comes to solids circulation patterns. Modeling these multi-phase 
phenomena is crucial in developing and optimizing the process. Numer-
ical simulations with multi-scale models enable engineers to investigate 
multiphase flows in industrial chemical processes.

Computational Fluid Dynamics – Discrete Element Method (CFD-
DEM) is known as a multi-scale Eulerian-Lagrangian technique to sim-
ulate processes involving fluid and solid particles (Tsuji et al., 1993; De 
Jong et al., 2012; Golshan et al., 2020; Mu et al., 2020; Norouzi et al., 
2016). CFD-DEM is a powerful method to model systems that include 
multi-scale solid-fluid interactions such as encountered in fluidized 
beds, spouted beds and pneumatic conveyors. Although CFD-DEM cov-
ers a wide range of the mentioned scales and can include heat and mass 
transfer between the continuous and discrete phases, it mostly assumes 
uniform (lumped) conditions inside the particles (𝐵𝑖 ≤ 0.1) for both 
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heat and mass and it lacks the intra-particle phenomena (Golshan et al., 
2020; Finotello et al., 2019; Zhuang et al., 2014; Lu et al., 2020). In 
some processes, such as polymerization or TCD, catalyst particles grow 
in size over time and therefore the Biot number changes over time and 
in general also in space, and from particle to particle.

Several publications have explored the use of CFD-DEM models in 
conjunction with intra-particle models to investigate biomass pyrolysis 
in FBR. Wang et al. have extended the CFD-DEM model by incorporating 
a 1D thermally thick model to capture internal heat transfer and heat 
of reaction (Wang et al., 2022). Oyedeji et al. have employed a CFD-
DEM model coupled with a 2D model to simulate cylindrical biomass 
particles (Oyedeji et al., 2022; Pecha et al., 2021). In another study, 
the impact of biomass shape was investigated using a 3D glued-spheres 
particle model (Lu et al., 2021). While these 2D and Shape dependent 
models offer valuable insights for fundamental research, they can be 
computationally expensive. Furthermore, none of these models account 
for the influence of intra-particle reactions and the subsequent particle 
growth on FBR hydrodynamics.

In an earlier contribution, the authors developed the Multi-Grain 
Model (MGM) that models the particle growth, by combining the sur-
face reaction and deactivation kinetics, as well as intra-particle heat 
and mass transfer of reactants and products (Hadian et al., 2021). MGM 
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Nomenclature

𝐴 Heat or mass exchange area (𝑚2)
𝐴𝑐 Cross section area of the reactor (𝑚2)
𝑎𝑑 Exchange surface area per unit length of the reactor 

(𝑚2∕𝑚)
CF Reaction rate unit conversion factor (𝑘𝑔𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡 ⋅ 𝑔𝑐𝑎𝑡∕

𝑚𝑜𝑙𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡∕𝑚2
𝑐𝑎𝑡

)
𝐶𝑝 Specific heat capacity (𝐽∕𝐾∕𝑘𝑔)
𝑓 , 𝐷 Diffusivity (𝑚2∕𝑠)
𝐷(𝐫 − 𝐫𝐩,𝐚) Distribution function (-)⟨𝑑⟩ Sauter mean diameter (𝑚)
𝑑𝑡 time step size (𝑠)
ℎ Heat transfer coefficient (𝑊 ∕𝑚2∕𝐾)
𝐈 Unity tensor (-)
𝐼 Moment of inertia (𝑘𝑔 ⋅𝑚2)
𝑘𝑚 Mass transfer coefficient (𝑚∕𝑠)
𝐾 Thermal conductivity in the gas phase (𝑊 ∕𝑚∕𝐾)
𝑘 Thermal conductivity in the porous particle (𝑊 ∕𝑚∕𝐾)
𝑘̂1 Reaction rate constant of pseudo-first-order reaction (1∕𝑠)
𝑀 Mass concentration (𝑘𝑔∕𝑚3)
𝑚 mass (𝑘𝑔)
𝑀𝑊 Molar mass (𝑘𝑔∕𝑚𝑜𝑙)
𝑁 Number of particles (-)
𝑛𝑝 number of particles per unit height of the reactor (-)
𝑃 Pressure (𝑃𝑎)
𝑄𝑝 Energy source term in the cell (𝑊 ∕𝑚3)
𝑞𝑝 Heat transfer of particle (𝑊 )
𝑟(𝑡) Actual reaction rate (𝑚𝑜𝑙𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡∕𝑔𝑐𝑎𝑡∕𝑠)
𝑟′(𝑡) Pseudo-first-order reaction rate (𝑚𝑜𝑙𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡∕𝑚3∕𝑠)
𝑟 Radial position in the particle (𝑚)
𝐫𝑝,𝑎 Position vector of particle a in reactor (𝑚)
𝑟𝑔 Radial position in the grain (𝑚)
𝑟𝑔,𝑝 Position of the grain in the particle (𝑚)

𝑅(𝑟, 𝑡) Volumetric average rate of reaction (𝑘𝑔∕𝑚3∕𝑠)
𝑆𝑚 Mass source term in the cell (𝑘𝑔∕𝑚3

𝑐𝑒𝑙𝑙
∕𝑠)

𝐒𝑝 Momentum Source term in the cell (𝑘𝑔 ⋅𝑚∕𝑚3∕𝑠2)

𝑡 time (s)
𝑇 Temperature (𝐾)
T Torque (𝑘𝑔 ⋅𝑚2∕𝑠2)
𝐮𝐟 Fluid velocity vector (𝑚∕𝑠)
𝐯𝐩 Particle velocity vector (𝑚∕𝑠)
𝑉 Volume (𝑚3)
𝑤 Rotational velocity (1∕𝑠)
𝐵𝑖 Biot number (-)
𝑁𝑢 Nusselt number (-)
𝑃𝑟 Prandtl number (-)
𝑅𝑒 Reynolds number (-)
𝑆ℎ Sherwood number (-)
𝑆𝑐 Schmidt number (-)
𝛽 Inter-phase friction coefficient (-)
𝜀 Gas volume fraction (𝑚3

𝑔𝑎𝑠
∕𝑚3

𝑐𝑒𝑙𝑙
)

𝜌 Density (𝑘𝑔∕𝑚3)
𝜇 Shear viscosity (𝑃𝑎 ⋅ 𝑠)
𝜏 Viscous stress tensor (𝑃𝑎)
𝜃 Dimensionless temperature (-)
Ψ Mass source term of each particle (𝑘𝑔∕𝑚3∕𝑠)

Subscripts and Superscripts

𝑓 Fluid
𝑝 Particle
𝑎 DEM particle a
𝑖 Component i
𝑖𝑛 Inlet
𝑚𝑖𝑥 Gas mixture
𝑔 Grain in MGM
eff Effective
𝑏𝑢𝑙𝑘 Local conditions in the gas phase
𝑠 Particle’s surface conditions
𝑐𝑒𝑙𝑙 CFD computational grid cell
𝑝𝑟𝑜𝑑 Solid product layer in grains of MGM
provides insight into the importance of effective phenomena in an iso-

lated particle and the change of particle parameters such as size and 
density (Chiovetta and Estenoz, 2004; McKenna and Soares, 2001; Ha-

dian et al., 2021). However, it does not include the consequence of this 
evolution on the reactor characteristics, such as the hydrodynamics of 
the bed.

The particle properties and the overall reactor conditions as well 
as local conditions can significantly affect each other (Li et al., 2017). 
Therefore, coupling CFD-DEM with MGM combines the potential of 
both approaches and allows us to capture the effects of dynamic catalyst 
characteristics on the reactor conditions and vice versa. One example is 
the influence of the increased particle size and mass on the fluidized bed 
hydrodynamics. Besides, it is possible to study the temperature and con-

centration profiles and their importance in the reactor. As a result, the 
combined CFD-DEM-MGM methodology produces a more comprehen-

sive representation of reality and is expected to produce more accurate 
results. This model enables engineers to predict the reactor performance 
over time and optimize the design and conditions of the reactor for in-

dustrial processes such as TCD and polyolefins production.

The outline of this article is as follows: in section 2 the coupled 
CFD-DEM-MGM model and the implementation of the coupling are de-

scribed. In section 3 the implementation of the method is verified using 
analytical solutions. The results and discussion are presented in sec-
2

tion 4. Finally in section 5 the conclusions are presented.
2. Model description

CFD-DEM-MGM consists of three sub-models that are coupled with 
each other. CFD is responsible for modeling the continuous (gas) phase, 
including the momentum, energy and mass of species balances. DEM 
models the interaction of the particles with the gas phase; heat and 
mass transfer and drag and the interactions of the particles with each 
other and the reactor walls; collisions. MGM handles the heat and mass 
balance at the smallest scale: the reaction and mass deposition inside 
each of the particles individually.

2.1. Gas phase modeling

The gas phase is described by the volume-averaged Navier-Stokes 
equation (1) and the continuity equation (2) (Anderson and Wendt, 
1995):

𝜕(𝜀𝑓 𝜌𝑓𝐮𝑓 )
𝜕𝑡

+∇ ⋅ (𝜀𝑓 𝜌𝑓𝐮𝑓𝐮𝑓 ) = −𝜀𝑓∇𝑃𝑓 −∇ ⋅ (𝜀𝑓 𝜏𝑓 ) + 𝜀𝑓 𝜌𝑓𝐠− 𝐒𝑝 (1)

𝜕(𝜀𝑓 𝜌𝑓 )
𝜕𝑡

+∇ ⋅ (𝜀𝑓 𝜌𝑓𝐮𝑓 ) =
𝑛𝑐∑
𝑖=1

𝑆𝑚,𝑖 (2)

In all equations, the subscript 𝑓 indicates the fluid phase and 𝑝 the 
particulate phase. 𝜀 is the gas volume fraction in the cell, 𝜌 the density, 
𝐮𝐟 the fluid velocity and 𝑃𝑓 the pressure. 𝜏𝑓 is the gas phase viscous 
stress tensor, provided by equation (3), which is assumed to follow the 

general Newtonian form (Anderson and Wendt, 1995):
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𝜏𝑓 = −𝜇𝑓

[
(∇𝐮𝑓 ) + (∇𝐮𝑓 )𝑇 − 2

3
(∇ ⋅ 𝐮𝑓 )𝐈

]
(3)

where 𝜇𝑓 is the shear viscosity, and 𝐈 the unity tensor. 𝑆𝑚,𝑖 is the mass 
source of component 𝑖 in the cell and is detailed in section 2.2.1. The 
fluid is assumed to be gas, thus the fluid density, 𝜌𝑓 is dependent on 
the gas composition and is calculated according to the ideal gas law, 
equations (4) and (5) respectively.

𝑀𝑊𝑚𝑖𝑥 =
𝑛𝑐∑
𝑖=1

𝑦𝑖𝑀𝑊𝑖 (4)

𝜌𝑓 =
𝑃 𝑀𝑊𝑚𝑖𝑥

𝑅𝑇𝑓

(5)

where 𝑦𝑖 the mole fraction of component 𝑖, 𝑀𝑊𝑖 and 𝑀𝑊𝑚𝑖𝑥 are the 
molar mass of component 𝑖 and the mixture.

𝐒𝑝 in equation (1) is the source term accounting for coupling of mo-
mentum exchange between the fluid and the particles given by equation 
(6) (Patil et al., 2015):

𝐒𝐩 =
1

𝑉𝑐𝑒𝑙𝑙

𝑁𝑝∑
𝑎=0

𝑉𝑝,𝑎𝛽𝑎

1 − 𝜀𝑓
(𝐮𝑓 − 𝐯𝑝,𝑎)𝐷(𝐫 − 𝐫𝑝,𝑎) (6)

where 𝑉𝑐𝑒𝑙𝑙 and 𝑉𝑝,𝑎 represent the local cell volume and the volume 
of particle 𝑎. Due to the growing nature of particles, the poly-disperse 
drag correlations proposed by Sarkar and Beetstra (Sarkar et al., 2009; 
Beetstra et al., 2007), equations (7) and (8) are used to calculate the in-
terface momentum exchange coefficient, 𝛽. The distribution function, 
𝐷, ensures that the drag force acts as a point force at the center of 
mass of the particle (Patil et al., 2015). The mapping of local properties 
from Eulerian grid to Lagrangian particle positions and vice versa is per-
formed by using a volume-weighing techniques developed by Hoomans 
et al. (1996).

𝛽𝑎 =

[
𝑑𝑝,𝑎⟨𝑑⟩ + 0.064

(
𝑑𝑝,𝑎⟨𝑑⟩

)3]
𝛽𝑚𝑜𝑛𝑜(𝜀𝑓 , ⟨Re⟩) (7)

𝛽𝑚𝑜𝑛𝑜(𝜀𝑓 , ⟨Re⟩) = 180
𝜇𝑔(1 − 𝜀𝑓 )2⟨𝑑⟩2𝜀𝑓 + 18

𝜇𝑔𝜀
3
𝑓
(1 − 𝜀𝑓 )(1 + 1.5

√
(1 − 𝜀𝑓 ))

𝑑2
𝑝

+ 0.31
𝜇𝑔(1 − 𝜀𝑓 )⟨Re⟩⟨𝑑⟩2𝜀𝑓

⎡⎢⎢⎣
𝜀−1
𝑓

+ 3𝜀𝑓 (1 − 𝜀𝑓 ) + 8.4⟨Re⟩−0.343
1 + 103(1−𝜀𝑓 )Re−2.5+2𝜀𝑓

⎤⎥⎥⎦ (8)

Where ⟨𝑅𝑒⟩ is the average Reynolds number in the cell, equation (9), 
calculated by the Sauter mean diameter, equation (10).

⟨𝑅𝑒⟩ = 𝜀𝑓 𝜌𝑓 (|𝐮𝑓 − 𝐯𝑝,𝑎|)⟨𝑑⟩
𝜇𝑓

(9)

⟨𝑑⟩ =
𝑁𝑐𝑒𝑙𝑙∑
𝑎=1

𝑑3
𝑝,𝑎

𝑁𝑐𝑒𝑙𝑙∑
𝑎=1

𝑑2
𝑝,𝑎

(10)

with 𝑁𝑐𝑒𝑙𝑙 indicating the total number of particles in the computational 
cell and 𝐯𝑝,𝑎 is the velocity particle 𝑎.

The gas phase thermal energy balance is given by equation (11)
(Finotello et al., 2019):

𝐶𝑝𝑓

[
𝜕(𝜀𝑓 𝜌𝑓𝑇𝑓 )

𝜕𝑡
+∇ ⋅ (𝜀𝑓 𝜌𝑓𝐮𝑓 𝑇𝑓 )

]
=∇ ⋅ (𝜀𝑓𝐾eff

𝑓
∇𝑇 ) +𝑄𝑝 (11)

𝑇 is temperature, and 𝑄𝑝 represents the energy source term originating 
from the energy transport between the fluid and the particulates de-
tailed in section 2.2.1. 𝐾eff

𝑓
is the effective thermal conductivity of the 

fluid, that is calculated from the thermal conductivity of the fluid, 𝐾𝑓 , 
3

and the fluid volume fraction, 𝜀𝑓 , via equation (12):
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𝐾eff
𝑓

=
1 −

√
1 − 𝜀𝑓

𝜀𝑓
𝐾𝑓 (12)

The component mass balance is described by equation (13) consider-
ing convection, diffusion and a source term due to mass exchange with 
the catalyst particles (Wendt et al., 2009; Finotello et al., 2019):

𝜕(𝜀𝑓𝑀𝑓,𝑖)
𝜕𝑡

+∇ ⋅ (𝜀𝑓𝑀𝑓,𝑖𝐮𝐟 ) = ∇ ⋅ (𝜀𝑓𝐷eff
𝑓,𝑖
∇𝑀𝑓,𝑖) +𝑆𝑚,𝑖 (13)

where 𝑀𝑓,𝑖 is the mass concentration of components in the fluid, and 
the effective diffusivity of component 𝑖 in the fluid, 𝐷eff

𝑓,𝑖
, is calculated 

in a similar fashion as 𝐾eff
𝑓

, using equation (14). 𝑆𝑚,𝑖 is the gas-particle 
mass source term transfer of component 𝑖 and is defined in section 2.2.2

𝐷eff
𝑓,𝑖

=
1 −

√
1 − 𝜀𝑓

𝜀𝑓
𝑓𝑖 (14)

The flow field governing equations are solved via Projection method, 
while Dirichlet boundary condition is used for the inlet of the gas phase, 
and a fixed pressure boundary condition of 1 atm at the top of the 
domain was applied. The side boundary conditions are considered walls 
with no-slip conditions.

2.2. Discrete phase modeling

2.2.1. DEM

The trajectory of individual particles in DEM are tracked by New-
ton’s second law of motion, equation (15). Forces acting on the particle 
are on the right-hand side. These forces include the pressure gradient 
force, drag force, gravitational force and collisional forces, respectively. 
The particle-particle and particle-wall collisions are described by the 
soft-sphere model developed by Cundall and Strack (1979). In this 
approach, the contact forces are calculated using a linear spring and 
dashpot model (Patil et al., 2015; Buist et al., 2016; Kloss et al., 2012).

𝑚𝑝,𝑎

𝑑𝐯𝑝,𝑎
𝑑𝑡

=𝑚𝑝,𝑎

𝑑2𝐫𝑝,𝑎
𝑑𝑡2

= −𝑉𝑝,𝑎∇𝑃𝑓 +
𝑉𝑝,𝑎𝛽𝑝,𝑎

1 − 𝜀𝑓
(𝐮𝑓 − 𝐯𝑝,𝑎) +𝑚𝑝,𝑎𝐠+

∑
𝐅𝑐𝑜𝑛𝑡𝑎𝑐𝑡,𝑝,𝑎

(15)

in which 𝐫𝑝,𝑎 and 𝑚𝑝,𝑎 are the position and the mass of the particle 𝑎.
Rotational motion of the particle is computed using equation (16).

𝐼𝑝,𝑎

𝑑𝐰𝑝,𝑎

𝑑𝑡
= 𝐓𝑝,𝑎 =

∑
b∈contact list

(𝑟𝑝,𝑎𝐧𝑎𝑏 × 𝐅𝑎𝑏,𝑡) (16)

where 𝐼𝑝,𝑎 is the moment of inertia, 𝐰𝐩,𝐚 is the rotational velocity and 
T𝑝,𝑎 is the torque.

The mass and heat transfer between the fluid and particles is per-
formed in 7 steps as shown in Fig. 1. In each time step, the local 
fluid temperature and concentration at the particle position is obtained. 
The local gas-particle heat and mass transfer coefficients are calcu-
lated. These transfer coefficients are used in the multi-grain model. The 
calculation of the particle surface temperature and concentrations is 
described in section 2.2.2. DEM obtains the particle temperature and 
concentration surface values from MGM and calculates the heat and 
mass transfer rates between particles and the fluid. In the last step, these 
transfer rates are coupled back to the Eulerian grid cells and are used
as source terms in the gas thermal energy and mass balances, shown in 
equations (11) and (13) respectively.

The energy source term, 𝑄𝑝 in equation (11) is calculated from:

1
𝑁𝑝∑
𝑄𝑝 =
𝑉𝑐𝑒𝑙𝑙 𝑎=0

ℎ𝑝,𝑎𝐴𝑝,𝑎(𝑇𝑝,𝑎 − 𝑇𝑓 )𝐷(𝐫 − 𝐫𝐩,𝐚) (17)
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Fig. 1. Schematic diagram of heat and mass transfer coupling steps between 
fluid and particles.

where 𝐴𝑝,𝑎 is the heat exchanging surface area of particle 𝑎, and ℎ𝑎 the 
heat transfer coefficient calculated using the Nusselt number, 𝑁𝑢, from 
the Gunn correlation, equation (18) (Gunn, 1978):

𝑁𝑢 =
ℎ𝑎𝑑𝑝,𝑎

𝑘𝑓
= (7 − 10𝜀𝑓 + 5𝜀2

𝑓
)(1 + 0.7𝑅𝑒0.2𝑃𝑟0.33)

+ (1.33 − 2.4𝜀𝑓 + 1.2𝜀2
𝑓
)𝑅𝑒0.7𝑃𝑟0.33 (18)

𝑅𝑒 and 𝑃𝑟 are Reynolds and Prandtl number respectively:

𝑅𝑒 =
𝜀𝑓 𝜌𝑓 (|𝐮𝑓 − 𝐯𝑝|)𝑑𝑝,𝑎

𝜇𝑓

(19)

𝑃𝑟 =
𝜇𝑓𝐶𝑝𝑓

𝐾𝑓

(20)

The mass source term of component 𝑖 in equation (13) and in the 
continuity equation (2), 𝑆𝑚,𝑖, is calculated from equation (21).

𝑆𝑚,𝑖 =
1

𝑉𝑐𝑒𝑙𝑙

𝑁𝑝∑
𝑎=0

𝑘𝑚,𝑎,𝑖𝐴𝑝,𝑎(𝑀𝑝,𝑎 −𝑀𝑖)𝐷(𝐫 − 𝐫𝐩,𝐚) (21)

where the mass transfer coefficient of component 𝑖 between particle 𝑎
and the fluid, 𝑘𝑚,𝑎,𝑖, is determined by the Sherwood number. The Sher-
wood number is computed using the Gunn correlation for mass transfer, 
equation (22). 𝑆𝑐 is the Schmidt number, calculated from equation (23)
(Gunn, 1978).

𝑆ℎ𝑖 =
𝑘𝑚,𝑎,𝑖𝑑𝑝,𝑎

𝑓,𝑖

= (7 − 10𝜀𝑓 + 5𝜀2
𝑓
)(1 + 0.7𝑅𝑒0.2𝑆𝑐0.33)

2 0.7 0.33
4

+ (1.33 − 2.4𝜀𝑓 + 1.2𝜀
𝑓
)𝑅𝑒 𝑆𝑐 (22)
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𝑆𝑐 =
𝜇𝑓

𝜌𝑓𝐷
eff
𝑓,𝑖

(23)

2.2.2. MGM

Each individual particle is modeled as a porous medium by MGM. In 
this model, the catalyst support is assumed to consist of several layers of 
solid spheres, called grains, with uniform coverage of active material on 
their surfaces, Fig. 2. Heat and mass transfer is considered in the radial 
direction at two different scales and the reaction occurs at the surface 
of the grains. At the macro particle scale the component concentrations 
and temperature are governed by via equations (24) and (25):

𝜕𝑀𝑝,𝑎,𝑖(𝑟, 𝑡)
𝜕𝑡

= 1
𝑟2

𝜕

𝜕𝑟

(
𝐷eff

𝑝,𝑎,𝑖
𝑟2

𝜕𝑀𝑝,𝑎,𝑖(𝑟, 𝑡)
𝜕𝑟

)
−𝑅(𝑟, 𝑡) (24)

𝜕𝑇𝑝,𝑎(𝑟, 𝑡)
𝜕𝑡

= 1
𝑟2

𝜕

𝜕𝑟

(
𝑘eff
𝑝,𝑎

𝜌𝑝𝐶𝑝𝑝
𝑟2

𝜕𝑇𝑝,𝑎(𝑟, 𝑡)
𝜕𝑟

)
− Δ𝐻

𝜌𝑝𝐶𝑝𝑝
𝑅(𝑟, 𝑡) (25)

where 𝑟 is the radial position in particle and 𝐷eff
𝑝,𝑎,𝑖

the effective diffusiv-

ity of component 𝑖, 𝑘eff
𝑝,𝑎

, 𝜌𝑝 and 𝐶𝑝𝑝 the heat conductivity, the density 
and the specific heat capacity of the particle respectively, and 𝑅(𝑟, 𝑡)
the volumetric average rate of reaction at a given radial position.

The concentration and temperature at the grain scale is also modeled 
by equations (26) and (27). The reaction occurs at the surface of the 
core of these grains and therefore appears in the boundary conditions, 
equation (28). The solid product of the reaction accumulates on the 
grains’ surface causing an increase in radius leading to the alteration of 
the inter-particle diffusion limitation.

𝜕𝑀(𝑟𝑔, 𝑡)
𝜕𝑡

= 1
𝑟2
𝑔

𝜕

𝜕𝑟𝑔

(
𝐷𝑝𝑟𝑜𝑑𝑟

2
𝑔

𝜕𝑀(𝑟𝑔, 𝑡)
𝜕𝑟𝑔

)
(26)

𝜕𝑇 (𝑟𝑔, 𝑡)
𝜕𝑡

= 1
𝑟2
𝑔

𝜕

𝜕𝑟𝑔

(
𝑘𝑔

𝜌𝑔𝑟𝐶𝑃𝑔

𝑟2
𝑔

𝜕𝑇 (𝑟𝑔, 𝑡)
𝜕𝑟𝑔

)
(27)

𝐷𝑝𝑟𝑜𝑑

𝜕𝑀(𝑅𝑔0, 𝑡)
𝜕𝑟𝑔

= 𝑟(𝑡).𝐶𝐹 (28)

where 𝑟𝑔 is the radial position in the grain, 𝐷𝑝𝑟𝑜𝑑 is the effective dif-
fusivity in the product layer around the grains, 𝑅𝑔 is the radius of the 
whole-grain and 𝑟𝑔,𝑝 is the position of the grain in the particle (Fig. 2) 
and 𝐶𝐹 is the unit conversion factor. For further details on MGM and 
its implementation and verification we refer to Hadian et al. (2021).

Intra-particle mass and heat balance are coupled with the fluid as 
explained in section 2.2.1 by continuous flux as the boundary conditions 
on the surface of the particle, equations (29) and (30):

𝐵.𝐶.@𝑟 =𝑅𝑝 −𝐷eff
𝑝,𝑎,𝑖

𝜕𝑀𝑝,𝑎,𝑖

𝜕𝑟
= 𝑘𝑚,𝑎,𝑖

(
𝑀𝑝,𝑎,𝑖 −𝑀𝑓,𝑖

)
(29)

𝐵.𝐶.@𝑟 =𝑅𝑝 − 𝑘eff
𝑝,𝑎

𝜕𝑇𝑝

𝜕𝑟
= ℎ𝑎

(
𝑇𝑝 − 𝑇𝑓

)
(30)

3. Verification of the model

The implementation of the model is verified by comparing the re-
sults with analytical solutions in specific cases. Two-way heat and mass 
transfer between fluid and particles, the effect of removed mass from 
fluid to the particle on the fluid velocity, and the total mass balance of 
the reactor are evaluated and verified in the sections 3.1 to 3.4.

3.1. Temperature coupling

The heat transfer coefficient for each individual particle is calcu-
lated from equation (18). Assuming a lumped particle temperature 
(𝐵𝑖𝑝 << 1), the gas-particle heat transfer and the subsequent particle 
temperature change are calculated by the equations (31) and (32) re-
spectively.
𝑞𝑝 = ℎ(4𝜋𝑟2
𝑝
)(𝑇𝑝 − 𝑇𝑓 ) (31)
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Fig. 2. Schematic of MGM model and layers of grains. (a) The particle before solid formation and growth. (b) A circular sector of the particle with the accumulated 
solid product on the surface of grains (Hadian et al., 2021).
Table 1

Simulation settings and properties of the verification cases.

Parameter Single particle case Packed bed case Unit

Reactor dimensions 0.1 × 0.1 × 0.1 0.03 × 0.03 × 0.2 m
(width×depth×height)
Field grid size 10 × 10 × 10 10 × 10 × 80 -
Flow time step size 5 × 10−4 5 × 10−4 s
Particle time step size 1 × 10−4 1 × 10−4 s
Number of particles 1 135000 -
Particles diameter 0.4 1 mm

𝑑𝑇𝑝

𝑑𝑡𝐷𝐸𝑀

= −
𝑞𝑝

𝑉𝑝𝜌𝑝𝐶𝑝𝑝
(32)

In order to verify the implementation of the heat transfer, two tests 
were performed. In the first test a single particle (𝑇𝑝,0 = 350 ◦C) is 
placed in a fluid with constant temperature (𝑇𝑓 = 400 ◦C), Fig. 3-left. 
The heat transfer coefficient is constant and calculated according to ter-
minal particle velocity. The particle temperature over time can then be 
calculated by equation (33), obtained from the analytical solution. Ta-
ble 1 presents other simulation parameters.

𝑇𝑝,𝑡 − 𝑇𝑓

𝑇𝑝,0 − 𝑇𝑓

= 𝑒𝑥𝑝

(
−ℎ(4𝜋𝑟2

𝑝
)𝑡

𝑉𝑝𝜌𝑝𝐶𝑝𝑝

)
(33)

Fig. 4 compares the simulation results with the analytical solution. 
A perfect match of the temperature of the DEM object verifies the CFD 
to DEM heat transfer implementation.

In the second test case, the two-way gas-particle heat transfer is 
verified using a packed bed of (30 ×30 ×150) particles with initial tem-
perature of 300 ◦C, Fig. 3-right. The initial gas phase temperature is also 
equal to 300 ◦C. At time 𝑡 = 0 s, a fluid flow with a temperature (400 ◦C) 
enters from the bottom of the bed, see Table 1 for other parameters. By 
applying a very high fluid Péclet number (𝑃𝑒 =𝑅𝑒 × 𝑃𝑟), the test case 
can be considered as a 1D convection problem. Equations (34) and (35)
show the fluid and particle phase energy balances respectively at an 
axial position z in the bed.

𝜀𝑓 𝜌𝑓𝐶𝑝𝑓

𝜕𝑇𝑓,𝑧

𝜕𝑡
= 𝜀𝑓 𝜌𝑓𝐶𝑝𝑓 𝑢𝑓,𝑧

𝜕𝑇𝑓,𝑧

𝜕𝑡
− ℎ𝐴𝑝(𝑇𝑓,𝑧 − 𝑇𝑝,𝑧) (34)

(1 − 𝜀𝑓 )𝜌𝑝𝐶𝑝𝑝

𝜕𝑇𝑝,𝑧

𝜕𝑡
= ℎ𝐴𝑝(𝑇𝑓,𝑧 − 𝑇𝑝,𝑧) (35)

The details of the analytical solution for the temperature of the fluid 
over time can be found in the references Anzelius (1926); Bateman 
(1932); Hougen et al. (1947); Bird et al. (2001). Fig. 5 illustrates the 
dimensionless temperature (equation (36)) along the height of the bed 
at different times. From this figure, it is evident that there is a good 
5

agreement between the analytical solution and the simulation results, 
Fig. 3. The test case of verification of one-way heat and mass transfer (left) and 
two-way heat and mass transfer (right).

which supports that the two-way gas-particle heat transfer coupling is 
correctly implemented.

𝑇𝑓 − 𝑇0

𝜃 =

𝑇𝑖𝑛 − 𝑇0
(36)
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Fig. 4. Verification of the fluid to particle heat transfer with varying the falling 
particle velocity. Lines: analytical solutions. Symbols: simulation results.

Fig. 5. Verification of the two-way heat transfer between CFD and DEM. Lines: 
analytical solutions. Symbols: simulation results.

3.2. Components coupling

The mass transfer is verified using a third test case. A single catalyst 
particle is surrounded by fluid with a terminal velocity, Fig. 3-left. A 
first-order reaction occurs inside the particle and internal and external 
mass transfer limitations are negligible. A solid product forms and re-
mains on the particle. The weight gain of the particle can be calculated 
from equation (37).

𝑚𝑀𝐺𝑀 (𝑡) = 4𝜋𝑟2
𝑔
⋅𝑁𝑔 ⋅ 𝑘𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 ⋅𝑀𝑏𝑢𝑙𝑘 ⋅𝑀𝑊𝑝𝑟𝑜𝑑 ⋅ 𝑡 (37)

where 𝑟𝑔 is the grain radius, 𝑁𝑔 is the number of grains in the MGM 
model, 𝑘𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 is the surface reaction rate, 𝑀𝑏𝑢𝑙𝑘 is the concentration 
of the reactant in the bulk of the gas, 𝑀𝑊𝑝𝑟𝑜𝑑 is the molar weight of 
the formed solid, and 𝑡 is time. Fig. 6 compares the simulation results 
with the analytical solution and verifies the implementation of the mass 
balance and solid formation.

In order to verify the two-way fluid-particle mass transfer, a packed 
bed of 31250 (25 ×25 ×50) particles was considered, Fig. 3-right. Three 
components with different mass transfer coefficients and conditions are 
6

considered:
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Fig. 6. Comparison of the ratio mass of the particle over time to its initial mass 
calculated from analytical solution and simulation.

Fig. 7. Comparison of the ratios of concentrations of the components along the 
height of the bed to the inlet concentrations, obtained from analytical solution 
and simulation.

• Component-1: no mass transfer between the phases is considered.
• Component-2 has a mass transfer coefficient of 0.005 m∕s and com-

ponent 2 reacts inside the particle with a high reaction rate.
• Component-3 has a mass transfer coefficient of 0.01 m∕s and has 

a constant concentration inside the particle (0.1 kg/m3) which is 
higher than the fluid inlet.

The fluid density and particles’ size are constant and the flow velocity 
is not affected by the added or removed mass (i.e. the fluid is incom-
pressible). In this case, the component concentration along the bed is 
governed by equation (38):

𝑀𝑓,𝑖(𝑧) −𝑀𝑝,𝑖

𝑀𝑓,𝑖,𝑖𝑛 −𝑀𝑝,𝑖

= 𝑒𝑥𝑝

(−𝑘𝑚,𝑎,𝑖𝑎𝑑𝑧

𝑢𝑓

)
(38)

𝑀𝑓,𝑖,𝑖𝑛 represents the inlet condition. 𝑎𝑑 is the exchanging surface area 
per unit length of the bed, and 𝑧 is the position along the height of 
the packed bed. Fig. 7 shows that the analytical and simulation results 
are in good agreement, and therefore, the implementation is verified. 
Table 1 presents the other simulation parameters for both verification 

cases.
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Fig. 8. Comparison of the vertical velocity of the fluid along the height of the 
bed, obtained from analytical solution and simulation.

3.3. Added/removed mass to/from the gas phase

The removed (or added) mass from/to the fluid phase will affect the 
fluid phase flow rate and physical properties. A packed bed of 31250 
(25 × 25 × 50) particles is assumed in a fluid with a constant density 
to verify this effect. Each particle adds a constant source term of Ψ =
3 × 10−8 𝑘𝑔∕𝑠 to the fluid. As a consequence, the fluid velocity along 
the bed can be calculated with equation (39):

𝑢𝑓 (𝑧) = 𝑢𝑓 (0) +
Ψ𝑛𝑝

𝜌𝑓 𝜀𝑓𝐴𝑐

𝑧 (39)

where 𝑛𝑝 is the number of particles in the unit height of the packed 
bed, and 𝐴𝑐 is the cross-sectional area of the bed. Fig. 8 compares the 
analytical solution and simulation results and verifies the correct im-
plementation of the model. The deviation at the inlet and outlet is due 
to the change in porosity because of the begin and end position of the 
packing.

3.4. Integral mass balance of the reactor

In order to verify the conservation of mass along the reactor, a col-
umn with dimensions of 0.1 𝑚 × 0.1 𝑚 × 0.5 𝑚 was considered with 800 
fixed particles at the height of 0.1m. A constant feed of 70 vol.% inert 
and 15 vol.% of each reactant and product is introduced. The flux of 
each component entering and leaving the column is calculated. In the 
case of a product and reactant containing similar molar weights, the ra-
tio of the gain in the mass of the product to the loss of the mass of the 
reactant should match the reaction stoichiometry. This factor was eval-
uated with different reaction stoichiometric ratios and the error was 
always below 0.03%.

4. Results and discussion

4.1. Case description

In order to demonstrate the capability of the newly developed CFD-
DEM-MGM model, a fluidized bed reactor of catalyst particles is mod-
eled. An arbitrary equilibrium reaction is chosen to occur inside the 
catalyst particles, represented by expression (40) and rate equation 
(41). Table 2 shows the most important settings of the simulation. The 
particle size increases over time resulting in altered bed hydrodynamics. 
Secondly, the balance between the mass transfer limitations and evolv-
7

ing catalytic reaction is gradually changing. Fig. 9 shows snapshots of 
Chemical Engineering Science 284 (2024) 119473

Table 2

Simulation settings and properties of the analyzed test case.

Name Value Unit

Reactor dimensions (width×depth×height) 0.1 × 0.1 × 1 m
Field grid size 20 × 20 × 160 -
Flow time step size 1 × 10−4 s
Particle time step size 2 × 10−5 s
Inlet gas velocity 3.5 m∕s
Inlet gas temperature 850 K
Inlet gas composition 80 − 15 − 5 vol.%(A−B− inert)
Initial reactor temperature 800 K
Initial reactor composition 5 − 10 − 85 vol.%(A−B− inert)
Number of particles 25000 -
Particles initial diameter 4 mm
Number of grain layers in particles 20 -
Particle density 1309 kg/m3

Geldart classification type D -
Normal restitution coefficient p-p / p-w 0.96 / 0.86 -
Tangential restitution coefficient p-p / p-w 0.33 / 0.33 -
Friction coefficient p-p / p-w 0.15 / 0.15 -

Fig. 9. Illustration of the particles in the center of the reactor (0.02 m depth) 
colored according to the radius after 3.5 s (left) and 8 s (right).

the catalyst particles in the center of the reactor (0.05 𝑚 depth) colored 
according to the radius after 3.5 s (left) and 8 s (right). In the next 
sections the evolution of these parameters is evaluated in more detail.

2A(g)⇌ 2B(g) + C(s) Δ𝐻(298𝐾) = +74.5𝑘𝐽∕𝑚𝑜𝑙 (40)

−𝑟𝐴 = 𝑘

(
𝑃𝐶𝐻4

2 −
𝑃𝐻2

2

𝐾𝑝

)
(41)

4.2. Particle size growth

As the reaction evolves over time inside the catalyst particles with 
accompanying solid product formation, the catalyst particle size in-
creases over time. As a result the bed height increases. Fig. 10-left shows 

that particles grow as the reaction occurs. During the initial phase, there 
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Fig. 10. Left: the average size of all particles in the reactor over time. Right: normal
The tiny double peak on the red graph is due to classifying particles into size classes
is no product layer around the grains and therefore no mass and heat 
transfer resistance prevails in the grains; therefore, the radius increases 
at a higher rate compared to a later stage in this process.

Although the particles near the bottom of the reactor are experienc-
ing a higher reaction rate due to the higher reactant concentration and 
lower product concentration, Fig. 10-right shows that initially, particles 
grow at a uniform rate due to the intense bed mixing under the influ-
ence of vigorous fluidization and therefore the particle size distribution 
is very narrow. However, as it is mentioned in section 4.3 mixing of 
particles is reduced over time and, therefore a wider particle size distri-
bution is obtained in the later stages. As it is visible in the snapshots of 
Fig. 9 there is a gradient of size along the height of the reactor.

4.3. Fluidization regime

Since the larger particles are heavier and require a higher gas ve-
locity in order to remain fluidized, the excess velocity decreases with 
the associated impact on fluidization characteristics over time. Fig. 11
shows the porosity at the central plane of the bed at different times. 
The void volume within a macro particle is not considered in calculat-
ing reactor porosity. It is obvious that initially bubbles and slugs are 
formed, however after 6.5 s the bed is completely defluidized whereas 
the height of the bed has expanded considerably.

Fig. 12 shows the average ratio of the drag force imposed on the 
particles to the minimum required drag force for the fluidization of the 
bed (which is the buoyant weight of the particles). Initially, particles de-
scend and accumulate at the bottom of the reactor, causing a reduction 
in bed porosity. This reduction in porosity induces a high gas velocity, 
resulting in significant drag force on the particles. Consequently, the 
particles are propelled upward within the bed, leading to the formation 
of slugs. The expansion of the bed height caused by slug formation sub-
sequently diminishes the bed porosity, thereby reducing the drag force 
exerted on the particles. As a consequence, the particles descend once 
again toward the bottom of the bed, initiating a recurring cycle of parti-
cle movement. The reduction in the fluctuations shows that the intensity 
of bubble formation is reduced until eventually the bed is defluidized. 
Furthermore, the frequency of the fluctuations is also reduced, confirm-
ing the hydrodynamic regime change.

Fig. 13 depicts the solids motion at three different times. Initially 
particles experience significant vertical movements. Over time the solid 
mobility is reduced. Eventually the bed is defluidized and the only 
movement is due to particle growth and consequently the bed height 
8

expansion.
ized particle size distribution after 3.5 and 8 seconds of the start of the reaction. 
 when plotting.

Fig. 11. Snapshots of the porosity at the central sheet of the bed over time.

Fig. 12. Average ratio of the drag force on the particles to the minimum re-

quired drag force for fluidization of particles.
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Fig. 13. Instantaneous solids velocity at different times. Please note the scale differences. Over time the solid mobility and mixing are reduced.

Fig. 14. Average bubble size along the bed height between 1 s< 𝑡 <3 s (left) and 6 s< 𝑡 <8 s (right). Dash lines show the cut-off height for bubble detection, and 
represent the approximate bed height.
Fig. 14-left demonstrates the initial formation of bubbles at the bot-

tom of the reactor, which rapidly transition into slugs as they ascend. 
Nevertheless, as the slugs reach higher heights within the reactor, the 
particles situated above them descend and disrupt the slugs, causing 
them to break into smaller bubbles once again (Fig. 11).

In the later stages of the process, the minimum gas velocity re-

quired for fluidization increases. Consequently, the excess gas velocity 
decreases, resulting in the formation of smaller bubbles (Fig. 14-right), 
compared to the initial stages. This change in bubble size distribu-

tion is attributed to the elevated minimum fluidization velocity, which 
affects the overall fluidization behavior and the resulting bubble dy-
9

namics.
4.4. External and intra-particle mass transfer limitations

If the reaction rate is assumed to be pseudo-first-order as equation 
(42), then the impact and importance of the fluidization regime and 
particle size on the performance of the process can be evaluated by the 
second Damköhler number (𝐷𝑎𝐼𝐼 ). This number represents the ratio of 
the chemical reaction rate, to the external mass transfer rate, as given 
by equation (43) (Bird et al., 2001). Where 𝑘𝑚 is the mass transfer 
coefficient calculated from equation (22), while the indices 𝑠 and 𝑏𝑢𝑙𝑘
refer to surface and local concentrations and temperature.

𝑚𝑜𝑙 1 𝑚𝑜𝑙
−𝑟′
𝐴
[
𝑚3 . 𝑠

] = 𝑘̂1 [
𝑠
]𝐶𝐴[

𝑚3 ] (42)
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Fig. 15. The average 𝐷𝑎𝐼𝐼 of the particles gradually decreases over time due 
to particle growth and a lower density of active sites in larger particles. The 
fluctuations follow the hydrodynamics of the bed.

𝐷𝑎𝐼𝐼 =
𝑅𝑝 𝑘̂1𝐶𝐴,𝑠

3𝑘𝑚 𝐶𝐴,𝑏𝑢𝑙𝑘

(43)

To linearize the actual reaction kinetics (as shown in Equation (41)) 
to first order, a unit conversion is necessary, which is described by 
Equation (44). Consequently, the rate constant of the pseudo-first-order 
reaction rate is determined by Equation (45).

−𝑟𝐴[
𝑚𝑜𝑙𝐴

𝑔𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡𝑠
] × 103[

𝑔𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡

𝑘𝑔𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡

] ×
𝑚0
𝑉𝑝

[
𝑘𝑔𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡

𝑚3 ] = −𝑟′
𝐴
[
𝑚𝑜𝑙𝐴

𝑚3 𝑠
] (44)

𝑘̂1 =
−𝑟𝐴 × 𝑚0

𝑉𝑝
× 103

𝐶𝐴

(45)

Fig. 15 illustrates the gradual decrease of 𝐷𝑎𝐼𝐼 over time, attributed to 
the reduction in 𝑘̂1 resulting from the declining density of active sites 
per unit volume of the particle, which is inversely proportional to the 
third power of 𝑅𝑝. The magnitude of 𝐷𝑎𝐼𝐼 suggests that the influence 
of external mass transfer limitations on the reaction rate and reactor 
performance can be considered negligible throughout the entire pro-
cess duration. By comparing Figs. 12 and 15, it is evident that the 𝐷𝑎𝐼𝐼
closely follows the hydrodynamic behavior and exhibits the same oscil-
lation frequency due to the dependency of the mass transfer coefficient 
on the relative velocity between the particles and the gas phase.

On the other hand, the increase of particle size and the formation of 
solid products can alter the diffusional limitations of the process. The 
assessment of this effect can be accomplished by analyzing the Thiele 
modulus (𝜙2), which represents the ratio of the chemical reaction rate 
to the pore diffusion rate. For the assumed pseudo-first-order reaction 
rate (equation (42)), the calculation of 𝜙2 is performed using Equation 
(46) (Bird et al., 2001; Delparish et al., 2023).

𝜙2 =𝑅2
𝑝

𝑘̂1

𝐷eff
(46)

Fig. 16 demonstrates the decreasing trend of 𝜙2 over time, primarily 
due to the diminishing value of 𝑘̂1, which exhibits an inverse relation-
ship with the third power of 𝑅𝑝. Despite the external mass transfer 
limitation, 𝜙2 emphasizes that diffusional effect cannot be disregarded 
10

and its significance may vary throughout the course of the process.
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Fig. 16. The average 𝜙2 of the particles decreases over time. The graph high-
lights that pore diffusion limitations are comparatively as significant as the 
reaction kinetics for the given pseudo-first-order reaction rate.

5. Conclusions

A CFD-DEM-MGM model for growing catalyst particles inside a re-
actor has been developed to study particle growth’s impact on the bed 
hydrodynamics and heat and mass transfer rates. The CFD-DEM-MGM 
was verified in different aspects such as two-way heat and mass transfer 
by comparing results with trusted analytical solutions. In order to assess 
the capabilities of the model and evaluate its effectiveness in replicating 
the dynamic behavior of the reactor system, a simulation was conducted 
on a fluidized bed reactor consisting of catalyst particles exhibiting an 
arbitrary reaction.

Initially, the particle size increased uniformly inside the reactor due 
to good solid mixing. However, the increase of the particle size led to 
changing fluidizing behavior and a reduced solids mixing rate. Eventu-
ally, complete defluidization of the fluidized bed reactor was observed. 
As a result, a particle size gradient was noted along the height of the 
reactor.

The presented results indicate that the model is capable of coupling 
the effects of hydrodynamics in a fluidized bed with reacting and grow-
ing particles, incorporating the time-dependent effects of mass and heat 
transfer. For example, for the chosen arbitrary reaction, it incorporates 
that the effect of internal mass transfer limitations is slowly becom-
ing important as the particles grow according to the MGM part of the 
model.

The CFD-DEM-MGM model and the findings of this work can be used 
for processes such as polymerization or thermocatalytic decomposition 
of methane where there is a net transfer to or from the catalyst particle 
due to a gas-solid reaction and where both the external and internal 
particle properties play an important role in the process performance. 
This model can be used to gain knowledge to support efficient reactor 
selection and design and provides a learning model for larger process 
design.
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